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Abstract

A novel approach to modeling mass transfer in rotary kilns or rotating cylinders is explored. The movement of gas in the interparticle
voids in the bed of the kiln is considered, where particles move concentrically with the geometry of the kiln and gas is entrained by these
particles. The approach considers a di,erential section along the length of a rotary kiln where the gas concentration in the freeboard is
assumed to be uniform in that section. A reactor modelling approach has been used to derive e,ectiveness factors for the bed as a function
of bed 9ll, reaction kinetics and rotation speed. In many cases, the entrained gas becomes depleted within the bed, leading to a simpli9ed
model for the bed e,ectiveness factor. Experimental data con9rms the validity of this model for slower rates. At faster rates, mass transfer
can be much higher than the model predicts, indicating that other mechanisms, such as dispersion or di,usion are also important in these
conditions.
? 2002 Elsevier Science Ltd. All rights reserved.
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1. Introduction

Rotary kilns are used industrially in many applications
such as drying, incineration, mixing, pre-heating, humidi9-
cation, calcining, reducing, sintering and gas–solid reactions
(Barr, Brimacombe, & Watkinson, 1989; Jauhari, Gray &
Masliya, 1998).
For many rotary kilns, heat transfer is the limiting factor,

both in the heating section of the rotary kiln, and in the
reaction zone (Barr et al., 1989, Tscheng and Watkinson,
1979). Consequently, most focus in the literature has been
directed at understanding the heat transfer processes in rotary
kilns. It is important though to understand all of the processes
that occur in rotary kilns on a fundamental level before rotary
kilns can be designed and operated optimally.
With physical processes like drying and humidi9cation

for example, mass transfer is also important, as well as in
gas–solid reacting systems with high speci9c reaction rates
such as incineration. In this work, we will examine the mass
transfer in rolling rotary kilns and propose a novel approach

∗ Corresponding author. Tel.: +27-12-420-2199;
fax: +27-12-660-1518.

E-mail address: mike@heydenrych.info (M. D. Heydenrych).

to describe the phenomena that determine the rate of mass
transfer.

2. Modelling studies

The 9rst published experimental studies on rotary kilns
recorded the relationship of rotation speed and kiln incli-
nation on bed depth and solids residence time (Sullivan,
Maier, Ralston, 1927). A model was later developed based
on the assumption that particles in a rolling bed move in a
circular motion with the rotation of the kiln, and then fall
down the surface of the bed in a thin layer (Saeman, 1951).
The time taken to fall down the surface was assumed to be
small compared to the time for a particle to move with the
kiln from the bottom half to the top half of the bed. Using
the geometry of an inclined rotary kiln, the angle of incli-
nation necessary to maintain a constant bed height over the
length of the rotary kiln could be determined for a given
rotation speed. This basic model predicted the original data
(Sullivan et al., 1927) well, and the model was further re-
9ned to predict axial movement of particles with di,erent
bed 9lls, taking into account the time for particles to fall
down the surface of the bed (Kramers & Crookewit, 1952).
In later work that speci9cally measured the movement of

0009-2509/02/$ - see front matter ? 2002 Elsevier Science Ltd. All rights reserved.
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Fig. 1. An example of a bed behaviour diagram (Heinen et al., 1983a).

particles at the surface of the kiln, the validity of the model
of Kramers and Crookewit (1952), with minor exceptions,
was con9rmed (Lebas, Hanrot, Ablitzer, & Houzelot, 1995).
More recently, the same fundamental model of the path of
particles was shown to be correct in a study of particle mo-
tion where there is no net axial How of particles in a rotating
drum (Spurling, Davidson, & Scott, 2000).
The conditions that determine the mode in which a ro-

tary kiln operates—slipping, slumping, rolling, cascading,
cataracting, centrifuging—have been extensively examined,
and can be represented using a bed behaviour diagram
(Heinen, Brimacombe, & Watkinson, 1983b). An example
of a bed behaviour diagram is shown in Fig. 1. In this pa-
per, we will focus on kilns operating in the preferred mode
for most circumstances—rolling.
The time for a colored particle to move down the surface

of the bed was measured with video photography (Lebas
et al., 1995), and this typically takes 15–30% of a full cycle.
However, this ratio does not change with rotation speed, and
the velocity of the particles moving down the surface of the
bed was interpreted to be directly proportional to rotation
speed (Lebas et al., 1995).

Fig. 2. The various zones within a rotary kiln.

The layer of particles moving down the face of the bed
leads to improved mass transfer, therefore the surface layer
is often referred to as the “active layer” (see Figs. 2–5).
Heinen et al. (1983a) measured particle velocities inside
this layer as well as the thickness of it, and found that it is
relatively thin for beds with a depth that is much larger than
the diameter of the particles. In most cases, the active layer
is typically less than eight particle diameters deep, except
for deep beds with small particles, where the depth of the
active layer is less than 12% of the bed depth, falling to as
low as 4% for slowly rotating kilns (Heinen et al., 1983a).

3. Model development

For most of the volume of the bed of a rotary kiln (the
passive layer), particles move concentrically with the wall of
the bed, with no slippage between particles. As the particles
approach the bed surface due to the kiln rotation, they slip
down the face of the bed, and come to rest near the bottom

Fig. 3. Overall displacement of particles at the surface of a kiln (irrespective of the path). Note that the bed surface will normally be inclined, but for
convenience has been drawn horizontally.
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Fig. 4. For a half-9lled kiln, the residence time at any radius is equal,
yielding concentration pro9les shown here for a 9rst-order reaction with
k=! = 1. The lines are calculated using CA=CA0 = e−(k=!)�.

of the surface of the bed. We will attempt to quantify the
volumetric How rate and reaction rate of the gas that is
trapped in the interparticle voids in the passive layer.

3.1. Gas volumetric 2ow rate

The volume of entrained gas can be determined for a
single rotation of the kiln (for convenience, the bed has been
represented horizontally):
The di,erential area within ABC can be approximated by

1
2 base × perpendicular height. The perpendicular height dx
can be found as follows:

dx = (sin �)R d�= (c=R)R d�= c d�; (1)

dAx = 1
2c dx =

1
2c
2 d�: (2)

The area useful for the entrainment of gas is proportional to
the void fraction of gas in the bed

dAxg =

2
(R2 − h2) d�: (3)

Integrating this expression over 1 rad, and converting to
angular velocity, the volume How rate of gas is

Q = 1
2 !L(R

2 − h2): (4)

Fig. 5. De9nition of angles for determination of iso-residence time lines.

This gives the volume How rate of entrained gas through
the bed of a rotary kiln. By estimating the concentration of
the gas as it leaves the bed, the overall reaction rate can be
determined.
To understand how the active layer inHuences the move-

ment of gas, consider a line extending from the radial
centre of the kiln, passing perpendicularly through the bed
surface to the deepest part of the bed. All entrained gas
will pass this line. If the active layer is in9nitely thin, the
How rate Q can easily be shown to be as in Eq. (4). A
mass balance of the particles also means that the particles
will move in9nitely fast over the surface of the bed with
the assumption of an in9nitely thin active layer. In prac-
tice, the particles will move down at a 9nite velocity, with
a 9nite active layer thickness. However, for the purposes
of this paper, the admittedly unrealistic assumption of an
in9nitely thin layer, not a,ecting the entrainment of gas
perpendicular to the bed surface, will be taken through to its
conclusion.

3.2. Nature of concentration pro3les within the bed

The movement of the gas in the voids is assumed to be
a circular arc, following the geometry of the kiln, until the
gas reaches the surface of the bed again (Saeman, 1951).
For a half-3lled kiln, the retention time of such gas will be
the same, regardless of the radius of the arc. Furthermore,
this retention time for the half-full kiln will be the time it
takes for half of a revolution: � = �=!. If we assume that
the gas following this path will move in plug How, we can
expect a concentration pro9le 9tting an exponential decay.
Therefore, we can expect the concentration pro9le within
the bed of a rotary kiln to be as in Fig. 4.
Di,usion and dispersion will no doubt play a role in the

kiln, especially in the centre of the kiln, where several con-
centrations converge. In this part, the e,ect of the active
layer will be important, and dispersion e,ects will predom-
inate. The inclusion of dispersion will require a more com-
plex model, not discussed here.
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Fig. 6. Concentration pro9les for k=! = 1 at CA=CA0 intervals of 0.1.

For bed 9lls of less than 50%, the residence time at each
radius will be di,erent, and the expected concentration pro-
9les can be calculated:

�(�; r) =
�− �0
!

=
�− sin−1(h=r)

!
: (5)

Further simplifying and converting to rectangular coordi-
nates shows that constant residence times form straight lines:

y = x tan(!�) +
h

cos(!�)
: (6)

This applies to any reaction kinetics, and di,erent reaction
kinetics will simply determine the spacing of the lines. As
an example, let us consider a 9rst-order reaction,

− PA = kCA; (7)

where PA is the reaction rate of A per unit of bed volume
and k is the reaction rate constant with respect to the gas
phase, with units of s−1. Because CA necessarily refers to
moles per m3 of gas, we multiply by the bed voidage to get
PA in terms of total bed volume. Then

k�=−ln
(

CA

CA0

)
: (8)

Substitute � into Eq. (6) for 9rst-order iso-concentration
lines, shown in Fig. 6.
In this paper, a model is developed for reaction rates based

on the volume of the bed. The rate constant k is de9ned
as a reaction rate constant for a reaction occurring on the
surface of the particles, assuming that there are no mass
transfer limitations occurring. In the experimental section
of this paper, there are two other situations that determine
the e,ective rate, and these are both mass transfer limiting
situations:

• where mass transfer from the interparticle voids to the
surface of the particles is limiting, and

• where mass transfer within the intraparticle voids is lim-
iting (using a shrinking core model).

In each of these situations, the mass transfer coeOcient has
been rewritten in a form that replaces the reaction rate con-
stant k (Eqs. (20) and (24), respectively). The reaction rate
model being developed here is thus used as a generalised
form of expressing the rate at which reaction or mass trans-
fer (e.g. drying) takes place.

Fig. 7. De9nition of variables used in Eqs. (9)–(12).

3.3. E7ectiveness factors

For convenience, such concentration pro9les through the
bed can rather be expressed by an e,ectiveness factor. This
factor is de9ned as the ratio of the actual rate of the reaction
over the bed to the rate that would be obtained if the whole
bed were exposed to gas at the highest gas concentration—
the concentration above the bed.
In the general case of kilns with a given 9ll, actual rate

is the average rate over the entire cross-sectional area (see
Fig. 7).∫
V
PA(r; �; z) dVbed

=

[∫ �2

�1

∫ R

r1
kCA0e−(k=!)(�− sin−1(h=r))r dr d�

]
dz;

(9)

�1 = sin
−1(h=R); �2 = �− sin−1(h=R);

r1 = h=sin �: (10)

From the de9nition of the e,ectiveness factor and realising
that the cross-sectional area of the bed equals 12R

2(�2−�1−
sin(�2 − �1)),

�=

∫
PA(r; �; z) dVbed
 kCA0Vbed

; (11)

�=
2

R2(�2 − �1 − sin(�2 − �1))

×
∫ �2

�1

∫ R

r1
e(k=!)(�−sin

−1(h=r))r dr d�: (12)

This function is represented graphically in Figs. 8 for di,er-
ent bed 9llings as a function of the k=! ratio. It is interesting
to note that the size of the rotary kiln is irrelevant using this
model. The only variables in this model are the bed 9ll and
k=!. Later in the paper, we will discuss the role of other pa-
rameters that are dependent on the scale of the rotary kiln.
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Fig. 8. E,ectiveness factors increase as bed 9ll decreases, and are inde-
pendent of bed radius R. Fill fractions shown are 0.5 (solid line), 0.37,
0.25, 0.14, 0.052, 0.019, 0.007 and 0.0017 (thin line).

As expected, for a given k=!, the e,ectiveness increases
for shallower beds.
For the special case of a half-9lled cylinder, h= 0:

�=
2

�R2

∫ �

0

∫ R

0
re−(k=!)� dr d� (13)

=
!
k�
(1− e−k�=!): (14)

This is also easily derived from 9rst principles. By taking
a mole balance for a given volume of bed, where CA is the
concentration of gas leaving the bed,∫

V
−PA dVbed = Q(CA0 − CA): (15)

Substituting for PA from Eq. (7) and for Q from Eq. (4)
gives the same result as Eq. (14).

4. Total depletion model

The double integral of Eq. (13) is cumbersome to work
with; a simpli9ed approach for estimating � would be more
useful. For high k=! values such a simple approach is quite
possible.
For high k=!, the gas leaving the system at the surface of

the bed can be assumed to be fully depleted (or saturated,
in the case of drying). In this case, we assume complete
reaction and use Eq. (4) to estimate the volume How rate of
entrained gas.
Choosing 95% conversion as the criterion, CA=CA0=0:05,

and this gives the approximation of the DamkPohler number
k�=3. For a half-9lled kiln, all paths through the kiln have
the same residence time, and �=�=!. For lesser 9ll fractions,
we will choose 12 of the maximum angle. With this basis, a
criterion for using the simpli9ed model can be derived:

k
!

¿
3

cos−1(h=R)
: (16)

Using an e,ectiveness factor and assuming total conversion
gives

�=
!
2kAx

(R2 − h2): (17)

Noting that the term (R2 − h2)=Ax is dimensionless, an ef-
fectiveness factor can again be calculated as a function of
k=! and h=R, this time using Eq. (17). In Table 1, the ef-
fectiveness factors obtained using Eqs. (12) and (17) are
compared at the criterion given by Eq. (16).

5. Model validation

5.1. Literature data

Jauhari et al. (1998) measured mass transfer in a rotating
drum by measuring the evaporation rate of decane from
impregnated alumina particles. Most of the measurements
were done using shallow beds with baQes (Hights) 9tted to
the rotary kiln. This gives rise to a geometry that is not well
described by the model in this paper. However, one set of
data was reported for a shallow rolling bed (4.3% 9ll), and
only this set of data will be used here.
Mass transfer rates were measured for various kiln con-

ditions, assuming an ideally mixed gas phase. The results
were expressed in the form of a volumetric mass transfer
coeOcient ksA=Vbed, de9ned as

QCdecane;out =
ksA
Vbed

(Cdecane;sat − Cdecane;out)Vbed : (18)

We can make use of the ksA=Vbed data by comparing those
with the equivalent data predicted by our model:

QCdecane;out =
∫

Pdecane dVbed

= �k(Cdecane;sat − Cdecane;out)Vbed : (19)

As mass transfer from the surface of the alumina particles is
the rate determining step (as long as the pores are suOciently
9lled), the 9rst-order reaction rate constant (with respect to
the gas phase), follows from

k =
kgsa

=
6kgs(1− )

dp
(20)

with kgs being the mass transfer coeOcient at the surface of
the alumina particles. We should thus compare the ksA=Vbed
data of Jauhari et al., with the 6�kgs(1− )=dp data that we
can produce with our model using Eq. (12) or (17). Before
doing so, we must 9nd an appropriate value for kgs. For that
purpose, we use the 9ndings of SHrensen and Stewart (1974)
who studied mass transfer in packed beds. For a stagnant
Huid they derived:

kgs =
ShD
dp

with Sh= 3:8: (21)
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Table 1
The error caused by using the simpli9ed model at the criterion values is less than 6% in all relevant cases

h=R Fill fraction k=! � �, Total depletion Error (%)
(Eq. (12)) model (Eq. (17))

0 0.5 1.91 0.164 0.1667 1.65
0.2 0.374 2.19 0.1849 0.1867 0.97
0.4 0.252 2.59 0.2006 0.2047 2.09
0.6 0.142 3.24 0.214 0.2211 3.33
0.8 0.052 4.66 0.2259 0.2361 4.56
0.9 0.0187 6.65 0.2313 0.2432 5.16
0.95 0.00666 9.45 0.2338 0.2466 5.45
0.98 0.00169 14.97 0.2354 0.2487 5.63

Table 2
Conditions used in our model

Total volume 20:3 l
Bed volume 0:875 l
h=R 0.824
R 0:145 m
h 0:1195 m
Cross-sectional bed area (Ax) 0:00284 m2

Particle diameter (dp) 3× 10−3 m
Binary di,usion coeOcient of 6× 10−6 m2 s−1
decane in nitrogen at 20◦C (Dab)
Interparticle voidage () 0.45 (assumed)
Sherwood number (Sh) 3.8
Gas–solid mass transfer coe,. (kgs) 7:6× 10−3 m s−1
k (6kgs(1− )=dp=)18:6 s−1

As the gas entrained into the bed of a kiln is regarded to
have no slip velocity with regard to the particles in the bed,
and the bed porosity is comparable to that of a packed bed,
Eq. (21) is assumed to be appropriate.
If we now apply the precise conditions at which Jauhari

et al., have produced their ksA=Vbed data, we are able to
calculate the corresponding 6�kgs(1 − )=dp data with our
model. These conditions are summarised in Table 2.
Table 3 compares our results with the data measured by

Jauhari et al. (1998). In all cases, k=! is much higher than
the value of the criterion given by Eq. (16) (i.e. k=!¿ 5),
meaning that saturation is easily reached within the bed,
and that the mass transfer contribution by the convective
model is practically insensitive to the calculated rate constant
k. The value of �k can therefore be calculated with little
error using Eq. (17). Fig. 9 shows the comparison of the
experimental data of Jauhari et al. (1998), given by ksA=Vbed
with our own model, given by �k.
The fact that the mass transfer rates measured by Jauhari

et al. (1998) are so much higher than the model given by
Eq. (17) can only be ascribed to a great deal of evapora-
tion taking place at the surface of the bed. In the active
layer, with wet particles, there is bound to be a signi9-
cant amount of evaporation taking place directly into the
freeboard gas, and this evaporation will also depend on
the velocity of the freeboard gas axially along the kiln.

For suitable conditions to test the passive layer model,
the rate of evaporation should preferably not be inHu-
enced by the freeboard gas velocity. This happens when
the rate of evaporation is determined by the di,usion of
vapour through the outer layers of a porous particle, and
it was with this in mind that the following experiments
were designed.

5.2. Measured data

In order to test our model at conditions where kinetics are
much slower, we performed similar experiments to Jauhari
et al., but using larger particles, allowing the evaporation
to continue until the particles were dry. In this way, mass
transfer within the pores of the particles became the rate
limiting process in the 9nal drying stage.
The rotating drum used has a diameter of 0.15m and a

length of just 0:041 m (Fig. 10). It is made of steel with
a polycarbonate observation window. It was only operated
in the rolling mode at two speeds: 0:052 and 0:266 rad=s.
Air was introduced through a rotameter and blown through
a 1 mm jet directly away from the bed towards the circular
wall of the rotating drum, in order to ensure good mixing
of the gas above the bed and to prevent any bypassing of
gas to the central exit. Like Jauhari et al. (1998), hydro-
carbon concentration was measured continuously using a
sensor. The sensor was calibrated so that the sensor reading
could be transformed to a linear hydrocarbon concentra-
tion reading. Because the hydrocarbon concentration and
air How rate were known at all times during a run, it was
possible to calculate what fraction of hydrocarbon liquid
had evaporated at any time. The fraction of liquid remain-
ing in the particle (liquid loading, z) has been used as
a parameter to characterise the particle at a given set of
conditions.
The experimental technique to measure mass transfer rates

di,ers from that used by Jauhari et al., because the sensor
was placed within the rotating drum, near the gas exit. This
allowed us to directly measure the build-up of concentra-
tion within the freeboard gas after the gas How had been
stopped.
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Table 3
Comparison of measured data and model predictions

Rotation Angular Measured data k=! �k
speed N (rpm) velocity ! ksA=Vbed (Eq. (17))
(rpm) (s−1) (s−1) (s−1)

0.29 0.031 0.121 612 0.0164
0.59 0.062 0.198 301 0.0329
1.23 0.128 0.411 144 0.0685
1.67 0.175 0.502 106 0.0933
1.97 0.206 0.604 90 0.1101

Fig. 9. Mass transfer data measured by Jauhari et al., is signi9cantly
higher than that predicted by our model: (—) �k from Eq. (17), (o)
ksA=Vbed for 0.043 9ll (Jauhari et al.).

Fig. 10. Flow diagram of experimental apparatus.

For the experiments reported here, we used spherical
tab-alumina particles of average diameter 16±1 mm soaked
in 1-pentanol. The 44 pellets that were used gave an aver-
age 9ll fraction of 0.27. The particles were wiped dry before
being loaded in the rotating drum. During the experiment,
air Howed through the rotating drum. At suitable intervals,

the gas How was stopped, and the rate of increase of hydro-
carbon concentration was measured until it came close to
saturation. Good mixing of the gas within the freeboard was
assumed, due to the continuous rotation of the walls and the
movement of the particles at the top of the bed. The rate at
which the gas in the freeboard was saturated characterised
the rate of mass transfer of the hydrocarbon from the pellets
to the freeboard. The characteristic rate of the system (�k,
see Eq. (19)) was therefore calculated from the exponential
rise in the hydrocarbon concentration in the freeboard as a
function of time

�k(Csat − C)Vbed = Vf
dC
dt

; (22)

which can be integrated to give

− ln
(

Csat − C
Csat − C0

)
=

Vbed
Vf

�k · t: (23)

Csat could be accurately estimated by visually noting how
the end points of the graph of −ln((Csat − C)=(Csat − C0))
vs. t 9tted the straight line formed by the other points. An
example of such a graph is given in Fig. 11.
For every experiment when the air How was stopped to

measure the rate of saturation of the freeboard gas, Csat was
recalculated. Several such measurements were performed
during a run (with liquid loading of the particles decreas-
ing continuously), using both fast and slow rotation speeds.
The saturation concentrations inferred with this technique
did not vary substantially during the run, as can sometimes
happen with small pores, or when desorption within the par-
ticles becomes rate limiting. The saturation concentrations
determined in this way varied by less than 1% throughout a
run.
We used a similar technique to model the characteristic

rate of the system (�k) as with Jauhari’s data, except that
we now added a shrinking core model to the resistance term.
The term z is liquid loading, and part is the intraparticle
porosity:

k =
6(1− )


D
d2p

/[
1
Sh
+
1

2part

(
1
z1=3

− 1
)]

: (24)
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Fig. 11. Mass transfer from bed to freeboard was calculated from the rate at which concentrations increased in the freeboard after gas How was stopped.
(Here, liquid loading was 0.57 and ! = 0:266 s−1.)

Table 4
Parameters used for the modelling of our data

Parameter Value

Binary di,usion coeOcient, 8:25× 10−6 m2s−1
pentanol–air (D)

Kiln radius 0:075 m
Fill fraction 0.27
Bed porosity () 0.636
Particle porosity (part) 0.15
Particle diameter (dp) 0:016 m
Sherwood number (Sh) 3.8

The e,ective dispersion coeOcient within the particle was
estimated as 2partD, and the value of part (0.15) was in-
ferred from the experimental data taken at the slowest
drying rates. The parameters used in the model are given in
Table 4.
The total depletion model was not applicable at these ex-

perimental conditions, so � was estimated using Eq. (12),
and k was estimated from Eq. (24). This enabled us to plot
our model �k values with those that we obtained by ex-
periment at the two rotation speeds that the equipment was
capable of maintaining (Fig. 12).
The predicted mass transfer rates follow the trend of the

experimental data quite well. By using the model prediction
of k at the various liquid loadings (Eq. (24)), and using the
data �k shown in Fig. 12, it is possible to calculate the
e,ectiveness factor � and k=! at each of the experimental
data points. These points (Fig. 13) follow the expected trend
quite well, but show some scatter. The experimental data
for 0:6¡k=!¡ 2 were measured with wet pellets, and the
values measured for 0:02¡k=!¡ 0:1 using externally dry
pellets are slightly higher than expected, possibly due to
uneven drying on the surface of the pellets.

Fig. 12. Characteristic rate is well predicted by the model for both fast
rotation (−×−) (0:266 s−1); and slow rotation: (- - -♦ - - -) (0:052 s−1).

Fig. 13. E,ectiveness factors follow the predicted trend as a function of
k=!. (—) Eq. (12): (×) ! = 0:266 s−1, (♦) ! = 0:052 s−1.
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6. Conclusion

A novel model to predict mass transfer inside a rolling
rotary kiln was presented. This model only considers con-
vection inside the voids between the particles inside the bed,
which are assumed to be 9lled with entrapped gas from the
freeboard.
The model was found to underestimate mass transfer

rates for fast reacting systems (k=!¿ 2), especially for the
data measured by Jauhari et al. (1998), showing that other
mechanisms like dispersion and/or surface phenomena are
also important for such systems. Active layer models are to
be preferred in these cases. However, for slower reactions
(k=!¡ 2) the presented model appears to perform much
better. It then provides a useful alternative to active layer
models, which are clearly inappropriate if the whole bed
contributes to mass transfer. For more general applicability,
it would be useful to include di,usion/dispersion e,ects,
which will be done in a future paper.

Notation

a pellet outer surface area per bed volume, m−1

A bed surface area, m2

Ax radial cross-sectional area of the bed, m−2

Axg radial cross-sectional area of the bed attributable
to voidage, (Ax), m−2

C Concentration of the evaporating species in the
freeboard, mol m−3

C0 Concentration of the evaporating species in the
freeboard at the start of an experiment, when air
How through the freeboard is stopped, mol m−3

CA Concentration of species A within the bed,
mol m−3

CA0 Concentration of species A within the freeboard,
mol m−3

Csat Concentration of evaporating species at satura-
tion, mol m−3

CA0 Concentration of species A within the freeboard,
mol m−3

D binary di,usion coeOcient, m2 s−1

dp particle diameter, m
h perpendicular distance from radial centre of the

kiln to the bed surface, m
k reaction rate constant, s−1

kgs mass transfer coeOcient on the surface of parti-
cles, m s−1

ks mass transfer coeOcient of active layer, m s−1

L length of the rotary kiln in axial direction, m
PA reaction rate of A, moles m−3(bed) s−1

Q volumetric gas How rate, m3 s−1

R radius of rotary kiln, m

Sh dimensionless Sherwood number, dimension-
less

r distance from centre of kiln to the surface of the
bed at angle � or �0, m

V volume, m3

Vbed volume of bed, m3

Vf volume of freeboard, m3

z liquid loading in particles: volume of liquid in
pores compared to the volume of liquid in pores
after being soaked in liquid and wiped dry

Greek letters

 bed voidage, m3(gas) m−3(bed)
part intraparticle porosity, m3(gas in pores)

m−3(pellet)
� e,ectiveness factor of reaction
� residence time of gas in the bed, s−1

� angle, rad
�0 starting angle de9ned in Fig. 5, rad
�1, �2 angles de9ned in Figs. 5 and 7, rad
! angular velocity, s−1
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