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Abstract

In this chapter a general overview of the synthesis of levulinic acid (LA) from 
lignocellulosic biomass will be provided. Subsequently, the use of LA as a re-
newable source for chemicals will be discussed and relevant synthesis methods 
will be provided. The major part involves a detailed overview on the catalytic 
hydrogenation of LA to y-valerolactone (GVL). Effects of catalysts, process con-
ditions and solvents on the conversion of LA and the yield of GVL will be report-
ed and discussed in detail.

1. Introduction

Our society is extremely dependent on finite fossil resources (petroleum, coal, 
natural gas) to meet the basic needs of energy, fuels, petro-chemicals and poly-
mers. The ever increasing demand for energy is driven by many factors, among 
others population and economic growth. This increasing energy demands in 
combination with the gradual depletion of fossil resources has led to a steady 
rise of crude oil prices and, together with concerns regarding green house gas 
emmissions, are the main drivers for the exploration of renewable resources for 
the sustainable production of electricity, heat, transportation fuels, chemicals 
and polymers. 

The global energy consumption was 12,150 million tons oil equivalent in 
2014 with only a 14% share of renewable energy sources (nuclear, hydro, wind, 
solar, biomass, bio-fuels) (Figure 1.1). 

The global demand for transportation fuels is high and it is actually the larg-
est energy consuming sector. These are currently for a large extent obtained 
from crude oil. The governments in several countries in the world mandated 
blending of biodiesel or bio-ethanol with petroleum derived fuels, though to 
limited extents. Besides, a large amount of carbon based chemicals are directly 
or indirectly produced from fossil resources  [2]. Biomass is the only abundant 
and concentrated source of non-fossil carbon that is available on earth. Re-
cent studies project that the market share of bio-based chemicals in the global 
chemical industry will increase to 22% in 2025, and the market potential for 
bio-based chemicals is estimated to be $19.7 billion in 2016 [3]. The conversion 
of biomass to bio-based chemicals and biofuels has been the focus of intense 
research and development activities in the past decade [2], with the major objec-
tives to develop effective and environmentally benign technologies, as well as to 
stimulate the agricultural sector by for instance promoting the use of agricultur-
al and forestry residues as input [5,7,9,10].

2. Platform chemicals: Levulinic acid

More than 10 years ago, researchers from the National Renewable Energy Lab-
oratory (NREL) and Pacific Northwest National Laboratory (PNNL) published 
an extensive study on valuable sugar-based building blocks from lignocellulos-
ic biomass [11]. As a result of this research, a list of twelve interesting building 
blocks and derivatives thereof was published. One of the promising building 
blocks is levulinic acid (LA), accessible from lignocellulosic biomass using acid 



1312 2. Platform chemicals: Levulinic acid 3. Synthesis of levulinic acidCHAPTER 1 CHAPTER 1 

catalysts. A simplified reaction scheme for the conversion of lignocellulosic bio-
mass to LA is shown in  Figure 1.2. 

 LA was mentioned for the first time in 1840 by the Dutch Professor G.J. 
Mulder as a product of heating up fructose with hydrochloric acid  [12].  The 
former term “levulose” for fructose gave the levulinic acid its name. LA, also 
known as 4-oxopentanoic (4-oxovaleric) acid, is a keto-acid. The presence of 
both a ketone and carboxylic acid group results in high reactivity and interesting 
modification options. The use of LA as a resin, plasticizer, textile additive, an-
imal feed, coating material and as antifreeze were already recognized long ago 
and reported in a number of studies [13],[14]. Recently, its potential application 
range has been extended and LA has been proposed as a solvent, food flavoring 
agent and as a starting material for the preparation of a variety of chemicals and 
pharmaceutical intermediates. LA is also mentioned as an ingredient for syn-
thetic resins and hydraulic brake fluids and as a monomer for the manufacture 
of polyesters and nylons.

Figure 1.1 Global energy consumption in 2014 [1].

Figure 1.2 Simplified reaction scheme for the conversion of lignocellulosic biomass to LA.

3. Synthesis of levulinic acid

LA was synthesized using sucrose as a feedstock already in 1840 [12]. (Figure 1.3). 
Here, the sucrose was heated in the presence of a mineral acid (HCl) at elevated 
temperatures to give LA and formic acid (FA) as the products in a one-to-one 
molar ratio. 

Figure 1.3 Synthesis of LA from sucrose [12].

The catalyzed hydrolysis of C6-sugars to LA involves two consecutive steps: 
dehydration of the sugar to the intermediate 5-hydroxymethylfurfural (5-HMF) 
followed by its rehydration to LA [15] (Figure 1.2). 5-HMF is also a valuable plat-
form chemical with numerous (potential) industrial applications, especially in 
the polymer industry  [15],[16], and other valuable chemicals  [17], fine chemi-
cals [18],[19] and transportation fuels [4],[15],[20].

In the period 1940-1990, various attempts have been made to scale up LA pro-
duction, but these efforts did not result in the commercial production of LA in 
significant volumes. The main reasons were i) the formation of large amounts of 
side products and intractable materials (e.g. solid byproducts known as humins), 
ii) the feeds are relatively expensive, and iii) the lack of efficient technology 
for separation and purification [21]-[25]. In course of time, a novel process was 
developed by the Biofine Corporation, which eliminates many of the problems 
associated with large-scale LA production. In the Biofine process, byproduct 
formation is minimized and main separation issues are solved by using a novel, 
two reactor configuration [26],[27].

However, there is still a major incentive to develop new catalytic technology 
to increase the LA yield in the reaction. Various carbohydrates such as glucose, 
sucrose, fructose and galactose and biometric materials such as wood, starch, 
cane sugar and agricultural wastes have been used to prepare LA. Many types 
of catalysts have been explored and include homogeneous and heterogeneous 
catalysts. In the following paragraphs, the synthesis of LA using various classes 
of catalysts will be provided and discussed. 
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Table 1.1 Overview of LA synthesis using homogeneous catalysts.

Feedstock Catalyst T, °C Reaction time LA yield, mol. % Ref

HCl as a catalyst

Glucose

r.t.a 24 h 15 [45]

162 1 h 24 [46]

98 3 h 35 [28]

141 1 h 45 [29]

Fructose
162 1 h 25 [46]

98 1 h 75 [28]

Sucrose

162 1 h 29 [46]

125 16 h 43 [32]

98 1 h 100 [28]

Cellulose

98 400 min 0 [28]

180 35 min 60 [30]

160 4 h 51 [31]

Cane sugar 100 24 h 15 [47]

Corn starch
162 1 h 26 [46]

200 0.5 h 35 [21]

Wood 98 400 min 0 [28]

H2SO4 as a catalyst

Glucose

160-
240

n.a.
35.4 [33]

98 12 h 38 [28]

140 2 h 60 [38]

141 1 h 45 [29]

180 15 min 65 [39]

Fructose 140 10 min 70 [40]

Sucrose 125 16 h 30 [32]

Cellulose
150 100 min 60 [41]

150 25 min 39.7 [48]

Sugar cane bagasse
25-195 2 h 17.5 [34]

150 8 h 63 [42]

Starch 200 1 h 47 [35]

Kernel grain sorghum 200 40 min 32.6 [36]

Wheat straw 290 38 min 19.9 [37]

Various other catalysts

Glucose

H3PO4 98 6 h 5 [28]

TFAb 180 1 h 57 [49]

Ionic Liquid [SMIm][FeCl4] 150 4 h 68 [43]

Fructose TFA 180 1 h 70 [49]

Sucrose HBr 125 16 h 50 [32]

Cellulose Ionic Liquid [BSMIm][HSO4] 120 2 h 39.4 [44]

a – room temperature; b – trifluoroacetic acid; n.a. – information is not available

3.1. LA synthesis using homogeneous catalysts

In the early days of LA synthesis, mostly homogeneous catalysts were used (Ta-
ble 1.1). Various carbohydrates such as glucose, fructose, sucrose and more com-
plex biomass sources such as wood, cane sugar and starch have been used in LA 
production. The most popular and easily available feedstocks for LA production 
are monomeric sugars (glucose, fructose). An overview for the various classes of 
homogeneous catalysts is given below. Recent results from the patent literature are 
not included, these will be discussed in a separate paragraph (commercial status).

3.1.1. Overview of studies with HCl

When using HCl as the catalyst, a maximum LA yield of 75 mol.% was obtained 
from fructose as a starting material (98°C, 1 h)  [28]. Significantly lower LA 
yields were reported when glucose was used as the feedstock. The best results 
(45 mol.% LA) was reached after 1 h [29]. A number of di- and polysaccharides 
were examined as well. The best LA yield of 50 mol.% was achieved from su-
crose using HCl as the catalyst at 98°C after 1 h [28]. Conversion of cellulose to 
LA was also investigated in the presence of HCl [30],[31]. At 160°C, 51 mol.% of LA 
was obtained after 4 h [31]. Higher temperatures (180°C) led to higher LA yields 
(60 mol.%, 35 min of the reaction) [30]. HCl was also examined as a catalyst for 
the conversion of complex biomass sources to LA. The best result in terms of LA 
yield (35 mol.%) was achieved by Moyer (200°C, 0.5 h) using corn starch as the 
raw material [21]. 

3.1.2. Overview of studies with sulfuric acid

Most of the recent studies involving homogeneous catalysts for LA synthesis 
were performed using H

2
SO

4
 as the catalyst. The catalytic activity was tested 

for monomeric sugars [28],[29],[32],[33] as well as more complex biomass sourc-
es [34]-[37]. For instance, McKibbins obtained 35.4 mol.% of LA from glucose at 
 160-240°C using H

2
SO

4
 [33]. Girisuta et al. performed a kinetic study on the cata-

lytic conversion of glucose to LA at 140°C with H
2
SO

4
 as the catalyst and a maxi-

mum yield of LA of 60 mol.% was reported [38]. Highest reported LA yield from 
glucose (65 mol.%) was achieved at 180°C with a batch time of 15 min [39].  Recent 
kinetic studies on the H

2
SO

4
-catalyzed reaction of D-fructose to LA in water at 

140-180°C gave 74 mol.% LA as the best result [40]. The use of polysaccharides 
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(cellulose) yielded a maximum LA yield of 60 mol.% (150°C, 100 min) [41]. The 
use of sulfuric acid for complex biomass sources gave a large spread in LA yields. 
For example, for bagasse, about 17 mol.% LA yield was reported [34], compared 
to 47 mol.% LA for starch  [35] and 32.6 mol.% LA for whole kernel grain sor-
ghum  [36]. For wheat straw around 20 mol.% of LA was obtained (37 min at 
290°C) [37]. Recent studies on bagasse gave much better results than reported by 
Ramos-Rodriquez (17 mol.%) [34] and 63 mol.% of LA after 8 h at 150°C was ob-
tained, what is equal to the production of 194 kg of LA per 1 dry tonne of sugar 
cane bagasse [42].  

3.1.3. Overview of studies using ionic liquids 

Very recently, an interesting class of homogeneous catalysts, viz. functionalized 
ionic liquids (FILs), for LA synthesis was introduced. For example, 1-sulfonicacid- 
3-methylimidazolium-tetrachloroferrate ([SMIm][FeCl

4
]) was tested for LA syn-

thesis from glucose (150°C, 4 h) with very good LA yield (68 mol.%) [43]. A sim-
ple and effective route for the synthesis of LA from cellulose with 1-(4-sulfonic 
acid) butyl-3-methylimidazolium hydrogen sulphate ([BSMim]HSO

4
) has been 

reported [44] and resulted in 39.4 mol.% of LA (2 h at 120°C).

3.1.4. Overview of biphasic systems

One of the main challenges for the production of LA when using homogeneous 
catalysts is separation of the product from the aqueous phase containing the 
catalyst [50]. Extraction of LA after reaction from the aqueous solution by using 
organic solvents is one of the possible solutions. It is also possible to perform the 
reaction using two immiscible solvents, for example water and an organic sol-
vent. For instance, the conversion of cellulose to LA in a biphasic system (water- 
γ-valerolactone) was examined using aqueous HCl saturated with 35 wt.% NaCl 
(1:1 aqueous to organic ratio)  [51]. The highest LA yield was 72% when using 
1.25 wt.%M HCl (155°C, 1.5 h). 

The synthesis of LA from rice straw using H
2
SO

4
 was examined in a bi-

phasic system with acetone and water at 180°C  [52]. The highest LA yield was 
10.2 wt.% (on straw) after 5 h. Bamboo fibers have also been used as a source for 
LA. A H

2
O/THF biphasic system was investigated using sulfamic acid as the cata-

lyst [53]. The highest LA yield (11 mol.%) was obtained using microwave heating 
(500 wt.%W) with a H

2
O/THF phase ratio of 3 to 1. 

Next to the use of lignocellulosic biomass for LA synthesis in biphasic sys-
tems, also furfurylalcohol has been explored as a starting material. Up to 
72 mol.% of LA was obtained using a biphasic system consisting of an aqueous 
H

2
SO

4
 solution and 2-sec-butylphenol (SBP) at 125°C [54]. Approximately 67% of 

LA was retained in the SBP layer when the phase ratio of the organic and aque-
ous layer was 1. To improve the separation step, alkylphenolic solvents with 
higher boiling points than LA were investigated (4-n-hexyl-phenol and 4-pro-
pyl-guaiacol). The use of both solvents resulted in good LA yields (ca. 70 mol.%) 
and ca. 60% of LA resides in the organic phase. 

3.2. LA synthesis using heterogeneous catalysts

Despite an impressive number of studies dedicated to LA synthesis using homo-
geneous catalysts, these catalysts have a number of drawbacks, such as catalyst 
separation and recovery, thermal stability, etc. As such, major efforts have been 
undertaken to develop active heterogeneous catalysts for the synthesis of LA. 
An overview of studies with heterogeneous catalysts is presented in Table 1.2. 
In the following paragraphs, the results will be discussed based on various cate-
gories of catalyst, viz. acidic organic resins, zeolites, mesoporous materials, in-
organic oxides and miscellaneous catalysts. 

3.2.1. Overview of studies with acidic organic resins 

Various types of resins have been used in LA synthesis. The conversion of 
glucose to LA in the presence of an ion-exchange resin (Amberlyst A70) gave 
56 mol.% of LA at 180°C [57]. A novel solid acid catalyst, based on chloromethyl 
polystyrene resin (CP-SO

3
H), resulted in 44.2 mol.% of LA from glucose (170°C, 

10 h) [56]. Conversion of fructose to LA using Amberlite IR-120 gave 23.5 mol.% 
LA after 27 h at room temperature [55]. The best results in terms of LA yield for 
sucrose was achieved with CP-SO

3
H resin at 170°C, giving 48.5 mol.% LA af-

ter 10 h [56]. The effect of solvent polarity on the acid-catalyzed conversion of 
C6-sugar oligomers (maltose and β-cyclodextrins) to LA was investigated in the 
presence of Amberlyst 70 [57]. Three solvents with distinct polarity were tested: 
water, tetrahydrofuran (THF) and toluene. In terms of LA yield, the best result 
(56 mol.%) was achieved in water when glucose was using as the starting ma-
terial (2 h, 180°C). Two resins (Amberlyst A70 and CP-SO

3
H) were examined for 

the conversion of cellulose to LA [31],[59],[56] using a two step approach: 
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Table 1.2 Overview of LA synthesis using heterogeneous catalysts.

Feedstock Catalyst T, °C Reaction time LA yield, mol. % Ref

Resins as a catalyst

Glucose

Amberlite IR-120 r.t.a 124 h 5.8 [55]

CP-SO3H-1.69b 170 10 h 44.2 [56]

Amberlyst A70 180 2 h 56 [57]

Fructose Amberlite IR-120 r.t.a 27 h 23.5 [55]

Sucrose

Amberlite IR-120 r.t.a 41 h 15.6 [55]

Dowex MSC-1H

100 24 h

24

[58]
Amberlyst 15 23

Amberlyst XN-1010 15.5

Amberlyst XN-1005 9

CP-SO3H-1.69b 170 10 h 48.5 [56]

Cellobiose CP-SO3H-1.69b 170 5 h 36.9 [56]

Maltose Amberlyst A70 180 2 h 50 [57]

β-cyclodextrins Amberlyst A70 180 2 h 50 [57]

Cellulose

Amberlyst A70 160 4 h 33 [31]

Amberlyst A70 160 16 h 69 [59]

CP-SO3H-1.69b 170 10 h 65.5 [56]

Zeolites as a catalyst

Glucose

HY-zeolite 150 n.a. 9 [60]

MFI-zeolite (Si/Al = 30) 180 8 h 35.8 [61]

Dealuminated BEA-zeolite 180 3h 5.7 [62]

Cellulose

BEA-zeolite

240 25 min

11.6

[48]ZSM-5-zeolite 13.5

HY-zeolite 10.1

ZSM-5-zeolite 180 3 h 13 [63]

Empty fruit bunch HY-zeolite+CrCl3 145 n.a. 15.5 [64]

Kenaf HY-zeolite+CrCl3 145 n.a. 15 [64]

Mesoporous materials as a catalyst

Glucose
MCM-20

150 n.a. 5 [60]
MCM-41

Inorganic oxides as a catalyst

Cellulose

γ-Al2O3

240 25 min

15.5

[48]TiO2 5.5

ZrO2 51.9

Phosphated ZrO2 160 4 h 12 [31]

γ-Al2O3

180 3 h

28

[63]ZrO2 54

Phosphated ZrO2 35

Inorganic hydroxides as a catalyst

Glucose A1-pillared montmorillonite 150 n.a. 9 [60]

Cellulose Hydrotalcite 240 25 min 0 [48]

Feedstock Catalyst T, °C Reaction time LA yield, mol. % Ref

Various other catalysts

Glucose

Sulphonated graphene
(GO-SO3H)

200 2 h 78 [65]

AlNbOPO4 180 24 h 45 [66]

Lysine functional heterepolyacid 
nanospheres

130 0.5 h 52.6 [67]

Cellobiose
Lysine functional heterepolyacid 
nanospheres

130 0.5 h 50.4 [67]

Sucrose
Lysine functional heterepolyacid 
nanospheres

130 0.5 h 57.7 [67]

Cellulose

Sulphonated hyperbranched 
poly(arylene oxindole)

170 3 h 29.5 [68]

Nafion 180 3 h 16 [63]

AlNbOPO4 180 24 h 52.9 [66]

Lysine functional heterepolyacid 
nanospheres

130 0.5 h 8.2 [67]

a – room temperature; b – chloromethyl polystyrene resin; n.a. – information is not available

a non-catalytic hydrothermal decomposition of cellulose at moderate tempera-
tures (190-270°C) to produce organic water-soluble compounds (glucose, 5-HMF 
etc.) followed by a second step in which these water-soluble compounds are fur-
ther reacted with a solid acid catalyst at relatively low temperatures (160-170°C) 
to produce LA and FA. Highest LA yield (69 mol.%) was achieved with Amberlyst 
A70 as the catalyst (160°C, 16 h) [59]. 

3.2.2. Overview of studies with zeolites 

A considerable amount of zeolites have been examined for LA synthesis from 
various C6 sugar sources. The best result for the conversion of glucose to LA 
was achieved with a MFI-type zeolite with a Si/Al ratio of 30, and LA yield of 
35.8 mol.% was obtained at 180°C after 8 h [61]. The influence of zeolite acidity 
on glucose conversion was determined and it was found that glucose conver-
sion increased with higher catalyst acidity. Dealuminated ammonium-type Beta- 
zeolites with a Si/Al ratio of 15 have also been tested  [62]. The best results for 
LA were obtained when the zeolite was calcined at 500°C and a (non-optimized) 
LA yield of 5.7 mol.% was obtained at 57% glucose conversion (180°C for 3 h) in 
a water-DMSO-THF solvent mixture. 
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The use of cellulose with various types of zeolites gave a maximum LA yield 
of 13.5 mol.% at 240°C with a ZSM-5 zeolite  [48]. Catalytic activity of a bifunc-
tional catalyst (HY-zeolite + CrCl

3
) was investigated for LA synthesis from empty 

fruit bunches and kenaf  [64]. Similar LA yields were obtained from both feed-
stocks, around 15 mol.% at 145°C. 

3.2.3. Overview of studies with mesoporous materials

A comprehensive study of the catalytic activity of a number of porous materials 
was performed by Lourvanij [60]. In this research, partial degradation of glucose 
to organic acids was aimed for and porous catalysts (MCM-20 and MCM-41) 
were tested. Unfortunately, both catalysts gave LA yields of only 5 mol.%, to-
gether with a large amount of formic acid (58 mol.%). Theoretically, formic acid 
and LA are produced in equimolar amounts from the cleavage and rehydration 
of 5-HMF. According to authors, the low yield of LA relative to formic acid in the 
presence of MCM catalysts is the result of acid-catalyzed degradation reactions 
of LA to solid coke or unknown water-soluble products. 

3.2.4. Overview of studies with inorganic oxides

A wide variety of metal oxides and modifications thereof were examined for LA 
synthesis. γ-Al

2
O

3
, TiO

2
 and ZrO

2
 were tested for cellulose [48]. The highest mass 

conversion (81%) and LA yield (42 mol.%) was achieved with ZrO
2
 as the cat-

alyst (240°C, 25 min). Modified ZrO
2
 catalysts were also evaluated at 180°C [63]. 

The highest LA yield was obtained with a commercial ZrO
2
 from Sigma-Aldrich 

(54 mol.% of LA), whereas the modification of this ZrO
2
 with phosphoric acid 

resulted in a decrease of LA yield to 35 mol.% at similar reaction conditions [63].

3.2.5. Overview of studies with inorganic hydroxides

Two types of mineral hydroxides were examined as a catalyst for LA synthe-
sis. The catalytic activity of A1-pillared montmorillonite was investigated for 
glucose at 150°C [60], giving only 3 mol.% of LA. A layered hydroxide (hydrotal-
cite) was tested for cellulose [48]. Unfortunately, even at relatively high reaction 
temperatures (240°C, 25 min), the use of this catalyst did not result in the for-
mation of LA.

3.2.6. Miscellaneous studies with heterogeneous catalysts

A heterogeneous graphene oxide (GO)-based catalyst with sulfonic acid (SO
3
H) 

groups (GO–SO
3
H) was used for the conversion of glucose to LA  [65]. The 

 GO–SO
3
H catalysts gave high yields of around 78 mol.% of LA with good possi-

bilities for reuse.
Very recent an interesting bifunctional acid-base catalyst (Lysine functional 

heterepolyacid nanospheres) was examined for sucrose and cellobiose conver-
sion to LA [67]. At best conditions (130°C, 30 min), a LA yield of 57.7 mol.% was 
obtained for sucrose at 93.2% conversion. 

The direct catalytic conversion of cellulose to LA using a Al-doped mes-
oporous niobium phosphate (AlNbOPO

4
) in aqueous solution resulted in 

52.9 mol.% of LA at 180°C after 24 h [66]. The high yield of LA was attributed to 
the strong acid strength and an optimum Brönsted/Lewis acid molar ratio (1.2:1) 
of this catalyst. 

3.2.7. Overview of biphasic systems in combination with 
heterogeneous catalysts

Significant progress has been made in recent years with respect to the use of 
heterogeneous catalysts for converting biomass-derived compounds to LA, see 
previous paragraphs for details. When using complex lignocellulosic biomass 
as the feed in combination with heterogeneous catalysts, two steps are import-
ant: i) depolymerisation of the solid biomass into smaller molecules, soluble in 
various solvents (e.g., water, ionic liquids), followed by ii) conversion of these 
smaller sugars on the heterogeneous catalyst to LA. In situ-extraction of the de-
polymersation products in an organic phase and subsequent conversion to LA 
by a heterogeneous catalyst in the organic phase may have a positive effect on 
product yield. An example of LA production in a biphasic system involves xy-
lose dehydration to furfural, furfural hydrogenation to furfurylalcohol and its 
subsequent conversion to LA. All steps have been combined in a single bipha-
sic reactor where the hydrophobic hydrogenation catalyst (Ru/C) is located in 
the organic phase and Amberlyst-15 in the aqueous phase [69]. The presence of 
an organic phase during the xylose dehydration step over Amberlyst-15 leads to 
a suppression of the rate of xylose hydrogenation into xylitol (Figure 1.4). High-
est LA yield (10.3 mol.%) was achieved in cyclohexane/water (1:1 v/v ratio) at 
165°C. 
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Figure 1.4 Solvent effect on xylose dehydration combined with furfural hydrogenation [69]. 

COL: cyclopentanol, CON: cyclopentanone, FA: furfuryl alcohol, THFA:  tetrahydrofurfuryl 

alcohol, GVL: γ-valerolactone, LA: levulinic acid, PD: pentanediols (1,4-pentanediol and 

1,2-pentanediol).

3.3. Metal salts catalysts

A wide range of metal salts have been tested as catalysts for the synthesis of LA 
from various C6 sugars feeds, see Table 1.3 for details. The role of the metal salt 
is not always clear and both Lewis and Brönsted acidity have been mentioned to 
explain the results. In addition, anion effects also seem to play a role. 

3.3.1. Overview of studies using metal salt catalysts

A screening study using 4 metal chlorides for glucose conversion to LA at 180°C 
showed that the LA yield decreased in the order AlCl

3
 > CrCl

3
 > FeCl

3
 > CuCl

2
 [71]. 

A mechanism was proposed involving initial glucose to fructose isomerization 
followed by the conversion of fructose to HMF and subsequently to LA. Based 
on the experimental results, it was concluded that AlCl

3
 is the best catalyst for 

the isomerization of glucose to fructose. Rasrendra et al. also showed that AlCl
3
 

catalyzes the conversion of glucose to LA, though with low yields (10 mol.% LA) 
(6 h, 140°C) [70]. 

Table 1.3 Overview of the use of metal salt catalysts for LA synthesis.

Feedstock Catalyst T, °C Reaction time LA yield, mol. % Ref

Metal salts as a catalyst

Glucose

AlCl3

140 6 h

10

[70]
Al2(SO4)3 5

CrCl2 8

CrSO4 7

CuCl2

180 2 h

23

[71]
FeCl3 25

AlCl3 70

CrCl3 58

Cellulose

LaCl3 250 150 s 2.3 [72]

LiCl

180 2 h

0

[71]

NaCl 0

KCl 0

MgCl2 0

CaCl2 0

AlCl3 23

MnCl2 2

C°Cl2 3

ZnCl2 4

CuCl2 7

FeCl3 8

CrCl3 35

ZrSO4 180 3h 22 [63]

Corn stalk FeCl3 230 10 min 48.73 [73]

Bifunctional catalysts

Glucose CrCl3+HCl 140 350 min 46 [74]

Corncob residue

AlCl3

180 2h

18

[75]
AlCl3+NaCl 42

AlCl3+KCl 40

AlCl3+LiCl 41

Non-catalytic reaction

Glucose - 220 1.5 h 2 [76]

Screening experiments with 12 metal chlorides demonstrated than alkali 
and alkaline earth metal chlorides are not very effective for the conversion of 
cellulose to LA [71]. By contrast, several transition metal chlorides (CrCl

3
, FeCl

3
 

and CuCl
3
) and the group IIIA metal chloride (AlCl

3
) showed significant better 

performance (up to 35 mol.% of LA). The yield of LA decreased in the order  
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CrCl
3
 > AlCl

3
 > FeCl

3
 > CuCl

2
. Iron chloride was also used for LA synthesis from 

corn stalk (230°C) and a LA yield of 48.7 mol.% was reported for a reaction time 
of 10 min [73].

3.3.2. Overview of studies using metal chlorides in combination with 
other catalysts

Combinations of metal chlorides with Brönsted acids and other salts have been 
applied to improve LA yields. For example, glucose conversion to LA was exam-
ined using a Lewis acid catalyst (CrCl

3
) together with a Brönsted acid catalyst 

(HCl) in water [74]. A LA yield of 46 mol.% was reported (140°C). The combina-
tion of AlCl

3
 catalyst with different promoters (NaCl, KCl and LiCl) was inves-

tigated in for corncob residue to LA [75]. The highest LA yield was 46.8 mol.% 
when NaCl (40 wt.%) was added to the reaction mixture (180°C). 

3.4. Commercial status

Based on the literature overview presented in Table 1.1-1.3 and illustrated in Fig-
ure 1.5, we can conclude that C6 sugars have been used mainly as the source for 
LA synthesis. This is not the preferred feedstock for commercial LA production. 
It is by far more expensive than lignocellulosic biomass and it is in competition 
with food products, fueling the food versus fuel debate. 

Other important issues to be addressed during scale up of LA production pro-
cesses include i) the far from quantitative yields of LA, ii) the formation of solid 
byproducts (humins) leading to  operational issues like fouling and plugging, iii) 
the inherent formation of FA as the byproduct, and iv) efficient separation trains 
including catalyst recycle options. 

A number of companies have been involved in the commercialization of LA 
production. One of the earliest examples is the company Biofine. In a patent 
from 1990, a continuous process for the production of furfural and LA from 
lignocellulosic biomass with acid catalysts (HCl, HBr, H

2
PO

4
, H

2
SO

4
) is de-

scribed [77]. The process includes acid degradation of lignocellulose in a tubular 
reactor, followed by conversion of the resulting mixture to LA in a stirred tank 
reactor (Figure 1.6). 

The first step of the process is performed in a tubular reactor for a very short 
reaction time. The feed consists of 5-25 wt.% of lignocellulosic biomass in water 
and 2-7 wt.% of a mineral acid. These concentrations allowed for high reaction

 

Figure 1.5 Feeds used for LA synthesis (based on data in Table 1.1-1.3).

Figure 1.6 Schematic representation of the Biofine process. 1 – feed pump, 2 – tubular reac-

tor, 3 – back pressure valve, 4 – stirred tank reactor, equipped with a stirrer, 5 – furfural vapor 

stream, 6 – liquid stream with LA.

rates and reduce the costs associated with water recycle. The temperature in 
the tubular reactor is about 210-250°C, the residence time between 7-25 s. This 
time was found to be sufficient for the depolymerization of the lignocellulosic 
biomass without excessive degradation of the furfural produced from C5 sugars. 
The reaction mixture is transferred to a stirred tank reactor. The reaction condi-
tions (150-200°C, 1-30 min) are such that the hexose monomers are converted to 
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LA with 5-hydroxymethylfurfural (HMF) as the intermediate. In this reactor, the 
furfural is flashed and obtained as a separate stream. 

One of the best experiment was performed with hard wood and H
2
SO

4
 

(7.5 wt.%) at 213.8°C in the first and 185°C in the second reactor. The products 
yields were 55 mol.% of LA (based on hexose polymer content of the wood feed) 
and 83.5 mol.% of furfural (molar yield based on pentose  content of the wood).

Recently Segetis Inc. has published several patents which describe an im-
proved process for LA production at lower reaction temperatures and including 
an efficient way to separate LA from the mineral acid catalyst [78],[81]. This pro-
cess is estimated to reduce the LA production costs significantly. The use of high 
acid concentrations (e.g. 20-80 wt.%) and relatively low reaction temperatures 
(between 60-160°C) lead to improved yields of LA  [78]. The highest LA yield 
(93 mol.%) was obtained in a semi-batch mode at 90°C using fructose as the 
feed and sulfuric acid as the catalyst (40 wt.%). The fructose concentration in 
the reactor was maintained at a low level by adding the fructose over a course of 
2.5 h. Moreover, with this technology, the humin byproducts are well-dispersed 
in the reaction medium, which facilitates its separation. LA separation is per-
formed by extraction with an organic solvent (Figure 1.7). 

Figure 1.7 Process flow diagram for LA preparation and/or purification [79].

The isolation of LA (and formic acid) from the product stream of a LA pro-
cess was addressed in a number of patents from DSM [82],[83]. A combination of 
solvent extraction and nano-filtration was used to separate LA from the humins 
and colorants. The first step involves a solvent extraction using an organic sol-
vent. The LA and part of the soluble humins are transferred to the organic phase. 
The organic phase is then subjected to a nano-filtration step to remove some or 
all of the soluble humins. As a result, more than 80% of LA was recovered and 
full retention of the humins and dissolved tar was achieved.

In 2008, a start-up biochemical company GFBiochemicals (Milan, Italy) was 
established with the mission to bring LA to the market. At the BIO World Congress 
on Industrial Biotechnology in Montreal (July 2015), the company announced 
that LA production in their Caserta (Italy) plant will be 10,000 annual metric ton 
in 2017. This achievement will make GFBiochemicals the first company to pro-
duce LA at commercial scale directly from biomass. In 2016,  GFBiochemicals ac-
quired the assets and intellectual property of Segetis, a US-based LA derivatives 
producer. 

4. LA derivatives

Due to the presence of two reactive functional groups (ketone and  carboxylic 
acid) LA has been identified as a valuable bio-based multi-purpose building 
block [11]. LA-derived products have potential to be used in many product  sectors 
such as building blocks for polymers, additives, resins, herbicides and pharma-
ceuticals. In addition, applications as antifreeze, solvent, plasticizer, oxygenated 
fuel additive or biofuel have been mentioned  [2],[4],[5],[6],[84]. An overview of 
potentially interesting LA derivatives is presented in Figure 1.8.

Figure 1.8 Potentially interesting LA derivatives. 
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Diphenolic acid (4,4-bis-(4’-hydroxyphenyl)-pentanoic acid, DPA) is typi-
cally prepared by the condensation reaction of LA with two molecules of phe-
nol  [11],[84]. DPA is considered a promising substitute for bisphenol A, the pri-
mary starting material for epoxy resin and polycarbonates [85], which are widely 
used in paint formulations, protective and decorative coatings and finishes, 
lubricating oil additives, cosmetics, surfactants, plasticizers and textile chemi-
cals [86]. Besides, DPA contains multifunctional groups, which can be modified 
through chemical methods, potentially allowing for the synthesis of highly 
functionalized materials [84]. 

Delta-aminolevulinic acid (5-aminolavulinic acid, DALA) is a naturally occur-
ring substance present in all plant and animal cells [87]. It is an active ingredient in 
a range of environmentally benign, highly selective, broad-spectrum herbicides. 
DALA has also been used as an insecticide [88] and for cancer treatment [89].

Levulinate esters, produced using LA and the corresponding alcohol with acid 
catalysts, are certified additives for gasoline and diesel transportation fuels. The 
esters also can be obtained by an acid-catalysed reaction of α-angelicalactone 
(α-AL) with the respective alcohols [90],[91]. Some levulinate esters, such as 
methyl-, ethyl- and butyl levulinate, display similar properties as biodiesel fatty 
acid methyl esters (FAME)  [92]. Besides, levulinate esters have also been recog-
nized as important platform chemicals and have a wide range of applications [93]. 
α-Angelica lactone (α-AL) can be easily prepared by dehydration of LA acid in 

the presence of an acid catalysts at elevated temperatures [50],[94].  
2-Methyltetrahydrofuran (2-MTHF) can be obtained directly from LA by 

a multi-step hydrogenation sequence using bimetallic catalysts and hydro-
gen  [95]. Improved yields can be obtained when using γ-valerolactone (GVL) 
as an intermediate [84],[96]. 2-MTHF is proposed as a fuel extender, and can be 
blended up to 70% with gasoline without modification of current internal com-
bustion engines [4]. 
γ-valerolactone (GVL), is recently proposed as a sustainable platform chemi-

cal with a broad application range [7],[9],[10],[97]. GVL has potential to be used as 
a fuel additive [98] and an environmentally benign solvent [2],[10],[51],[98],[100]. 
More details are given in the following paragraph.

5. Platform chemicals: γ-Valerolactone

γ-Valerolactone (GVL) is considered as one of the most interesting levulinic acid 
derivatives. For instance, Horvath and co-workers proposed that GVL is an at-
tractive sustainable compound for the production of liquid transportation fuels 

and carbon-based products  [98]. GVL is renewable, easy and safe to store and 
transport, has a low melting point (-31°C), high boiling point (207°C) and open 
cup flash (96°C) point, and is miscible with water [97],[98],[100]. In comparison 
to other oxygenates like methanol, ethanol, MTBE, and ETBE, GVL has a signifi-
cantly lower vapor pressure [98]. All these properties make GVL an ideal sustain-
able liquid. However, GVL also can be converted to interesting derivatives using 
catalytic technologies (Figure 1.9). 

Figure 1.9 Potentially interesting derivatives of GVL. 

Most of the conversion technologies involve hydrogenation reactions, see Ta-
ble 1.4 for details. GVL can be hydrogenated to 1,4-pentanediol (PD) [101], which 
readily undergoes dehydration to form 2-MTHF [20],[65],[102],[103]. By reaction 
with formaldehyde, GVL can be converted into α-methylene-γ-valerolactone, 
a precursor for acrylic polymers [6],[10],[90],[96]. In water, GVL can be convert-
ed into isomeric mixtures of pentenoic acids by a sequence of a ringopening 

5. Platform chemicals: γ-Valerolactone
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Table 1.4 Overview of synthetic pathways to interesting GVL derivatives.

Catalyst Reaction conditions
GVL 
conversion, %

Product 
selectivity, %

Ref

1,4-pentanediol

Cu/Ba/Cr oxide 250°C, 200-300 bar H2 n.a. 78.5 [107]

Copper-chromium oxide 240-260°C n.a. 83 [108]

Cu/ZrO2 (30 wt.% Cu) Ethanol, 200-260°C, 2-6 h 200°C, 6 h: 97 99 [109]

Rh-MoOx/SiO2 (4 wt.% Rh) H2O, 80°C, 60 bar of H2 100 70 [110]

2-methyltetrahydrofuran

Cu/ZrO2 (30 wt.% Cu) Ethanol, 200-260°C, 2-6 h 260°C, 2 h - 80 13 [109]

α-methylene-γ-valerolactone

Ba/SiO2 H2O, 340°C, 15 min 60 > 95 [96]

Aromatic hydrocarbons

MCM-41

Catalytic pyrolysis, 500°C

100 1.74

[111]
Beta-zeolite 89.7 7.5

ZSM-5 100 28.5

H-ZSM-5-25 100 41.85

Ethyl valerate

Cu/SiO2-ZrO2 (8 wt.% Cu, 
4.7 wt.% ZrO2) Ethanol, 250°C, 20 h

69 59

[112]
Cu/SiO2-Al2O3 (8 wt.% Cu) 77 32

Cu/ZSM-5 (8 wt.% Cu) 54 14

Methyl pentenoate

pTSAa

Methanol, 200°C, 25 h
100

98 
(1.5-3.4 g/gcat h) [104]

H2SO4 n.a. 3.4 g/gcat h

Pentanoic acid and isomers

SiO2/Al2O3 Solvent-free, 623°C 53 47 [113]

Pt/H-ZSM-5/SiO2 (0.7 wt.% Pt) Solvent-free, 250°C, 2 h 67 85 [105]

Pd/Nb2O5 (0.1 wt.% Pd) H2O, 325°C, 35 bar H2 100 92 [106]

Ru/Nb2O5 (1 wt.% Ru)

1,4-dioxane, 200°C, 40 bar 
of H2, 4 h

LA – 72 0

[114]
Ru/TiO2 (1 wt.% Ru) LA – 100 0

Ru/H-Beta-12.5 (1 wt.% Ru) LA – 100 37.5

Ru/ZSM-5-11.5 (1 wt.% Ru) LA – 100 45.8

Pentyl pentanoate

Cu/SiO2-ZrO2 (8 wt.% Cu, 
4.7 wt.% ZrO2)

Pentanol, 250°C, 20 h 92 72 [112]

a – para-toluene sulfonic acid; n.a. – information is not available

followed by a dehydration reaction. The pentenoic acids are building blocks 
for caprolactone, caprolactam and adipic acid  [104]. Alkyl pentenoates may 
be obtained by a catalytic transesterification of GVL using alcohols instead of 
 water  [104]. Deep hydrogenation to pentanoic (valeric) acid esters is also possi-
ble. For instance, Lange et al. and Serrano-Ruiz et al. have synthesized valeric acid 

from LA using a hydrogenation to GVL followed by an acid-catalyzed ring-opening 
to pentenoic acid and a successive hydrogenation reaction [106]. Valeric acid has 
been successfully esterified with various alcohols [105],[106]. All esters may be used 
as oxygenated fuel additives for gasoline and/or diesel. Compared with levulinic 
acid esters, the valeric acid esters have a higher energy density due to a higher 
C/O ratio. Serrano-Ruiz and co-workers reported the synthesis of  5-nonanone by 
the conversion of GVL to valeric acid followed by ketonization [106]. 

6. Synthesis of GVL from LA

GVL is typically prepared from LA by a hydrogenation reaction. The reaction has 
been investigated since the 1930’s and a wide range of catalysts has been investi-
gated, both homogeneous and heterogeneous. Many hydrogen sources have been 
applied, examples are molecular H

2
, formic acid (FA) and alcohols. In this para-

graph, the synthesis of GVL from LA will be discussed in the following order i) 
hydrogenation of LA using molecular hydrogen with homogeneous and heteroge-
neous catalysts, ii) hydrogenation of LA using formic acid as the hydrogen donor 
and iii) hydrogenation of LA by catalytic transfer hydrogenations with alcohols. 

6.1. Hydrogenation of LA using molecular hydrogen

6.1.1. Homogeneous catalysts

An overview of homogeneous catalytic systems for the hydrogenation of LA 
to GVL is provided in Table 1.5. Mainly Ru based catalysts are applied, though 
recently the use of Ir was also reported. Typical reaction temperatures are be-
tween 60 and 180°C and hydrogen pressures between 0.8 and 50 bar. A variety 
of solvents has been explored, ranging from apolar (hexane) to polar (water), in-
cluding biphasic systems. Quantitative yields of GVL have been reported. 

6.1.1.1. Overview of studies with ruthenium phosphine complexes

Joo et al. were the first to use homogeneous ruthenium phosphine catalysts for 
LA hydrogenation to GVL [115]. Unfortunately, only catalytic activity was report-
ed and information about GVL yields is lacking. Later, a number of ruthenium 
phosphine complexes were studied in toluene by Japanese researchers [116]. The

5. Platform chemicals: γ-Valerolactone
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Table 1.5 Overview of homogeneous catalysts for GVL synthesis from LA using molecular H2.

Catalyst Solvent T, °C
P (H2), 
bar

Time, 
h

LA 
conversion, %

GVL yield,   
mol.%

Ref

Ruthenium phosphine complexes

HRu(OOCCH3)(Dppm)3

acetate 
buffer (0.1 M) 60 0.8 n.a.

n.a. n.a.
[115]

HRuCl(Dppm)3 0.1M HCl 13 n.a.

RuCl2(PPh3)3 toluene 180 11.8 24
n.a. 86

[116]
RuH2(PPh3)4 n.a. 40

Ru(acac)3+TPPTS H2O 140 69 12 > 99 95
[101]

Ru(acac)3+PBu3+NH4PF6 - 135 100 8 100 37

Ru(acac)3+PnOct3+NH4PF6

- 160 100 18

> 99 > 99

[102]

Ru(acac)3+Dppb+NH4PF6 > 99 89

Ru(acac)3+Triphos+NH4PF6 > 99 8

Ru(acac)3+Triphos+p-TsOH > 99 58

Ru(acac)3+Triphos+aIL > 99 5

Ru-(TPPTS) DCM/H2O 90 45 1 81 80 [117]

Alkyl-bis(m-sulfonated- 
phenyl)-((C6H4-m-

-SO3Na)2P-n-butyl-DPPDS
H2O 140 100 1.8 TON=6370 > 99.9 [118]

Ru(acac)3+TPPTS H2O 140 50 5
99 
TOF (h-1)=202

97 [119]

Ru(acac)3+Bu-DPPDS
- 140 100

1.8 TOF (h-1)=3538 > 99
[120]

Ru(acac)3+DPPB 1 TOF (h-1)=6370 > 99

Non-phosphine ruthenium-based catalysts

Ru(CO4)I2 H2O 150 100 8 n.a. 87 [121]

Ru(acac)3 H2O 140 50 5
100 
TOF (h-1)=569 

98 [119]

Ru(acac)3 H2O 130 25 12 100 99 [122]

Iridium-based catalysts

[Ir(COE)2Cl]2+KOH+pyridine- 
based pincer ligand

ethanol 100 50 15 > 99 96 [123]

n.a. – information is not available

highest GVL yield (86 mol.%) was achieved with RuCl
2
(PPh

3
)

3
 at 180°C after 24 h. 

Quantitative conversion of LA combined with 95 mol% GVL yield was achieved 
in water using water-soluble ruthenium catalyst prepared in situ from Ru(acac)

3
 

and triphenylphosphine-3,3′,3ʺ-trisulfonic acid trisodium salt (Na
3
TPPTS) [101]. 

In neat LA, 37 mol.% of GVL at quantitative LA conversion was obtained us-
ing Ru(acac)

3 
and tributylphosphine (PBu

3
) in combination with NH

4
PF

6
  [101]. 

Geilen studied the use of Ru(acac)
3 

in combination with mono-, bi-, and triden-
tate phosphine ligands, and ionic and/or acidic additives [102]. The most active 
catalyst was formed using the triphos ligand. Besides GVL, further hydrogena-
tion products such as PD, 2-MTHF and 1-pentanol were formed in significant 

amounts. Selectivity control was possible by tuning the acidity of the system. 
For example, when using a slightly acidic additive like NH

4
PF

6
, the selectivity to 

PD increased to 95%. On the other hand, the use of the stronger p-toluenesul-
fonic acid (p-TsOH) gave the cyclic ether 2-MTHF in 39 mol.% yield [102]. 

A significant role of the electronic and steric properties of the sulphonated 
phosphines in Ru catalyzed hydrogenation of LA was reported by Tukacs and 
co-workers [118]. It was clearly demonstrated that the catalytic activity may be 
considerably enhanced by the incorporation of one or two alkyl group(s) into 
the phosphorous ligands. 

6.1.1.2. Overview of studies with non-phosphine ruthenium–based 
catalysts

Not only phosphine ruthenium complexes have been tested for LA hydrogena-
tions. Braca et al. reported the use of ruthenium iodocarbonyl (Ru(CO

4
)I

2
) with 

HI or NaI as co-catalyst  [121]. The overall yield of GVL, starting form glucose, 
was 39.5 mol.%. The use of Ru(acac)

3
 in water without additional ligands was in-

vestigated as well [119],[122]. Full LA conversion with 98 mol.% of GVL yield was 
obtained after 5 h (TOF = 569 mol

GVL
/mol

Ru
 h) [119]. However, fast discoloring of 

the reaction solution and black particles in the reaction mixture were observed 
after 1 h, indicative for the formation of Ru (nano-)particles, which are likely the 
active components. (Ru

3
(CO)

12
) can also be used instead of Ru(acac)

3
  [122] and 

GVL was obtained in very high yield (99 mol.%) at quantitative LA conversion. 
Catalyst recycle studies in batch showed a drop in LA conversion from 99% to 
40% after 3 recycles and the catalyst became inactive in the following cycle, pre-
sumably due to metal nanoparticle agglomeration. 

6.1.1.3. Overview of studies with iridium–based catalysts

Recently, iridium was introduced as the active metal for the hydrogenation of 
LA [123]. A homogeneous catalyst was generated in situ from chlorobis(cyclooc-
tene)iridium(I) dimer ([Ir(COE)

2
Cl]

2
) and various pincer ligands in combination 

with KOH. Quantitative GVL yields were obtained, explained by the  non-innocent 
nature of the pincer ligands and their actual involvement in the reactions.
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6.1.1.4. Overview of biphasic systems

A biphasic homogeneous Ru-catalyst prepared in situ from RuCl
3
 and Na

3
TPPTS 

in a dichloromethane/water mixture was examined for LA hydrogenation [117]. 
The LA conversion was 82% after 1 h (TOF = 100 mol

GVL
/mol

Ru
 h). In this study 

the effect of temperature, substrate and catalyst concentration, hydrogen pres-
sure and pH of the aqueous phase was investigated as well [117]. 

6.1.2. Heterogeneous catalysts

Homogeneous catalysts, though very active, have some drawbacks such as the 
use of expensive ligands and issues related to reuse/recycle of the catalyst. The 
use of heterogeneous catalysts may circumvent some of these issues. In this 
paragraph, the use of heterogeneous catalysts for LA hydrogenation to GVL will 
be discussed in the following order: i) overview of batch studies with a distinc-
tion between non-noble metal and noble metal catalysts followed by ii) studies 
in continuous set-ups.

6.1.2.1. Overview of studies in batch set-ups 

6.1.2.1.1. Non-noble metal catalysts

Ni on different supports and promoted with various other metals have been 
used extensively for hydrogenation of LA to GVL. Besides Ni, the use of Cu and 
Fe-based catalysts has also been explored. Typical reaction temperatures are 
 between 70 and 200°C and hydrogen pressures between 5 and 70 bar. In most 
cases, water is used as the solvent, though alcohols (methanol, ethanol, propa-
nol) as well as neat LA have also been studied. Quantitative LA conversions and 
GVL yields have been reported in a number of studies.   

Overview of studies with nickel-based catalysts

Ni catalysts in various form have been used, examples are Raney Ni, Urushibara 
Ni, supported Ni and bimetallic Ni catalysts (Table 1.6).

Raney-type catalysts are widely used in both industry and academia  owing 
to their low cost and high activity [129]. 94 mol.% GVL yield was obtained when  

Table 1.6 Literature overview of studies for the hydrogenation of LA to GVL with nickel-based 

catalysts. 

Catalyst Add. Solvent T, °C
P (H2), 
bar

Time, 
h

LA 
conversion, %

GVL yield, 
mol.%

Ref

Raney Ni - - 100-150 48 3 n.a 94 [108]

Raney Ni
- Methanol (95%) 130 12 2.67

19 32
[124]

Urushibara Ni 46 8

Raney Ni - Methanol 120 20 2 99.5 94.4 [125]

Ni/HAPa

(5 wt.% Ni)
- H2O 70 5 4 18 65 [126]

Ni/C
(10 wt.% Ni)

- - 140 8 5

15 10

[127]

Ni/MoOx

(10 wt.% Ni)
7 1

Ni/CeO2

(10 wt.% Ni)
18 5

Ni/SiO2

(10 wt.% Ni)
8 8

Ni/Al2O3

(10 wt.% Ni)
18 11

Ni/MgO
(10 wt.% Ni)

12 0

Ni/TiO2

(10 wt.% Ni)
38 38

Ni/Al2O3

(15 wt.% Ni)
-

-

150 10 6

2 2

[128]

Methanol 100 3

Ethanol 75 9

2-Propanol 87 34

1-Butanol 100 19

1-Pentanol 100 19

- 200 50 4 92 92

a HAP: hydroxyapatite; n.a. – information is not available

using Raney Ni (neat LA, 100-150°C, 3 h)  [108]. When using methanol as the 
solvent, the GVL yield was only 32 mol.% (130°C, 12 bar H

2
)  [124]. Rong et al. 

studied  various types of Raney Ni catalysts obtained using different prepara-
tion methods [125]. For a commercial Raney Ni catalyst, the LA conversion was 
93.6% with 87.6 mol.% of GVL yield, while improved yields (94.4 mol.%) were 
obtained with Raney Ni prepared from melt-quenching Ni-Al alloys. 

Supported Ni catalysts have been studied extensively the last 5 years. The cat-
alytic performance of Ni/hydroxyapatite catalyst was examined at mild reaction 
conditions (70°C, 5 bar H

2
) and resulted in 18% of LA conversion after 4 h with 

65 mol.% selectivity to GVL [126]. An extended  study using seven Ni catalysts 
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on various supports (neat LA, 140°C, 5 h) was reported recently  [127]. Highest 
catalytic activity was demonstrated for Ni/TiO

2
 (10 wt.% Ni) with 38% LA con-

version and 38 mol.% GVL yield. Recently the synthesis of GVL over Ni/Al
2
O

3
 in 

various alcohols and water was investigated  [128]. Quantitative LA conversion 
was obtained using methanol, 1-butanol and 1-pentanol (150°C, 6 h). The GVL 
yields were relatively low in alcohols with the highest value of 34 mol.%, ob-
tained in 2-propanol, compared to 100% when using water. The low selectivity 
toward GVL in alcohols was explained by a competing esterification reaction of 
LA to the corresponding levulinic acid esters, which are less reactive than LA. To 
prevent the side reaction of LA with alcohols, the hydrogenation of LA to GVL 
was conducted in the absence of solvents and this resulted in 92% LA conver-
sion with 100% selectivity to GVL (200°C, 50 bar of H

2
, 4 h batchtime). 

Overview of studies with copper-based catalysts

A number of heterogeneous Cu complexes have been tested for LA hydrogena-
tion to GVL and the results are given in Table 1.7.

Table 1.7 Literature overview of studies for the hydrogenation of LA to GVL with copper-based 

catalysts.

Catalyst Add. Solvent T, °C P (H2), bar Time, h LA conversion, % GVL yield, mol.% Ref

Cu/ZrO2

-

H2O

200 34.5 5

100 100

[130]

Methanol 100 90

Cu/Al2O3

H2O 100 100

Methanol 100 86

Cu/Cr2O3

H2O 9 100

Methanol 72 45

Cu/BaO
H2O 12 100

Methanol 78 41

Raney Cu - Methanol 120 20 2 62.1 23.3 [125]

The efficiency of copper-based catalysts for the hydrogenation of LA to GVL 
in water and methanol was demonstrated for the first time in 2012 by Hengne 
and co-workers [130]. Copper on ZrO

2
 and Al

2
O

3
 supports showed quantitative 

LA conversion in both water and methanol, and quantitative GVL selectivity was 
obtained in all the cases. The excellent catalytic performance of the Cu/ZrO

2
 cat-

alyst was attributed to (i) strong surface acidity which catalyzes the intramolec-
ular esterification of the intermediate 4-hydroxypentanoic acid  (4-HPA) to GVL, 

ii) the microporous nature of Cu/ZrO
2
, (iii) dissociative hydrogen adsorbion on 

ZrO
2
 and  iv) a low leaching level of Cu.

The use of non-supported Raney Cu resulted in 62.1% LA conversion with 
only 23.3 mol.% GVL yield (methanol, 120°C)  [125]. The main by-product was 
pseudo-levulinic acid, an intermediate that may be further converted to GVL.

Miscellaneous studies with heterogeneous non-noble metal catalysts

Different Raney catalysts (Co and Fe) were tested for LA hydrogenation (meth-
anol, 120°C) (Table 1.8). Highest LA conversion (87%) and GVL yield (74 mol.%) 
were achieved with Raney Co. The possibility of leaching of active metal during 
the hydrogenation reaction encouraged Park and co-workers to develop a carbon- 
encapsulated Fe catalyst for GVL synthesis  [131]. The LA hydrogenation reac-
tion was performed at 170°C and 5 bar of H

2
 in water as a green solvent. The 

carbon-encapsulated Fe catalyst gave 99.6 mol.% of GVL yield at 99.5% of LA 
conversion within 3 h and reusability was demonstrated by recycling the cata-
lyst 5 times. 

Table 1.8 Literature overview of studies for the hydrogenation of LA to GVL with various 

non-noble metal catalysts.

Catalyst Add. Solvent T, °C P (H2), bar Time, h LA conversion, % GVL yield, mol.% Ref

Fe/C - H2O 170 5 3 98 99 [131]

Raney Co
- Methanol 120 20 2

87 74
[125]

Raney Fe 65.5 29.6

Overview of studies with bimetallic catalysts

One of the first non-noble bimetallic catalyst used for LA hydrogenation was 
copper-chromium oxide [108] (Table 1.9). Reduction of neat LA gave 11 mol.% of 
GVL and 44 mol.% of 1,4-pentanediol (190°C, 267 bar of H

2
). 

Copper-based bimetallic catalysts supported on Al
2
O

3
 were examined for 

LA hydrogenation in water and methanol at 200°C  [130]. Copper catalysts in 
combination with Cr

2
O

3
 and BaO gave a much higher LA conversion in metha-

nol  (89-92%) than in water (40-45%). The Cu-BaO/Al
2
O

3
 catalyst demonstrated 

highest LA conversion (92%) and GVL yield (79 mol.%) in methanol (5 h reaction  
time). Bimetallic Cu-Fe catalysts with different Cu-Fe ratios were investigated for 
the hydrogenation of LA and furfural into GVL (water, 200°C, 70 bar H

2
)  [132]. 
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Table 1.9 Literature overview of studies for the hydrogenation of LA to GVL with bimetallic 

non-noble catalysts.

Catalyst Add. Solvent T, °C
P (H2), 
bar

Time, 
h

LA 
conversion, %

GVL yield, 
mol.%

Ref

Cu/Cr oxide - -
190-300 267 n.a n.a 11

[108]
273 100 1.33 n.a 62

Cu-Cr2O3/Al2O3 -
H2O

200 34.5 5

40 40

[130]
Methanol 89 73

Cu-BaO/Al2O3 -
H2O 45 45

Methanol 92 79

CuO-CuFe2O4 - H2O 200 70 10 99.9 90.4 [132]

Ru0.9Ni0.1/OMC 
(0.56 wt.% Ru
0.08 wt.% Ni)

- - 150 45 2 99 97 [133]

Ni-MoOx/C
(10 wt.% Ni
7 wt.% Mo)

-

-

140 8 5

100 97

[127]

Toluene 24 21

Dioxane 13 4

H2O 2 2

Ni-MoOx/SiO2

(10 wt.% Ni
7 wt.% Mo)

- - 64 64

Ni-MoOx/Al2O3

(10 wt.% Ni
7 wt.% Mo)

- - 59 59

Ni-MoOx/TiO2

(10 wt.% Ni
7 wt.% Mo)

- - 50 50

Highest activity was achieved with the Cu–Fe catalyst with a Cu/Fe ratio of 1.0 
(90.4 mol.% GVL yield at 98.7% LA conversion). It was shown that Cu sites are 
responsible for the dissociative activation of H

2
 which was postulated to be of 

prime importance for good catalytic performance. Bimetallic Ru-Ni catalysts 
supported on ordered mesoporous carbon (OMC) were examined at 150°C and 
45 bar of hydrogen [133]. In terms of GVL yield, the best result was obtained  using 
a Ru

0.9
Ni

0.1
/OMC catalyst with 97 mol.% GVL yield after 2 h (TOF = 2501 h-1). It 

was demonstrated that the LA conversion and GVL yield are higher when the 
amount of Ru in the catalyst composition is increased, suggesting that the Ru 
nanoparticles are the active component. 

Shimizu et al. reported a detailed study on the catalytic activity of non-noble 
bimetallic catalysts on various supports under solvent-free conditions. The best 
catalyst, Ni-MoO

x
/C, showed an activity comparable to Ru-based heterogeneous 

catalysts [127]. Generally, the Ni and MoO
x
 co-loaded catalysts on different sup-

ports showed higher GVL yield (50–97 mol.%) than the conventional Ni-loaded 
metal oxides (< 1–38 mol.%) and MoO

x
/C itself (< 1 mol.%). 

6.1.2.1.2. Noble metal catalysts

Despite the fact that non-noble metal catalysts are cheaper and abundantly 
available, they often require harsh reaction conditions to achieve high LA con-
version and GVL yield. The use of more active noble metal catalysts allows to 
operate the reaction at lower temperature, hydrogen pressure and reaction time, 
which is expected to have a positive effect on the production costs. Most ac-
tive catalysts for the hydrogenation of LA to GVL are metals from the platinum 
group on various supports. To determine the optimum reaction conditions for 
highest GVL yield, different solvents and reaction conditions were applied for 
each metal. In the following sections, an overview of available studies with rele-
vant noble metal catalysts (Pt, Pd, Ir, Ru) is presented.

Overview of studies with platinum-based catalysts

One of the earliest systematic study on GVL synthesis from LA is from 1930 and 
involves the use of PtO

2
 (Table 1.10) [134]. Here, the effect of the solvent was ex-

amined on the GVL yield and the highest GVL yield (87 mol.%) was achieved in 
diethyl ether at room temperature after 48 h. A disappointingly low catalytic ac-
tivity was detected for Pt/C (5 wt.% Pt) in dioxane, with only 11 mol.% GVL yield 
at 14% LA conversion (150°C, 50 bar H

2
, 2 h)  [96]. Recent studies involved the 

use of platinum supported on carbon nano-tubes (CNT) at mild reaction condi-
tions in water (50°C, 20 bar H

2
) [135]. A 53% LA conversion with 51.4 mol.% GVL 

yield were achieved after 1 h. Inorganic supports have also been tested. For in-
stance, Pt/TiO

2
 was examined in water and tetrahydrofuran (THF) [136]. At mild 

reaction conditions (70°C, 50 bar H
2
, 1 h) the highest GVL yield was 20 mol.% 

and was achieved in water. A reasonable activity (42 mol.% LA conversion) was 
observed for Pt/hydroxyapatite (HAP) at similar reaction conditions (H

2
O, 70°C, 

5 bar, 4 h) [126], giving GVL in 88 mol.% selectivity, the remainder being α- and 
β-angelicalactone (12 mol.%).
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Table 1.10 Literature overview of studies on the hydrogenation of LA to GVL with plati-

num-based catalysts.

Catalyst Add. Solvent T, °C P (H2), bar Time, h LA conversion, % GVL yield, mol.% Ref

PtO2 -

Diethyl ether

22-24 2.3-3.0 48

n.a 87

[134]Ethyl alcohol n.a 52

Acetic acid n.a 48

Pt/C
(5 wt.% Pt)

- Dioxane 150 55 2 14 11 [96]

Pt/CNT
(5 wt.% Pt)

- H2O 50 20 1 53 51 [135]

Pt/TiO2

(1 wt.% Pt)
-

H2O
70 50 1

25 20
[136]

THF 18 15

Pt/HAPa

(5 wt.% Pt)
- H2O 70 5 4 42 88 [126]

a HAP: hydroxyapatite

Overview of studies with palladium-based catalysts

An overview of studies using Pd as an active metal for LA hydrogenation is pre-
sented in Table 1.11.

Palladium supported on activated carbon was examined for LA hydrogena-
tion in various solvents. In dioxane (150°C, 55 bar H

2
, 2 h) 27 mol.% GVL yield 

was achieved at 30% of LA conversion [96]. Pd/C in methanol (130°C, 12 bar H
2
, 

160 min) gave lowest yield of GVL (7 mol. %) at 18% LA conversion [124]. Solvent 
effects on the catalytic activity of Pd/TiO

2
 was studies by performing reactions 

in water and THF (70°C, 50 bar H
2
, 1 h)  [136]. LA conversion was low (5%) in 

 water and  GVL was not detected in the reaction mixture.
Pd nanoparticles encapsulated in the mesoporous channels of various sup-

ports (MCM-41, ZrMCM-41 and TiMCM-41), were investigated for GVL synthe-
sis (water, 140-240°C, 60 bar H

2
)  [137]. At the lowest temperature in the range 

(140°C), all catalysts display relatively low activities in terms of LA conversion 
and GVL yield. The highest activity was obtained with 5 wt. % Pd/MCM-41, 
which displayed 57.3 mol.% GVL yield at 57.8% LA conversion after 6 h. To im-
prove catalyst performance, the reaction temperature was increased to 240°C, 
which resulted in 92.7% LA conversion and 91.9% GVL yield. 

Mono- and bimetallic Pd-containing catalysts on mesoporous silica (HMS) were 
tested for LA hydrogenation in water (160°C, 150 bar H

2
) [138]. Quantitative LA con-

version was obtained in with Pd/HMS and PdAu/TiHMS, with highest GVL yield 
for the monometallic catalyst (89 mol.% versus 82 mol.% for the bimetallic one). 

Table 1.11 Literature overview of studies on the hydrogenation of LA to GVL with palladium- 

based catalysts.

Catalyst Add. Solvent T, °C
P (H2), 
bar

Time, 
h

LA 
conversion, %

GVL yield, 
mol.%

Ref

Pd/C
(5 wt.% Pd)

- Dioxane 150 55 2 30 27 [96]

Pd/C - Methanol (95%) 130 12 2.67 18 7 [124]

Pd/C
(5 wt.% Ru)

- H2O 50 20 1
7 7

[135]
Pd/CNT
(5 wt.% Ru)

19 18

Pd/TiO2

(1 wt.% Pd)
-

H2O 70 50 1
5 0

[136]
THF 0 0

Pd/HAPa

(5 wt.% Pd)
- H2O 70 5 4 26 90 [126]

Pd/MCM-41
(5 wt.% Pd)

- H2O

140

60 6

58 57

[137]200 78.5 78

240 93 92

Pd/ZrMCM-41
(5 wt.% Pd)

- H2O 140 60 6
41 40

[137]
Pd/TiMCM-41
(5 wt.% Pd)

49 49

Pd/HMSb

(2 wt.% Pd)
- H2O 160 150 6

100 89
[138]

Pd/TiO2/HMS
(2 wt.% Pd)

86 99

Bimetallic palladium catalysts

PdAu/HMS, 
(2wt.% Pd
2 wt.% Au)

- H2O 160 150 6

78 62

[138]
PdRe/HMS
(2 wt.% Pd
2 wt.% Re)

93 84

PdAu/TiHMS
(2 wt.% Pd
2 wt.% Au)

100 82

a HAP: hydroxyapatite; b HMS: mesoporous silica

Overview of studies with iridium-based catalysts

The use of iridium as an active metal for LA hydrogenation was first reported in 2004 
(Table 1.12). Ir/C (5 wt.% Ir) was tested in dioxane (150°C, 55 bar H

2
, 2 h) [96], giving 

38% LA conversion and a GVL yield of 36 mol.%. Later, a detailed study on iridium- 
based catalysts was performed to determine support and solvent effects on catalytic 
activity at mild reaction conditions (50°C, 20 bar H

2
, 1 h) [135]. Highest activity was 
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demonstrated for Ir/CNT with quantitative LA conversion and 99 mol.% of GVL yield. 
Experiments in different solvents revealed that Ir/CNT is the most active in  water and 
chloroform (93% LA conversion, 91 mol.% GVL yield). Within a series of support-
ed Ir catalysts, best results were obtained with Ir/C (78% LA conversion, 76 mol.% 
GVL yield) while Ir on inorganic oxides gave at GVL in max. 65 mol.% yield (Ir/CeO

2
). 

Table 1.12 Literature overview of studies on the hydrogenation of LA to GVL with iridium- 

based catalysts.

Catalyst Add. Solvent T, °C
P (H2), 
bar

Time, 
h

LA 
conversion, %

GVL yield, 
mol.%

Ref

Ir/C (5 wt.% Ir) - Dioxane 150 55 2 38 36 [96]

Ir/CNT (4.5 wt.% Ir) -

Chloroform

50 20 1

93 91

[135]

Toluene 68 66

Methanol 20 18

Acetone 7 7

Dioxane 2 2

H2O 100 99

Ir/C (4.5 wt.% Ir)

- H2O 50 20 1

78 76

[135]

Ir/CeO2 (4.5 wt.% Ir) 65 65

Ir/TiO2 (4.5 wt.% Ir) 55 55

Ir/Al2O3 (4.5 wt.% Ir) 52 51

Ir/ZnO(4.5 wt.% Ir) 51 51

Ir/SiO2 (4.5 wt.% Ir) 38 37

Ir/MgO (4.5 wt.% Ir) 20 20

Overview of studies with carbon supported ruthenium catalysts

One of the first screening studies on the catalytic activity of metals from the 
platinum group for LA hydrogenation was performed by Manzer  [96]. He 
screened the catalytic activity of Ir, Rh, Pd, Ru, Pt, Re and Ni supported on ac-
tivated carbon (5 wt.%) and showed that Ru was among the most active and 
selective for GVL formation. Since this report, extensive research on Ru based 
catalysts has been reported. Activated carbons in various forms are frequently 
used as the support and Ru/C is often used as the benchmark catalyst.

An overview of the performance of heterogeneous Ru catalysts on various 
supports in batch set-ups is given in Table 1.13. Most studies involve the use of Ru 
on a carbon support in various solvents (among others water, dioxane,  alcohols, 
DMSO, and solvent combinations) and excellent yields of GVL have been report-
ed (> 99 mol.%). Water is the most environmentally friendly and easily available 
solvent for the reaction and a number of studies have been reported in water.

Table 1.13 Literature overview of studies on the hydrogenation of LA to GVL with carbon 

supported ruthenium catalysts. 

Catalyst Add. Solvent T, °C
P (H2), 
bar

Time, 
h

LA 
conversion, %

GVL yield, 
mol.%

Ref

Ru/C 
(5 wt.% Ru)

- Dioxane 150 55 2 80 72 [96]

Ru/C 
(5 wt.% Ru)

TFAa-H2O 180 94 8
X(glucose)- 
100

62 [49]

Ru/C 
(5 wt.% Ru)

- Methanol 130 12 2.7 92 83 [139]

Ru/C -
Methanol 
(95%)

130 12 2.67 92 91 [124]

Ru/C -

Absolute 
methanol

130 12 2.67

93 92

[124]
n-Butanol 0 0

Benzaldehyde 0 0

DMSO 0 0

Dioxane 4.32 0

Ru/C
(5 wt.% Ru)

-

Methanol

130 12 2.67

99 84

[140]

Methanol-H2O 96 84.5

Ethanol 75.5 61

Ethanol-H2O 99 89

1-Butanol 49 40

1-Butanol-H2O 99 75

Dioxane 99 96

H2O 99.5 86

Ru/C
(5 wt.% Ru)

- - 25 12 50 100 97.5 [140]

Ru/C 
(5 wt.% Ru)

- H2O 180 30 12 100 57 [66]

Ru/C
(5 wt.% Ru)

-

H2O 70 30 3

48 47

[141]

A 15b 91 90

Nb2O5 75 73.5

NbOPO4 82 81

A 70c 100 100

Ru/C
(5 wt.% Ru)

[BMIm-SH][HSO4]

Methanol 130 34.5 2

99 67

[142]
A 15b 99 14

SO4-ZrO2 99 18

H2SO4 99 31

Ru/C
(5 wt.% Ru)

- H2O-Ethyl 
acetate

100 35 4
100 91

[143]
IL [N8,8,8,1][Cl] 56 55

Ru/Starbon
(5 wt.% Ru)

- Ethanol-H2O 100 10 2.2 > 99 < 5 [144]

Ru/CNT
(5 wt.% Ru)

- H2O 50 20 1 65 65 [135]

Ru/OMC - - 150 45 2 99 97 [133]

a TFA - trifluoroacetic acid; b A15 - Amberlyst 15; c A70 - Amberlyst 70 
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The hydrogenation activity of Ru catalysts is strongly modulated by the sol-
vent  [124],[136],[145]. One of the first systematic studies on solvent effects on 
the catalytic activity of Ru/C catalysts was reported in 2011 [124]. A number of 
 solvents (absolute methanol, n-butanol, benzaldehyde, DMSO and dioxane) 
were screened and the highest LA conversion (93%) and GVL yield (92 mol.%) 
were achieved with absolute methanol while all other solvents led to negligible 
LA conversion (130°C and 12 bar H

2
). Solvents are not necessary non-reactive 

and, for instance when alcohols are employed, both LA and intermediates can 
be esterified leading to lower GVL yields [146]. With the goal of assessing the im-
pact of ester formation upon LA hydrogenation, Al-Shaal and co-workers exam-
ined Ru/C in methanol, ethanol and 1-butanol (130 °C, 12 bar H

2
, 160 min) [140]. 

Methanol gave the highest LA conversion and GVL yield (99 and 84 mol.% 
 respectively). The difference in reactivity between the various alcohols was 
 explained by considering the solubility of hydrogen in the various alcohols [147]. 
The addition of water to the organic solvent on catalytic activity was also inves-
tigated. For methanol, water addition did not lead to a significant higher GVL 
yield, whereas the use of ethanol–water enhanced the GVL yield and LA con-
version considerably (from 61 to 89 mol.% and from 75.5 to 99%, respectively). 
More noticeably, a mixture of water and 1-butanol resulted in a substantial in-
crease in LA conversion (from 49 to 99%), with considerable higher GVL yields 
(from 40 to 75 mol.%). According to the authors, this beneficial effect is due to 
a higher hydrogen solubility when adding water, which is highly doubtful when 
considering the solubility of hydrogen in water compared to other solvents [148]. 
LA hydrogenation in pure LA without an external solvent (25°C, 12 bar H

2
, 50 h) 

was also successful with Ru/C and quantitative conversion of LA with 97.5 mol.% 
of GVL yield was obtained [140]. 

A number of acid co-catalysts (cationic exchange resins, niobium oxide and 
niobium phosphate) were successfully applied to increase the catalytic activ-
ity of Ru/C (water, 70°C, 30 bar H

2
, 3 h)  [141]. Quantitative LA conversion with 

99.9 mol.% of GVL yield was obtained with the Amberlyst 70 co-catalyst. A Ru/C 
catalyst in combination with an ILs was also used for the hydrogenation of LA 
to GVL (water-ethyl acetate, 100°C, 35 bar H

2
, 4 h)  [143]. The main advantage of 

this system is a perfect confinement of the Ru/C in the IL phase that not only 
facilitated isolation of the product but also allowed for an efficient reuse of the 
catalyst. Unfortunately, the catalytic activity of Ru/C in this system is lower than 
in aqueous solution (56% of LA conversion vs. 100%; 55 mol.% of GVL yield vs. 
91 mol.%).

Despite the high activity of Ru/C, fast deactivation of the catalyst was observed 
in several studies. For instance, batch recycle studies by Yan showed that the 

initial LA conversion (92%) reduced to 50% after the 4th reuse, with a concomi-
tant drop in GVL yield from 83 to 20 mol.% (methanol, 130°C, 12 bar H

2
) [139]. For 

reactions in water, a drop in LA conversion from 99% in the first run to 80% for 
the second run was observed with a Ru/C catalyst (water, 90°C, 45 bar H

2
) [149]. 

In addition, reactivation of Ru based catalysts is known to be cumbersome, par-
ticularly when using oxidative routes. Other forms of carbon, like carbon nano-
tubes and mesoporous carbon, have also been identified as promising support 
materials for catalysts used in liquid-phase hydrogenation reactions  [135],[150]. 
Reported advantages for metal catalysts on CNT’s compared to active carbons 
are a higher catalyst stability and less issues with particularly intra particle dif-
fusion limitations of reactants [151]. For LA hydrogenations in water, ruthenium 
nanoparticles on CNT resulted in 65% LA conversion with 100% GVL selectivity 
(water, 50°C, 20 bar H

2
, 1 h) [135]. Mesoporous carbon is an attractive alternative 

to activated carbon due to its well-controlled mesoporous structure, which is 
favorable in case the reaction is intra particle mass transfer limited [152]. Ruthe-
nium supported on ordered mesoporous carbon (OMC) was examined for GVL 
synthesis in solvent-free conditions (150°C, 45 bar H

2
, 2 h) and quantitative LA 

conversion was obtained with 97 mol.% GVL yield  [133]. Luque has reported 
a patented class of bio-based mesoporous materials derived from modified poly-
saccharides (Starbon®) as a support for ruthenium nanoparticles for the hydroge-
nation of organic acids [144]. However, the hydrogenation of LA in the presence 
of Ru/Starbon® (5 wt.% Ru) gave limited GVL yields (< 5 mol%) at quantitative LA 
conversion (ethanol-water, 100°C, 10 bar H

2
).

Overview of studies with ruthenium catalysts supported on inorganic 
oxides

Metal oxides (SiO
2
, Al

2
O

3
, Nb

2
O

5
, ZrO

2
, TiO

2
) have also been tested as a support 

for LA hydrogenation with Ru as the active metal (Table 1.14). Typical reac-
tion temperatures are between 25 and 200°C while the H

2
 pressure is between 

12-50 bar. Most studies involve the use of Ru on an inorganic oxides in various 
solvents (among others water, alcohols, THF and various solvent combinations) 
and excellent yields of GVL have been reported (> 99 mol.%). 

One of the major advantages of metal oxides as the support is the possibility for 
oxidative catalyst regeneration due to their high stability at decoking conditions. 
However, for some of the supports (Al

2
O

3
 and SiO

2
), the stability at hydrothermal 

conditions, particularly at elevated temperatures and acidity, is knownto be lim-
ited, which is of relevance for LA hydrogenations carried out in water [140],[153]. 
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Table 1.14 Literature overview of studies on the hydrogenation of LA to GVL with ruthenium 

catalysts supported on inorganic oxides.

Catalyst Add. Solvent T, °C
P (H2), 
bar

Time, 
h

LA 
conversion, %

GVL yield,  
mol.%

Ref

Ru/Al2O3 catalyst

Ru/Al2O3

(5 wt.% Ru)
-

Ethanol
130 12 2.67

38 32
[140]

Ethanol-H2O 95 76

Ru/Al2O3

(5 wt.% Ru)
- - 25 12 50 8 6 [140]

Ru/Al2O3

(5 wt.% Ru)

-

H2O 70 30 3

24 23

[141]

A 15a 50 49

Nb2O5 32 31

NbOPO4 36 35

A 70b 57 56

Ru/Al2O3

(5 wt.% Ru)
- H2O 50 20 1 22 21.5 [135]

Ru/Nb2O5 catalyst

Ru/Nb2O5

(1 wt.% Ru)
-

Dioxane
200 40

4 72 62
[114]2-ethylhexanoic 

acid
10 100 98

Ru/SiO2 catalyst

Ru/SiO2

(5 wt.% Ru)
-

Ethanol
2.67

83 77
[140]

Ethanol-H2O 98 75

Ru/SiO2

(5 wt.% Ru)
- - 25 12 50 2 1.7 [140]

Ru/TiO2 catalyst

Ru/TiO2 (rutile,
5 wt.% Ru)

-
Ethanol

130 12 2.67
0 0

[140]
Ethanol-H2O 0 0

Ru/TiO2 (P25,
5 wt.% Ru)

-
Ethanol

130 12

2.67
68 62

[140]
Ethanol-H2O 81 71

Ru/TiO2

(1 wt.% Ru)
-

Dioxane 4 100 92
[114]2-ethylhexanoic 

acid
10 100 99

Ru/TiO2

(1 wt.% Ru)
- - 200 40 10 100 97.5 [114]

Ru/TiO2 
(1 wt.% Ru)

-
H2O 70 50 1

99 95
[136]

THF 0 0

a A15 - Amberlyst 15; b A70 - Amberlyst 70 

TiO
2
 and ZrO

2
 seem to be very promising supports, as was evident from a study 

by Lange et al.  [105]. A screening study on LA hydrogenation involving 50 cat-
alysts in a flow reactor system revealed the best performance for Pt (1 wt.%) 
on TiO

2
 and ZrO

2
, with constant GVL yields for runtimes exceeding 100 h 

(> 95 mol.% at 200°C and 40 bar H
2
, GVL was used as a solvent). 

A comprehensive study of Ru/Al
2
O

3
, Ru/SiO

2
 and Ru/TiO

2
 catalysts was per-

formed in ethanol and ethanol/water mixtures (130°C, 12 bar H
2
, 160 min) [140]. 

Ru/Al
2
O

3
 was active in ethanol, albeit the LA conversion (38%) and GVL yield 

(32 mol.%) were modest. Better results were obtained in ethanol/water mixtures 
(95% of LA conversion, 76 mol.% of GVL yield). For Ru/SiO

2
, a higher LA conver-

sion was obtained in the presence of water, although GVL yield was similar to 
that with Ru/Al

2
O

3
. When using pure LA, Ru/Al

2
O

3
 gave 8% LA conversion with 

6 mol.% GVL yield, while the  Ru/SiO
2
 catalyst was even less active (2.1% LA 

conversion with 1.7 mol.% GVL yield, room temperature). 
A number of acid co-catalysts (various cationic exchange resins, niobium ox-

ide and niobium phosphate) was investigated to increase the catalytic activity 
of Ru/Al

2
O

3
 (water, 70°C, 30 bar H

2
, 3 h)  [141]. Good results were obtained with 

an Amberlyst 70 resin: 57% LA conversion with 56 mol.% GVL yield versus 24% 
LA conversion and 23 mol.% GVL yield with only Ru/Al

2
O

3
.

Miscellaneous studies with ruthenium catalysts on varied supports

Miscellaneous LA hydrogenation studies using Ru catalysts on other, not yet 
discussed supports, are compiled in Table 1.15. 

Table 1.15 Literature overview of studies on the hydrogenation of LA to GVL with miscella-

neous supported ruthenium catalysts.

Catalyst Add. Solvent T, °C
P (H2), 
bar

Time, 
h

LA 
conversion, %

GVL yield, 
mol.%

Ref

Ru/Beta-12.5
(1 wt.% Ru)

-

Dioxane

200 40

4 100 60

[114]

2-ethylhexanoic acid 10 100 83

- 10 100 87

Ru/ZSM-5
(1 wt.% Ru)

Dioxane 4 100 50

2-ethylhexanoic acid 10 100 80

Ru/H-ZSM-5-11.5
(1 wt.% Ru)

- Dioxane 200 40 10 100 91.6 [154]

Ru/HAPa

(5 wt.% Ru)
-

H2O

70 5 4

99 98

[126]
Ethanol 92 70

Ethanol-H2O 92 75

Toluene 30 28

Ru/SPESb 
(2 wt.% Ru)

- H2O 70 30 2 88 87 [155]

RuPd/TiO2

(1 wt.% Ru)
- Dioxane 200 40 0.5 99 98 [156]

a HAP: hydroxyapatite; b SPES: polyethersulfone
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A systematic study on ruthenium catalysts supported on strongly acid ze-
olites (Ru/Beta-12.5 and Ru/ZSM-5) was performed in a batch set-up (200°C, 
40 bar H

2
)  [114]. Experiments were done either in organic solvents (diox-

ane, 2-ethylhexanoic acid) or with neat LA. Quantitative LA conversion was 
achieved in all experiments with both zeolite catalysts, and maximum GVL yield 
(87 mol.%) was obtained from neat LA with Ru/H-Beta after 10 h. When per-
forming the reaction in dioxane with both catalysts, the GVL yield dropped to 
around 60% for Ru/H-Beta-12.5 and around 50% for Ru/H-ZSM-5 catalyst and 
deep hydrogenation products like pentanoic acid and its esters where formed in 
considerable amounts. More recently, the same group investigated the influence 
of the ZSM-5 cation form (H+ versus NH

4
+), Si/Al ratio and Ru precursor on the 

activity and selectivity for LA hydrogenation [154]. The best results in terms of 
GVL yield (91.6 mol.% after 10 h) were obtained using a Ru/H-ZSM-5-11.5 cata-
lyst with 1 wt.% Ru, prepared with a RuCl

3
 precursor and the H+-cation form of 

the ZSM-5 zeolite.
Hydroxyapatite was also examined as a support for ruthenium in LA hydro-

genations [126]. The highest conversion of LA (99%) with 98 mol.% of GVL yield 
was achieved using water (70 °C, 5 bar H

2
). Yao et al. investigated the use of acid 

catalysts as supports for the hydrogenation of LA in water [155]. Sulfonated poly-
ethersulfone (SPES) was used as a support for ruthenium nanoparticles at mild 
reaction conditions (30°C, 30 bar H

2
). 88% of LA conversion was achieved with 

100% selectivity to GVL, while only 2.4% of LA conversion was obtained with 
pure support. 

The use of bimetallic Ru/Pd-TiO
2
 catalyst in dioxane resulted in quantita-

tive LA conversion after 0.5 h with 98 mol.% of GVL yield (200°C, 40 bar) [156], 
which was better than for the monometallic Ru/TiO

2
 catalyst. This was ex-

plained by considering that the active Ru sites are diluted and isolated by the 
introduction of Pd, resulting in reduced activity for consecutive hydrogenation 
reactions of GVL. 

6.1.2.2. Overview of LA hydrogenation studies in continuous set-ups 

Besides batch studies, the catalytic hydrogenation of LA to GVL using supported 
catalysts has also been reported in continuous set-ups, particularly to explore 
catalyst stability and scalability of the reaction. A wide variety of active metals, 
supports, solvents and reaction conditions were tested. Most of the hydrogena-
tions were performed in packed bed reactors with the catalyst in powder form. 
Typical reaction conditions are between 50 and 265°C with hydrogen pressures 

ranging from 4-60 bar, though in some cases formic acid was used as the hydro-
gen source. WHSV’s are between 0.5-1500 g

feed
/g

cat
·h, typically between 0.5 and 5, 

and both up- and down flow reactor configurations have been applied. LA con-
versions were in general excellent (90% plus), with GVL selectivities between 
4 and 99%.   

6.1.2.2.1. Non-noble metal catalysts

Ni on different supports has been used extensively for the hydrogenation of LA 
to GVL in continuous set-up. Besides Ni, the use of Cu and Mo-based catalysts 
has also been explored. Typical reaction temperatures are between 200 and 
275°C and hydrogen pressures between 1 and 30 bar. In most cases, water is used 
as the solvent, though alcohols (methanol, ethanol) as well as neat LA have also 
been used as well. Quantitative LA conversions and GVL yields have been re-
ported in a number of studies.   

   
Overview of studies with nickel-based catalysts

Supported Ni catalysts on various inorganic oxides, zeolites and mineral have 
been studied for LA hydrogenation in continuous set-up (Table 1.16). Typically 
the reactions were carried out in fixed bed reactors, at 250-295°C and ambient 
pressure, with a WHSV of 1.4 and a GHSV between 2.6 and 3.3 ml/g·s.   

Support effects have been studied for LA hydrogenation of neat LA using 
Ni-based catalysts (250°C, 1 bar H

2
] [157]. The most effective catalyst was Ni/SiO

2
, 

which gave 97% LA conversion and 82 mol.% of GVL yield for 25 h on stream. 
Lower LA conversions were observed for Ni/ZrO

2
, Ni/ZnO and Ni/TiO

2
 catalysts. 

These findings were rationalized by considering rapid nucleation and aggre-
gation and the formation of large Ni crystallites. A more acidic zeolite support 
(H-ZSM-5-40) was tested as a carrier for Ni particles and effect of metal loading  
on catalyst activity was studied at 295°C [158]. At higher Ni loadings (from 5 to 
30%) an increase in the LA conversion (from 78 to 89%) was detected, which 
was correlated to an increase in amount of active Ni species. However, upon 
a subsequent increase of the Ni loading (from 30 to 50%) the LA conversion 
dropped, which was explained by considering the formation of large Ni agglom-
erates. The catalytic activity of the most active catalyst in the series (30 wt.% 
Ni/H-ZSM-5-40) dropped from 100 to 82% LA conversion for 5 hon stream. 
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Table 1.16 Literature overview of studies for the hydrogenation of LA to GVL with nickel-based 

catalysts in continuous set-ups.

Catalyst Solvent
Reaction 
conditions

WHSV, 
gfeed/gcat.h

LA 
conversion, %

GVL yield, 
mol. %

Ref

Ni/Al2O3

(30 wt.% Ni)

-
Fixed-bed, 250°C, H2 
(1 bar)

1.4

95 79

[157]

Ni/MgO
(30 wt.% Ni)

80 79

Ni/SiO2

(30 wt.% Ni)
97 82

Ni/TiO2

(30 wt.% Ni)
22 20

Ni/ZnO
(30wt.% Ni)

15 10

Ni/ZrO2

(30 wt.% Ni)
5 3

Ni/H-ZSM-5-40
(5 wt.% Ni)

-
Fixed-bed, 295°C, H2 
(1 bar)

1.4

78 40

[158]

Ni/H-ZSM-5-40
(10 wt.% Ni)

88 43

Ni/H-ZSM-5-40
(20 wt.% Ni)

86 49

Ni/H-ZSM-5-40
(30 wt.% Ni)

89 63

Ni/H-ZSM-5-40
(40 wt.% Ni)

87 63

Ni/H-ZSM-5-40
(50 wt.% Ni)

75 55

Ni/TiO2

(5 wt.% Ni)

H2O
Fixed-bed, 270°C, H2 
(20 ml/min)

GHSV=
3.247 ml/g·sa

26 23

[159]

Ni/TiO2

(10 wt.% Ni)
55 49

Ni/TiO2

(15 wt.% Ni)
80 74

Ni/TiO2

(20 wt.% Ni)
100 99

Ni/TiO2

(30 wt.% Ni)
92 89

Ni/TiO2

(20 wt.% Ni)

Methanol
Fixed-bed, 270°C, H2 
(20 ml/min)

GHSV=
3.247 ml/g·sa

79 64
[159]Ethanol 82 74

Dioxane 43.5 43
Ni/HAPb

(5 wt.% Ni)
H2O

Fixed-bed (down-
flow), 275°C, H2 (1 bar)

GHSV=
2.616 ml/g·sa

21 14 [160]

a WHSV data not provided by the authors; b HAP: hydroxyapatite

The authors did not investigate the origin of catalyst deactivation in detail but 
assumed that it was due to i) water produced during the reaction ii) by fouling 
of the catalyst surface by reactive intermediates, for example α-AL and iii) the 
formation of coke on the catalyst surface. 

Kumar et al studied the use of a Ni/TiO
2
 catalysts and particularly the Ni 

loading on the support in a fixed-bed reactor (H
2
O, 270°C)  [159]. 20 wt.% Ni 

demonstrated the highest LA conversion and GVL yield. A similar trend for cat-
alyst activity versus metal loading was reported by Mohan and was explained by 
considering the Ni dispersion on the catalyst surface. The influence of solvent on 
performance of Ni/TiO

2
 (20 wt.% Ni) was studied by Kumar et al. [159]. For all sol-

vents tested (alcohols like methanol and ethanol and others like dioxane) the LA 
conversion and GVL yield was lower than in water and best results were obtained 
in ethanol (82% LA conversion, 74 mol.% GVL yield). Nickel supported on hy-
droxyapatite was also tested in a fixed-bed reactor (water, 275°C, 1 bar H

2
) though 

showed a low activity (LA conversion of 21%) and GVL yield (14 mol.%)  [160]. 

Miscellaneous studies with heterogeneous non-noble metal catalysts

Supported molybdenum carbides have been suggested as a low-cost catalyst 
for GVL synthesis and their performance was examined in a trickle-bed reactor 
set-up (H

2
O, 200°C, 30 bar H

2
) [151]. Mo

2
C supported on activated carbon showed 

significant deactivation after 6 h on stream as is evident from a decrease of LA 
conversion from 95 to 60%. However, when using Mo

2
C supported on carbon 

nanotubes (CNT) stable and quantitative LA conversion was observed for a time 
of stream of 6 h. The higher stability of Mo

2
C on CNT’s compared to active car-

bon was ascribed to be either due to encapsulation of the active metals within 
the CNT’s, where they are better protected against leaching or oxidation, or due 
to changes in the d-band of the particles deposited on the external walls. 

The hydrogenation of aqueous LA solutions to GVL was investigated over 
Cu/γ-Al

2
O

3
 catalyst at 265°C and ambient pressure [161]. The best catalyst regard-

ing composition was shown to be 5 wt.% Cu on γ-Al
2
O

3
, which showed 98% LA 

conversion with 85 mol.% of GVL yield after 4 h on stream. However, a consid-
erable drop in LA conversion to 41% was observed after 60 h on stream. The 
origin of catalyst deactivation was studied and rationalized by agglomeration of 
alumina crystallites due to rehydration of alumina and coke formation on the 
acidic sites. Copper supported on hydroxyapatite was also tested in a fixed-bed 
reactor (water, 275°C, 1 bar H

2
), though low LA conversion (32%) and GVL yield 

(24 mol.%) were reported [160]. 
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Table 1.17 Literature overview of studies on the hydrogenation of LA to GVL with various 

non-noble metal catalysts in continuous set-ups.

Catalyst Solvent
Reaction 
conditions

WHSV, 
gfeed/gcat.h

LA 
conversion, %

GVL yield, 
mol. %

Ref

Molybdenum-based catalysts

Mo2C/CNT
(20 wt.% Mo)

H2O
Trickle-bed reactor, 
200°C, H2 (30 bar)

LHSV=3 h-1

100 > 90
[151]

Mo2C/C
(20 wt.% Mo)

1 h – 95
6 h – 60

> 90

Copper-based catalysts

Cu/γ-Al2O3

(2 wt.% Cu)

H2O
Fixed-bed (downflow), 
265°C, H2 (1 bar)

0.169

82 62

[161]

Cu/γ-Al2O3

(5 wt.% Cu)
98 85

Cu/γ-Al2O3

(10 wt.% Cu)
76 54

Cu/γ-Al2O3

(15 wt.% Cu)
69 45

Cu/γ-Al2O3

(20 wt.% Cu)
41 23

Cu/HAPb

(5 wt.% Cu)
H2O

Fixed-bed (downflow), 
275°C, H2 (1 bar)

GHSV=
2.616 ml/g·sa

32 24 [160]

a WHSV data not provided by the authors; b HAP: hydroxyapatite

 

6.1.2.2.2. Noble metal catalysts

In the following sections, an overview of available studies with relevant noble 
metal catalysts (Pt, Pd, Rh, Ru) in continuous set-ups is provided. A wide vari-
ety of supports, solvents and reaction conditions were tested. Most of the re-
actions were performed in water and typical reaction conditions are between 
50 and 265°C with hydrogen pressures ranging 1-60 bar, WHSV’s are between 
0.5-1500 g

feed
/g

cat·
h, typically between 0.5 and 50, and both up- and down flow 

reactor configurations have been applied. LA conversions were in general excel-
lent (90% plus), with GVL selectivities between 4 and 99%.     

Overview of studies with platinum-based catalysts

Despite the fact that typical particle sizes for hydrogenations in commercially 
operated continuous reactors are normally in the mm range to avoid excessive 
pressure drop, most studies on LA hydrogenation in continuous set-ups reported 

so far involve the use of small particle sizes (dp ≤ 100 μm). Only a few studies 
with Pt-based catalysts were performed with particles sizes > 100 μm, see Ta-
ble 1.18 for details. For instance, Pt/SiO

2
 particles (1.6 mm) were examined for 

GVL synthesis in an upflow packed-bed reactor in a biphasic water-GVL system 
(200°C, 40 bar H

2
) [162]. Significant catalyst deactivation was observed for 460 h 

on stream: conversion of LA decreased from 85 to 22% and the GVL yield from 
78 to 18 mol.%. Lange and co-workers used 1% Pt/TiO

2
 extrudates (1.6 mm) for 

the hydrogenation of LA with GVL as the solvent (200°C and 40 bar of H
2
) [105]. 

High LA conversion (> 85%), high selectivity to GVL (> 95 %) and a limited level 
of deactivation for 100 h on stream (conversion of LA decreased from 98 to 85%) 
were observed. Kumar et al also used Pt/TiO

2
 for LA hydrogenation in a fixed-

bed reactor (water, 270°C)  [159]. At the applied reaction conditions, 78% of LA 
conversion was obtained with 49 mol.% GVL yield. Byproducts, such as α-AL 
(23 mol.%), MTHF and pentanoic acid (6 mol.%), were observed in considerable 
amounts, the latter two indicative for overhydrogenation. Catalyst performance 
as a function of runtime was not provided. Platinum supported on hydroxyapa-
tite gave 88% of LA conversion with 69 mol.% GVL in a fixed-bed reactor (water, 
275°C, 1 bar H

2
) [160].

Table 1.18 Literature overview of studies on the hydrogenation of LA to GVL with platinum- 

based catalysts in continuous set-ups.

Catalyst Solvent Reaction conditions WHSV, gfeed/gcat.h
LA 
conversion, %

GVL 
yield, %

Ref

Pt/SiO2

(0.8 wt.% Pt)
(dp=1.6 mm)

H2O/GVL
Packed-bed (upflow), 
200°C, H2 (40 bar)

2
15 h: 85
460 h: 22

15 h: 78
460 h: 
18

[162]

Pt/TiO2

(1 wt.% Pt)
(dp=1.6 mm)

GVL
Packed-bed, 200°C, 
H2 (40 bar)

9
Start: 98
100 h: 85

> 93 [105]

Pt/TiO2

(5 wt.% Pt)
H2O

Fixed-bed, 270°C, H2 
(20 ml/min)

GHSV=3.247 ml/g·sa 78 49 [159]

Pt/HAPb

(2 wt.% Pt)
H2O

Fixed-bed (down-
flow), 275°C, H2 (1 bar)

GHSV=2.616 ml/g·sa 88 69 [160]

a WHSV data not provided by the authors; b HAP: hydroxyapatite

Overview of studies with palladium and rhodium-based catalysts 

An overview of LA hydrogenation studies in continuous set-ups with Pd and Rh 
supported catalysts is presented in Table 1.19. 
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Table 1.19 Literature overview on LA hydrogenation in continuous set-ups using heteroge-

neous catalysts in continuous set-ups.

Catalyst Solvent
Reaction 
conditions

WHSV, 
gfeed/gcat.h

LA 
conversion, %

GVL yield, 
mol., %

Ref

Palladium-based catalyst

Pd/TiO2

 (5 wt.% Pd)
H2O

Fixed-bed, 270°C, 
H2 (1 bar)

GHSV=
3.247 ml/g·sa

46 20 [159]

Pd/HAPb

(2 wt.% Pd)
H2O

Fixed-bed (down-
flow), 275°C, H2 
(1 bar)

GHSV=
2.616 ml/g·sa

25 17 [160]

Rhodium-based catalysts

Rh/SiO2

(4 wt.% Rh)
H2O

Tubular-flow, 80°C, 
H2 (60 bar)

0.3
100 77

[110]
Rh-MoOx/SiO2

(4 wt.% Rh)
100 35

 a WHSV data not provided by the authors; b HAP: hydroxyapatite

Only a very limited number of publications are available for Pd-based cata-
lysts for LA hydrogenation in continuous reactors. One of the few studies in-
volves the use of Pd/TiO

2
 and 46% LA conversion with 20 mol.% GVL yield was 

reported in water (270°C) [159]. Performance of Pd/HAP was worse at  fairly  similar 
conditions, giving only 25% LA conversion and 17 mol.% GVL yield ( water, 275°C, 
1 bar H

2
) [160].

Catalytic activity of a rhodium-based catalyst supported on SiO
2
 was stud-

ied in water at 80°C [110]. Quantitative LA conversion with 77 mol.% GVL yield 
was observed. Data on the stability of the catalyst were not provided. Upon cat-
alyst modification by the introduction of MoO

x
, the main hydrogenation prod-

uct was PD (45.3 mol.%) instead of GVL. A stability test for 4% Rh-MoO
x
/SiO

2
 

(Mo/Rh = 0.13) was performed and no significant drop in LA conversion and 
product selectivity was observed for 30 h on stream.

Overview of studies with ruthenium-based catalysts 

An overview of GVL synthesis studies in continuous set-ups with ruthenium- 
based catalysts is presented in Table 1.20. In the Table, not only the perfor-
mance of Ru catalyst are provided, but data for bimetallic Ru catalysts (with Re, 
Sn) are given as well. A wide variety of supports, solvents and reaction condi-
tions were tested. Most of the reactions were performed in water and typical 
reaction conditions are between 50 and 300°C with hydrogen pressures ranging  

Table 1.20 Literature overview on LA hydrogenation in continuous set-ups using ruthenium- 

based catalysts.

Catalyst Solvent Reaction conditions
WHSV, 
gfeed/gcat.h

LA 
conversion, %

GVL yield, % Ref

Carbon supported catalysts

Ru/C
(5 wt.% Ru)

H2O
Packed-bed (upflow), 
150°C, H2 (35 bar)

32
Start: 90
106 h: 68

Start: 86
106 h: -

[106]

Ru/C
(5 wt.% Ru)

Dioxane
Packed-bed (down-
flow), 265°C, H2 

 (1-25 bar)
0.5 100

98.6
[163]

Ru/C
(5 wt.% Ru)

2-sec bu-
tylphenol

Fixed-bed (upflow), 
180°C, H2 (35 bar)

3.6 n.a. 77 [164]

5% Ru/C 
(dp=45-90 μm)

H2O

Packed-bed (upflow), 
50-150°C, H2 (4-41 bar)

50°C-5
150°C-1500

50°C-99
150°C-3

50°C-4
150°C-2

[165]
5% Ru/C + 
Amberlyst 15

Stacked-bed, 50°C, H2 5-560
5 – 92
560 - 2

5 – 81
560 – 0.4

Ru/C
(5 wt.% Ru)

H2O
Packed-bed (upflow), 
50°C, H2 (24 bar)

520 2 STY=0.09 s-1

[166]
37 20 STY=0.08 s-1

Ru/C
(0.5 wt.% Ru)

34 8 STY=0.11 s-1

12 33 STY=0.15 s-1

Inorganic oxides as a support

Ru/SiO2

(2.7 wt.% Ru)

H2O
Packed-bed (upflow), 
50°C, H2 (24 bar)

32 16 STY=0.11 s-1

[166]

18 42 STY=0.16 s-1

Ru/SiO2

(0.3 wt.% Ru)
22 4 STY=0.1 s-1

Ru/γ-Al2O3

(1.3 wt.% Ru)

27 14 STY=0.09 s-1

11 35 STY=0.1 s-1

Ru/TiO2

(0.4 wt.% Ru)

25 3 STY=0.11 s-1

11 7 STY=0.12 s-1

Ru/TiO2

(5 wt.% Ru)
H2O

Fixed-bed, 270°C, H2 
(20 ml/min)

GHSV=
3.247 ml/g·sa

53 23 [159]

Other supports

Ru/DOWEX
(0.87 wt.% Ru) 
(dp=84 μm)

0.52 95
STY = 
0.1 kg/L·h

[167]
Ru/DOWEX 
(0.87 wt.% Ru) 
(dp=276 μm)

0.47 100
STY = 
0.12 kg/L·h

Ru/HAPb

(2 wt.% Ru)
H2O

Fixed-bed (downflow), 
275°C, H2 (1 bar)

GHSV=
2.616 ml/g·sa

9 92 [160]

Bimetallic ruthenium catalysts

RuSn (3,6:1)/C
(5 wt.% RuSn)

2-sec-bu-
tylphenol

Packed-bed (upflow), 
220°C, H2 (35 bar)

2.2 98 96 [168]

RuxSny/C
2-sec bu-
tylphenol

Fixed-bed (upflow), 
180°C, H2 (35 bar)

1.2 n.a. 73-100 [164]

Ru-MoOx/SiO2

(4 wt.% Ru)
H2O

Tubular-flow, 80°C, H2 
(60 bar)

0.24 100 79 [110]

a WHSV data not provided by the authors; b HAP: hydroxyapatite
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from 1-60 bar, WHSV’s between 0.2-1500 g
feed

/g
cat

·h, typically below 30, and both 
up- and down flow reactor configurations have been applied. LA conversions 
were in general excellent (90% plus), with GVL yield between 4 and 99 mol.%.

The use of Ru/C catalysts for LA hydrogenations has been explored in var-
ious solvents (water, organic solvents) and at a range of reaction conditions. 
Excellent LA conversions (> 90%) and GVL yields (> 80 mol.%) were reported. 
However, considerable deactivation of Ru/C catalysts was observed in a num-
ber of these studies. For instance, a considerable drop in LA conversion (from 
90  to 68%) was detected after 106 h on stream (water, 150°C, 35 bar H

2
)[106]. 

 Reductive treatment of the catalyst with H
2
 (400°C, 2 h) resulted in only a partial 

recovery of the initial catalytic activity (83% LA conversion). Similar behavior 
was observed when using 2-sec-butylphenol instead of water at 220°C  [164]. 
Here, a steady decline in catalyst activity was observed during 300 h on stream 
and the initial catalyst activity could not be restored by treatment of the cat-
alyst in a H

2
 atmosphere (450°C), suggesting irreversible catalyst deactivation. 

 Abdelrahman performed a detailed kinetic study on LA hydrogenation over 
Ru/C and catalyst stability was also included (water, WHSV between 5 and 
1500) [165]. It was found that the LA hydrogenation rate dropped rapidly during 
1 h on stream, even at mild temperature (50-90°C). However, the activity stabi-
lized for prolonged times on stream (48-72 h) to about 20-30% of its original 
value. Regeneration by in situ reduction (H

2
, 400°C, 4 h) restored the catalytic 

activity to only 50-60% of the initial value. These findings imply that activity 
loss is due to a combination of reversible and irreversible phenomena. The au-
thors propose that reversible deactivation may be attributed to either strongly 
bound hydrocarbon intermediates or surface oxidation of Ru nanoparticles. 
Neither Ru leaching nor significant physical changes of the carbon support was 
observed after reaction, a strong indication that irreversible deactivation is due 
to Ru particle agglomeration. CO chemisorption indeed revealed that the Ru 
particle size increased from 3.6 nm to 6.8 nm after 65 h on stream (50°C). The 
same conclusions were made for Ru based catalysts on other inorganic supports 
(SiO

2
 and TiO

2
)  [166]. Physical properties of both supports did not change sig-

nificantly during the reaction in water at 50°C. However, a particle growth and 
dispersion losses for all catalysts were clearly observed, and suggested as the 
primary cause of catalyst deactivation. 

The use of bimetallic catalysts with Ru as one of the metals has been ex-
plored to improve catalyst stability. For instance, the addition of Sn to Ru/C in-
creased catalysts stability and good stability was observed for experiments with 
runtimes up to 300 h (2-sec-butylphenol, 185°C) [164]. However, the activity of 
the bimetallic catalyst was a factor of 3 lower than for the monometallic one 

and the rate of LA hydrogenation decreased from 455 to 154 μmol min-1·g-1 [164]. 
This drop in catalytic activity was attributed to the fact that in the bimetallic cat-
alysts, the Ru ensembles comprise a small fraction of the total site density and 
are not substantial contributors to the initially observed activity. 

Alonso et al also investigated the addition of Sn to Ru/C for hydrogenations 
of LA in 2-sec-butylphenol with the incentive to prevent hydrogenation of the 
C=C bonds of the solvent and to increase its stability  [168]. Bimetallic RuSn/C 
catalyst did not undergo deactivation at 220°C for 300 h on stream and a steady 
state LA conversion of 98% was obtained with 95.8% of GVL yield. 

The effect of the catalyst support (activated carbon, SiO
2
, γ-Al

2
O

3
 and TiO

2
) on 

the performance of Ru-based catalysts was examined in water by  Abdelrahman 
et al. at mild reaction conditions (50°C, 24 bar H

2
)  [166]. The initial activity of 

the catalysts were about similar, suggesting that the intrinsic reaction rate of LA 
hydrogenation over Ru in water is not strongly affected by metal-support inter-
actions. However, catalyst stability was a function of the support. For Ru/SiO

2
, 

irreversible deactivation was observed, while the activity of the Ru/γ-Al
2
O

3
 cat-

alyst was restored after a reduction step at 50°C. The Ru/TiO
2
 and Ru/C catalysts 

showed both reversible and irreversible deactivation. 
Ru based hydrogenations in continuous set-ups have also been performed 

with acidic supports. In a very recent paper, Moreno-Marrodan reported the 
catalytic activity of a Ru on DOWEX support in water at mild conditions (70°C, 
5 bar H

2
)  [167]. Catalysts with two different bead sizes (84 ± 8 and 276 ± 2 μm) 

were prepared and tested. The catalyst with the smaller particle diameters re-
sulted in a ca. 10% higher LA conversion under otherwise similar conditions. 
This indicates that intra-particle mass transfer limitations play a role for larger 
catalyst particles, suggesting that the time scale of the  chemical reactions are 
similar or faster than intra-particle mass transfer rates. This is an important 
finding as optimization strategies for hydrogenations performed in the kinetic 
regime are different for those in the mass transfer limited regime.  

6.2. Hydrogenation of LA using formic acid as the hydrogen 
donor

The synthesis of LA from lignocellulosic biomass or individual C6-sugars is 
typically carried out in aqueous solutions containing a dilute mineral acid as 
a catalyst. This approach leads to the formation of LA together with equimolar 
amounts of FA  [49],[168]. FA is a known source for hydrogen and can be effec-
tively used as a hydrogen transfer agent. To minimize hydrogen consumption as 
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well as to avoid the (expensive) separation step of LA and FA in the synthesis 
of LA, the use of FA acids as a hydrogen source instead of molecular hydrogen 
could be very attractive.  

Till now, a limited number of studies have been performed on the use of formic 
acid as a hydrogen donor for GVL synthesis from LA. An overview of publications 
is given in Table 1.21 and involves studies in both batch and continuous set-ups. 
In batch set-ups, typically noble metals are used as the catalyst, water as a solvent 
and temperatures between 150-180°C. Quantitative LA conversions with high GVL 
yields (99 mol.%) were achieved. Most of the hydrogenations in continuous set-ups 
were performed in packed bed reactors with both noble and non-noble metal cat-
alysts. A number of solvents were examined (water, dioxane, butane, 2-sec-butyl-
phenol) in a wide temperature range (150-265°C). WHSV’s were between 0.36 and 
2.8 and high LA conversion (98%) and GVL yield (95 mol.%) were obtained. 

6.2.1. Overview of studies in batch set-ups

One of the most effective catalysts for LA hydrogenations is Ru/C (vide infra). 
In a number of studies, the catalytic activity of this catalyst for GVL synthesis 
was investigated with FA as the hydrogen source. Direct synthesis of GVL from 
C6-sugars source without an intermediate isolation of LA in trifluoroacetic acid 
(TFA) was proposed by Heeres et al. [49]. A maximum of 52 mol.% of GVL yield 
was obtained (water, 180°C,16 h) together with some unreacted LA (11%), the 
major by-products were insoluble humins. 

The catalytic performance of a range of metals on various supports for GVL 
synthesis from LA was studied using FA as a hydrogen source (water, 150°C, 
batch)  [170]. The effect of support materials was investigated mainly for Ru. 
 Similar activities for Ru/C and SBA-15 (ordered mesoporous SiO

2
) were observed 

(21-22 mol.% GVL yield), while metal oxide supported Ru catalysts showed 
a much lower activity and only trace amounts of GVL were detected (GVL yield 
below 3 mol.%). The activities of noble metals other than Ru (Pt, Pd and Au) sup-
ported on carbon were very low and for instance a max. 2 mol.% of GVL yield at 
13% LA conversion was found for Pt/C.

Au is known to be an excellent catalyst for the selective decomposition of 
FA [174] and this inspired Son to examine the use of various Au-supported cata-
lysts for LA hydrogenation with FA as the hydrogen donor (batch, water, 150°C). 
Among the catalysts tested, Au/ZrO

2
 showed the highest activity (74 mol.% yield 

of GVL after 5 h). Catalyst stability tests involving recycling of the catalyst in 
a batch set-up showed that catalyst stability is reasonably good as illustrated

Table 1.21 Literature overview on the hydrogenation of LA using heterogeneous catalysts and 

formic acid as a hydrogen source.

Catalyst Solvent
Reaction 
conditions

WHSV, 
gfeed/gcat·h

LA 
conversion, %

GVL yield, 
mol.%

Ref.

Batch set-up

Ru/C (5 wt.% Ru) TFAa-H2O
180°C, 50 bar, 
16 h

- n.a. 52 [49]

Au/ZrO2

H2O 150°C, 6 h -

100 99

[169]
Au/TiO2 n.a. 55

Au/SiO2 n.a. 1

Au/C n.a. trace

Ru/C (5 wt.% Ru)

H2O 150°C, 5 h -

29 21

[170]

Ru/SBA-15 (5 wt.% Ru) 31 22

Ru/Al2O3 (5 wt.% Ru) 16 3

Ru/TiO2 (5 wt.% Ru) 10 2

Ru/ZrO2 (5 wt.% Ru) 11 2

Pt/C (5 wt.% Pt)

H2O 150°C, 5 h -

13 2

[170]
Pd/C(5 wt.% Pd) 9 1.5

Au/C (5 wt.% Au) 13 1

Au/ZrO2 (5 wt.% Au) 96 74

Continuous set-up

Ru/C (5 wt.% Ru)
H2O

Packed-bed 
(downflow), 
150°C, 35 bar

- 35 34
[171]RuRe(3:4)/C

(15 wt.% RuRe)
- 15-40 14-38

RuSn (3,6:1)/C 
(5 wt.% RuSn)

2-sec- 
butyl-
phenol

Packed-bed 
(upflow), 220°C, 
35 bar

1.2 54 53

[168]1.5 46 43

2.8 27 24

Pd/C + Ru/C
(10 wt.% Pd
5 wt.% Ru)

Butane- 
H2O

Packed-bed 
(downflow), 
150°C, 35 bar

0.9 96 95 [172]

Ru-Sn(1:4)/C GVL
Packed-bed 
(upflow), 180-
260°C

0.36-2.4

180°C – 0.005 
mmol/min·gcat

260°C – 0.35
mmol/min·gcat

n.a. [51]

Ni/SiO2 (30 wt.% Ni) -
Fixed-bed, 
250°C, 1 bar

1 37 22 [157]

Cu/SiO2 (10-80 wt.% 
Cu)

Dioxane
Fixed-bed, 265°C, 
1 bar

0.512

10 wt.% Cu – 66
80 wt.% Cu - 83

10 wt.% 
Cu – 40
80 wt.% 
Cu - 81

[173]

Ni-Cu/SiO2 (20 wt.% Ni
60 wt.% Cu)

98 92

a TFA - trifluoroacetic acid; n.a. - information is not available
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by a small drop in GVL yield from 97 to 89 mol.% after 5 successive runs. Gold 
nanoparticles deposited on ZrO

2
 are a good catalyst for the hydrogenation of LA 

in water with FA as the hydrogen source (150°C, 6 h) [169]. Du found that the Au 
dispersion is of importance and Au/ZrO

2
 with small Au nanoparticles (1.8 nm) 

gave quantitatively LA conversion and GVLyield within 6 h batchtime. The 
catalyst was reused at least five times with a minimal decrease in the yield of 
GVL (95 mol.%). The use of TiO

2
 instead of ZrO

2
 resulted in a lower GVL yield 

(55 mol.%) under similar reaction conditions, while Au supported on silica and 
activated carbon were not active at all [169]. 

6.2.2. Overview of LA hydrogenations studies with FA in continuous 
set-ups

Braden et al. found that the performance of Ru/C for LA hydrogenation with FA 
in the presence of H

2
SO

4
 is lower than in its absence due to a slow deactivation 

of the catalyst by sulfuric acid  [171],[175],[176]. To obtain stable Ru catalysts in 
the presence of sulfuric acid, Re was used as the promotor [171]. The use of a cat-
alyst with 15 wt.% Ru-Re(3:4) on carbon showed stable activity in the presence 
of H

2
SO

4
 with a high selectivity to GVL (> 95%) after 150 h on stream with LA 

conversions between 15-40%. 
A similar approach to improve stability was proposed by Wettstein  [51]. In 

this study, LA was used which was contaminated with HCl and it was shown 
that HCl also has a negative effect on the performance of Ru. The Sn promoted 
Ru/C catalyst as a stable alternative to Ru/C was proposed and this bimetallic 
catalyst is also effective for hydrogenation of LA with FA. Stable LA conversion 
(0.17 mmol/min·g) was achieved in a continuous set-up for 26 h on stream (GVL, 
220°C, WHSV 0.36-2.4). 

Alonso et al. tried to solve the issue of catalyst deactivation by sulfuric acid 
in a different way. They showed that LA could be extracted from aqueous solu-
tions containing H

2
SO

4
 using 2-sec-butylphenol. The sulfuric acid has a very 

low affinity for the organic solvent and the subsequent hydrogenation reaction 
to GVL could now be carried out in this solvent with un-promoted Ru/C  [168]. 
However, hydrogenation of the C=C bonds in 2-sec-butylphenol was observed 
in combination with catalyst deactivation when using FA, even at low tempera-
tures. To eliminate these drawbacks, Sn was added to 5 wt.% Ru/C (Ru/Sn molar 
ratio of 3.6:1). The addition of Sn indeed improved the catalyst stability consid-
erably and, after slow deactivation over the first 100 h, stable performance was 
observed for more than 230 h. 

Gürbüz studied the hydrogenation of butyl levulinate (BL) to GVL with FA 
as the hydrogen source in butane-H

2
O at 150°C using a packed bed with two 

different catalyst (Pd/C followed by Ru/C)  [172]. The Pd/C was used to acceler-
ate the decomposition of FA  [177]. Good catalyst performance was observed, 
even with H

2
SO

4
 (0.01 M) in the feed, and a constant GVL production rate 

(0.05  mmol/min·g) was observed for 410 h on stream [172].
The hydrogenation of LA using FA as the hydrogen source with cheaper 

non-noble metal catalysts (Ni, Cu) was reported recently. Mohan et al. per-
formed studies on the hydrogenation of LA with FA over a Ni/SiO

2
 catalyst in 

a fixed-bed reactor (250°C, atmospheric pressure, solvent-free, WHSV = 1) [157]. 
37% LA conversion with 22 mol.% GVL yield were obtained and the catalyst 
demonstrated stable performance for 25 h on stream. Very recently, a highly sta-
ble Ni-promoted Cu on a SiO

2
 nanocomposite was studied for LA hydrogenation 

at atmospheric pressure using FA  [173]. The highest LA conversion (98% with 
92 mol.% of GVL yield) was obtained with Ni-Cu/SiO

2
 (20 wt.% Ni, 60 wt.% Cu). 

This catalyst also showed excellent stability for 200 h on stream.

6.3. Hydrogenation of LA using alcohols as the hydrogen donor

Aldehydes or ketones can be reduced to corresponding alcohols by a Meerwein- 
Ponndorf-Verley (MPV) reduction using alcohols as the hydrogen donor  [178]. 
This approach is also applicable for the hydrogenation of the ketone group of 
LA [179] (Figure 1.10). 

Figure 1.10 Catalytic transfer hydrogenation of levulinic acid and its esters to γ-valerolactone 

using alcohol as the hydrogen donor.
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Table 1.22 Literature overview on LA hydrogenation using heterogeneous catalysts and alco-

hols as a hydrogen source.

Catalyst
Solvent/
H2-donor

T, °C
Pressure, 
bar

Time
Substrate 
conversion, %

GVL yield, 
mol.%

Ref

Non-noble metal catalysts

ZrO2

2-Butanol 150 21 16 h

> 99.9 85

[180]

γ-Al2O3 37 30

CeZrOx 20 16

MgO/Al2O3 17 15

MgO/ZrO2 13 8

ZrO2

1-butanol
150 21 16 h

61 3
[180]

Ethanol 98 49

Raney Ni 2-Propanol r.t.a n.a. 9 h n.a. > 99 [181]

Zr(OH)4

Ethanol 200 1 1 h

51 43

[182]

La(OH)3 25 15

Ca(OH)2 55 14

Ba(OH)2 92 8

Fe(OH)3 13 7

Al(OH)3 10 5

Mg(OH)2 11 5

Sn(OH)4 13 1.5

Cr(OH)3 6 1

Ni(OH)2 3 1

NaOH 100 0

Zr-Beta-100

2-Propanol 82

n.a.

18 h 6 4

[183]
2-Butanol 100 18 h 77 72

2-Pentanol 100 18 h 58 55

Cyclohex-
anol

150 6 h 100 82

Noble metal catalysts

Pt/C
2-Propanol r.t. n.a. 9 h

n.a. 1
[181]

Ru/C n.a. 27

Pd/C + KOH 
(5 wt.% Pd)

-

microwave n.a. 50 s

n.a. 86

[184]

Methanol n.a. 32

2-Propanol n.a. 83

1-Butanol n.a. 65

2-Butanol n.a. 71

Ru/C (5 wt.% Ru)

2-Propanol
microwave
(140°C)

n.a. 0.5 h

43 41

[185]

Ru/CNT (5 wt.% Ru) 16 12

Ru/TiO2 (5 wt.% Ru) 14 11

Ru/SiO2 (5 wt.% Ru) 5 2

Ru/Al2O3 (5 wt.% Ru) 3 0

RuCl3·xH2O 10 1

a r.t. - room temperature; n.a. - information is not available

During reaction, the initial LA may be converted (partly) to the correspond-
ing ester and as such both acids and esters may be involved in ketone reduc-
tion. In the last 5 years a number of LA hydrogenation studies were reported 
with alcohols as the hydrogen donor in the presence of heterogeneous catalysts 
(Table 1.22).

The first reports are from 2011 when Chia and Dumesic showed that inex-
pensive metal oxides are suitable catalysts for the transfer hydrogenation of LA 
with a secondary alcohol (2-butanol) at 150°C [180]. The most active oxide was 
ZrO

2 
and quantitative conversion of LA was observed with 85 mol.% GVL yield. 

It was shown that primary alcohols (1-butanol and ethanol) are less suitable and 
quantitative LA conversion could not be obtained (60.5 and 98%, respectively). 
In addition, the GVL yield was significantly lower than for secondary alcohols 
(42-49 mol.%). Main byproducts were self-condensation products of the alde-
hyde formed after dehydrogenation of the hydrogen donor, and those formed 
by reactions of the aldehyde with levulinate esters. It was also shown that the 
reaction is slower when using LA instead of LA-esters, which was explained by 
assuming strong binding of the acid group of LA to basic sites on amphoteric 
ZrO

2
  [186], which have been proposed to be the active sites for the MPV reac-

tion  [187]. The stability and reusability of the ZrO
2
 catalyst were examined in 

a continuous flow reactor  [180]. The catalyst showed some deactivation in the 
first 100 h on stream and then stable performance was obtained. The initial cat-
alyst activity was fully regenerated after a calcination of the spent catalyst in air 
at 450°C. 

The use of metal hydroxides and particularly Zr(OH)
4
 for transfer hydrogena-

tions of ethyl levulinate (EL) to GVL was explored by Tang et al. [182]. The GVL 
yields were moderate (43.1 mol.%) when using ethanol as the hydrogen donor at 
an EL conversion of 50.9% (200°C, 1 h). Better performance was obtained with 
2-butanol and 2-propanol with an EL conversion of 91.9 and 93.6%,  respectively. 
The stability of the Zr(OH)

4
 catalyst in ethanol at 240°C was investigated in 

batch using recycle experiments [182]. Some deactivation after the first run was 
observed as was evident from a decrease in the EL conversion (from 90 to 78%). 
Catalyst deactivation was shown to be caused by carbon depositions and coke 
formation on the catalyst surface, what was proven by FT-IR, elemental analysis 
and N

2
-physisorption. 

Zirconium impregnated Beta zeolites were also examined as catalysts for 
LA conversion to GVL using secondary alcohols as the hydrogen source [183]. 
Zr-Beta zeolites with different Si/Zr ratios were tested and best results were 
obtained with Zr-Beta-100, with quantitative conversion and 96 mol.% GVL 
yield (118°C, 10 h). 
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Raney Ni showed excellent catalytic performance for the transfer hydrogena-
tion of EL to GVL using 2-propanol as hydrogen donor at room temperature [181]. 
After 9 h reaction with Raney Ni in argon > 99 mol.% GVL yield was achieved, 
which is considerably better than for supported noble metal catalysts (maxi-
mum 27 mol.% of GVL yield for Ru/C and 1 mol.% GVL yield for Pt/C). It was 
shown that air and water have a negative effect on the reaction. 

The use of microwave has been reported recently to improve catalyst activity 
for supported noble metal catalysts for the CHT reaction of LA. Mixture of LA, 
Pd/C and two equivalents of KOH in ethanol under microwave heating for 50 s 
produced GVL as sole isolable product in 86 mol.% yield [184]. Performance in 
2-propanol and 2-butanol was slightly worse than in ethanol. The Pd/C catalyst 
showed negligible loss in catalytic activity after 2 recycles. The positive influ-
ence of microwave heating for the reduction of LA and its esters in the presence 
of secondary alcohols and Ru-supported catalyst was also reported by Al-Shaal 
et al.  [185]. Hydrogenation of LA with 2-propanol over Ru/C catalyst under mi-
crowave heating was more rapid than in a conventional autoclave at 140 and 
160°C. Almost quantitative yield of GVL was observed under microwave heating 
after 1 h at 140°C, while considerable longer reaction times (3 compared to 1 h) 
were required for the same GVL yield using conventional heating [185]. 

7. Thesis outline

As is evident from the introduction given above, the conversion of LA to GVL 
has been studied in great detail the last 5 years. However, the focus has been 
mainly on exploratory catalyst screening studies in particularly batch set ups, 
and more applied studies are close to absent. For instance, detailed kinetics 
studies on the rate of the hydrogenation reaction are very scare, though these 
are essential for the design of efficient reactor configurations. In addition, stud-
ies on catalyst particle level to understand the interplay between mass transfer 
and the intrinsic rate of the hydrogenation reaction have not been reported, 
which is of particular relevance for scale up when larger, mm sized catalyst par-
ticles are used instead of fine powders. The primary objective of this thesis is to 
bridge the gap between fundamental studies on molecular level and those re-
quired for the efficient design of reactors and processes for GVL synthesis. The 
majority of the experiments are performed in water, an example of an environ-
mentally benign solvent, which has shown to be a particularly good solvent for 
LA hydrogenation (vide supra) in combination with Ru, the benchmark catalyst 
for LA hydrogenation.  

In Chapter 2, the effect of various supports for Ru-based catalysts on LA 
hydrogenation to GVL using molecular hydrogen in a batch set-up is reported. 
Catalyst activity and the selectivity to GVL, two important performance crite-
ria, were determined and the best catalysts for subsequent studies were selected. 
In addition, relevant catalytic properties were determined and attempts were 
made to determine correlations between catalyst properties and performance.

In Chapter 3, a systematic study on the influence of several important vari-
ables in the catalyst preparation procedure for the hydrogenation of LA with 
a Ru on titania (anatase) catalyst is provided. Catalyst activity and selectivity 
to GVL were determined in both water and dioxane, the latter being a typical 
example of an organic solvent. Catalyst characterization were carried out to 
rationalize the results and provided important insights in the relation between 
catalyst performance and catalyst preparation procedure.

A detailed kinetic study on the conversion of LA to GVL using a benchmark 
Ru/C catalyst is reported in Chapter 4. Reaction conditions like temperature, hy-
drogen pressure and initial LA concentration were varied in a systematic man-
ner. The experimental data for the hydrogenation of LA to 4-HPA were modeled 
using a Langmuir-Hinshelwood model, the ring-closure of 4-HPA to GVL as 
an acid catalyzed equilibrium reaction.

In Chapter 5 an experimental study on the catalytic hydrogenation of LA in 
a continuous packed bed reactor is reported using mm sized particles. Process 
conditions like temperature and initial concentration of LA were varied, and the 
effects on the LA conversion and GVL selectivity were determined.  Subsequently, 
support effects and Ru loading were probed at benchmark conditions. Catalyst 
deactivation was investigated, and the catalysts were analyzed in detail to gain 
insight in possible deactivation pathways. Finally, effects of mass-transfer on 
catalyst performance and particularly intra-particle hydrogen and levulinic acid 
diffusion limitations were assessed experimentally by performing experiments 
with different particle sizes.
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Abstract

γ-Valerolactone (GVL) has been identified as a sustainable platform chemical 
for the production of carbon-based chemicals. Here we report a screening study 
on the hydrogenation of levulinic acid (LA) to GVL in water using a wide range 
of ruthenium supported catalysts in a batch set-up (1 wt.% Ru, 90°C, 45 bar of 
H

2
, 2 wt.% catalyst on LA). Eight monometallic catalysts were tested on carbon 

(C, CNT) and inorganic supports (Al
2
O

3
, SiO

2
, TiO

2
, ZrO

2
, Nb

2
O

5
 and Beta-12,5). 

The best result was found for Ru/Beta-12.5 with almost quantitative LA con-
version (94%) and 66% of GVL yield after 2 h reaction. The remaining product 
was 4-hydroxypentanoic acid (4-HPA), which was obtained with 30% selectiv-
ity (28 mol.% yield). In addition, also very promising results were obtained for 
Ru/TiO

2
 (1 wt.% Ru), giving 93% LA conversion with 85 mol.% of GVL yield and 

14 mol.% of 4-HPA. Catalyst activity for a bimetallic RuPd/TiO
2
 catalyst was by 

far lower than for the monometallic Ru catalyst (9% conversion after 2 h). The 
effects of catalyst structure (average Ru nanoparticle size, BET surface area, mi-
cropore area and total acidity) on catalyst performance were determined and 
quantified.

Keywords: levulinic acid hydrogenation; γ-valerolactone; Ru-catalysts

Piskun, A.S.; Winkelman, J.G.M.; Tang, Z.; Heeres, H.J. Support screening studies on the hy-

drogenation of Levulinic acid to γ-Valerolactone in water using Ru catalysts. Catalysts 2016, 

6(9), 131-151.

1. Introduction

The conversion of biomass into platform molecules with a broad application 
range has attracted a great deal of attention in the last decade  [1]. One of the 
interesting and promising examples of a platform molecule is γ-valerolactone 
(GVL). It has a large potential application range, including the use as solvent, 
 intermediate in fine chemicals synthesis and as a fuel (additive). 

An efficient method for the synthesis of GVL involves the catalytic hydro-
genation of levulinic acid (LA). The latter can be obtained by the dehydration 
of C6-sugars in acidic media  [2],[3]. The catalytic hydrogenation of LA is pro-
posed to involve a two-step sequence: a metal-catalyzed hydrogenation of LA to 
4-hydroxypentanoic acid (4-HPA), followed by an acid-catalyzed intra-molecular  
esterification to GVL (Scheme 2.1). 

Scheme 2.1 Reaction scheme for the catalytic hydrogenation of LA to GVL.

Extensive research has been performed on the hydrogenation of LA to GVL 
using homogeneous  and (mostly) heterogeneous catalysts  [2],[4]. Especially, 
supported metal catalysts have received high attention. Manzer [5] screened the 
catalytic activity of Ir, Rh, Pd, Ru, Pt, Re and Ni supported on activated carbon 
(5 wt.%) and showed that Ru was among the most active and selective for GVL 
formation. 

Most studies involve the use of Ru on a carbon support in various solvents 
(among others water, dioxane, alcohols, DMSO, and various solvent combina-
tions) and excellent yields of GVL have been reported (> 99%, Table 2.1). Water 
is the most environmentally friendly and easily available solvent for the reac-
tion and a number of studies have been reported in water [6],[7],[8]. 

For Ru/C, slow though irreversible deactivation was observed in water, due to Ru 
sintering and a reduction in the BET surface area due to coke deposition [17]-[19].  Other 
forms of carbon, like carbon nanotubes and few-layer graphene (FLG), have also 
been identified as promising support materials for many metalcatalysts [9],[20],[21]. 
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Table 2.1 Literature overview on LA hydrogenation in batch set-ups using carbon-supported 

ruthenium catalysts.

Catalyst Add. Solvent T, °C
H2,  
bar

Time, 
h

LA 
conversion, %

GVL 
selectivity, %

Ref

Ru/C 
(5 wt.% Ru)

- Dioxane 150 55 2 80 92 [5]

Ru/C
(5 wt.% Ru)

-

H2O

130 12 2.7

99.5 87

[6]

Methanol 99 85

Ethanol 76 81

1-Butanol 49 82

Dioxane 99 98

Methanol+H2O 96 88

Ethanol+H2O 99 90

Butanol+H2O 99 76

Ru/C 
(3 wt.% Ru)

- H2O 90 45 1 100 98 [8]

Ru0.9Ni0.1/OMCa 
(0.56 wt.% Ru
0.08 wt.% Ni)

- H2O 150 45 2 99 97 [9]

Ru/C 
(5 wt.% Ru)

- H2O 180 30 12 100 57 [10]

Ru/C 
(5 wt.% Ru)

-
H2O
(0.08 wt.%)

130 20.6 49.5 51 > 99 [14]

Ru/C 
(5 wt.% Ru)

-
H2O 70 30 3

48 98
[12]

A 70b 100 99

Ru/C 
(5 wt.% Ru)

- Methanol 130 12 2.7 92 99 [13]

Ru/C
(5 wt.% Ru)

-

Methanol

130 12 2.7

93 99

[14]

1-Butanol 0 0

Benzaldehyde 0 0

DMSO 0 0

Dioxane 4 0

Ru/Starbon
(5 wt.% Ru)

- Ethanol+H2O 100 10 2.2 > 99 < 5 [15]

Ru/C
(5 wt.% Ru)

[BMIm-SH]
[HSO4] Methanol 130 34.5 2

99 68

[16]
A 15c 99 14

SO4-ZrO2 99 18

a OMC - ordered mesoporous carbon; b A70 - Amberlyst 70; c A15 - Amberlyst 15

Advantages of CNT’s as a support compared to active carbons are a higher cata-
lyst stability and lower intra-particle diffusion limitations of reactants [22]. For 
LA hydrogenations in water, iridium nanoparticles supported on CNT were ex-
amined at mild reaction conditions (50°C and 20 bar of hydrogen) resulting in 

excellent performance with quantitative LA conversion and 99% GVL selectivi-
ty within 1 h [9]. In the same study, ruthenium nanoparticles on CNT resulted in 
65% LA conversion with 100% GVL selectivity. Graphene is a promising catalyst 
support due to its excellent thermal and chemical stability, high surface area and 
low cost. The ability of Ru/FLG (2 wt.%) to catalyze LA hydrogenation to GVL 
was recently demonstrated  [21]. In this study quantitative LA conversion with 
100% GVL selectivity was obtained in water at room temperature (40 bar H

2
, 

12 h). Catalyst showed stable performance within 5 runs at the same reaction 
conditions. 

Metal oxides (SiO
2
, Al

2
O

3
, Nb

2
O

5
, ZrO

2
, TiO

2
) have also been tested as a sup-

port for LA hydrogenation with Ru as the active metal (Table 2.2). One of the 
major advantages of metal oxides as a support is the possibility for oxidative 
catalyst regeneration due to their high stability at oxidative decoking conditions. 
However, for some of the supports (Al

2
O

3
 and SiO

2
), the stability at hydrother-

mal conditions, particularly at elevated temperatures and acidity, is known to be 
limited, which is of relevance for LA hydrogenations carried out in water [6],[23]. 
TiO

2
 and ZrO

2 
seem to be very promising supports, as was evident from a study 

by Lange et al. [24]. 
Zeolites have also been considered as promising supports for LA hydrogena-

tion reactions. Luo et al. investigated the activity, selectivity and stability of ruthe-
nium nanoparticles on strongly acidic zeolites like H-ZSM-5 and H-Beta-12.5 [25]. 
The reactions were carried out at elevated temperatures (40 bar H

2
, 200°C) in di-

oxane. Full LA conversion was achieved in both cases for 4 h reaction time but, in 
addition to GVL, other hydrogenation products (pentanoic acid) and correspond-
ing esters were obtained in considerable amounts. The selectivity to GVL was 
around 60% for Ru/H-Beta-12.5 and around 50% for Ru/H-ZSM-5. More recently, 
the same group investigated the influence of the ZSM-5 cation form (H+ versus 
NH

4
+), Si/Al ratio and Ru precursor on metal dispersion and acidity on products 

yields in LA hydrogenation reaction [26]. The best results in terms of GVL yield 
(91.6% after 10 h) were obtained using Ru/H-ZSM-5-11.5 catalyst with 1 wt.% Ru, 
prepared with a RuCl

3
 precursor from H+-cation form of ZSM-5 zeolite. 

The one pot conversion of whole biomass or C6 sugars derived thereof to 
GVL is of high interest to eliminate expensive separation steps of the interme-
diate LA. It requires the use of an acid catalyst in combination with a hydroge-
nation catalyst. For instance, Heeres et al. have reported a one-pot synthesis of 
GVL from fructose using trifluoroacetic acid (TFA) and Ru/C as the catalysts [32]. 
A maximum GVL yield of 62 mol.% (based on fructose) at complete conversion 
of fructose was obtained under optimized reaction conditions (180°C, 94 bar H

2
,
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Table 2.2 Literature overview on LA hydrogenation in batch set-ups using supported ruthe-

nium catalysts (excluding carbon).

Catalyst Add. Solvent T, °C
H2,  
bar

Time, 
h

LA 
conversion, %

GVL 
selectivity, %

Ref

Ru/SiO2

(5 wt.% Ru)
-

Ethanol
130 12 2.7

83 93
[6]

Ethanol+H2O 98 77

Ru/Al2O3

(5 wt.% Ru)
-

Ethanol
130 12 2.7

38 86
[6]

Ethanol+H2O 95 80

Ru/TiO2 (Rutile) 
(5 wt.% Ru)

Ethanol
130 12 2.7

0 -
[6]

Ethanol+H2O 0 -

Ru/TiO2 (P25)
(5 wt.% Ru)

Ethanol
130 12 2.7

68 92
[6]

Ethanol+H2O 81 88

Ru/TiO2 
(1 wt.% Ru)

-
H2O 70 50 1

99 95
[7]

THFa 0 0

Ru/Nb2O5

(1 wt.% Ru)
- Dioxane 200 40 4 72 86 [25]

Ru/TiO2

(1 wt.% Ru)
- Dioxane 200 40 4 100 92 [25]

Ru/Beta-12.5
(1 wt.% Ru)

- Dioxane 200 40 4 100 60 [25]

Ru/H-ZSM-5-11.5 
(1 wt.% Ru)

- Dioxane 200 40 10 100 70 [26]

Ru/Al2O3

(5 wt.% Ru)

-
H2O 70 30 3

24 96
[12]

A 70b 57 98

Ru/SiO2

(5 wt.% Ru)
scCO2 H2O 200 100 n.a. 98 > 99 [27]

Ru/Al2O3 
(5 wt.% Ru)

scCO2 - 150 145 n.a. 99 99 [28]

RuPd/TiO2

(1 wt.% Ru)
- Dioxane 200 40 0.5 99 99 [29]

Ru/HAPc

(5 wt.% Ru)
-

H2O

70 5 4

99 99

[30]
Ethanol 92 76

Ethanol+H2O 92 82

Toluene 30 92

Ru/SPESd 
(2 wt.% Ru)

- H2O 70 30 2 88 99 [31]

a THF - tetrahydrofuran; b A70 - Amberlyst 70; c HAP - hydroxyapatite; d SPES - polyethersul-

fone; n.a. - information is not available

8 h). The direct synthesis of GVL from giant reed was achieved by treatment of 
the biomass in water  with HCl and Ru/C as the catalysts) [33]. Under mild reac-
tion conditions (70°C, 30 bar H

2
, 5 h) 83 mol.% of GVL was obtained (on basis of 

C6 sugars in the giant reed) with full LA conversion. The using of formic acid as 

an acid catalyst and hydrogen source in the transformation of fructose to GVL 
was investigated using gold-based catalysts (150°C, 5 h)  [34]. Highest GVL yield 
was obtained with Au/ZrO

2
 (48%) and Au/C (47%) catalysts.

On the basis of the available literature, we can conclude that a large number 
of supports have been tested for the hydrogenation of LA to GVL in water and 
organic solvents. However, a proper comparison is difficult as most studies are 
focused on one support only and a limited number of systematic studies with 
different supports is available. Recently, Abdelrahman reported an experimental 
study on LA hydrogenation in water in a continuous packed-bed reactor using 
Ru on four different supports (C, SiO

2
, γ-Al

2
O

3
 and TiO

2
) [17]. The initial intrinsic 

hydrogenation activity was shown to be essentially independent of the support 
type under the prevailing conditions.  

We here report an experimental study on the catalytic hydrogenation of LA 
with Ru based catalysts on various supports (C, CNT, SiO

2
, Al

2
O

3
, TiO

2
, ZrO

2
, 

Nb
2
O

5
 and Beta-12,5) in water in a batch set-up. The reaction conditions and 

catalyst loading were all similar, allowing for a proper comparison in catalyst 
performance. Catalyst activity and the selectivity to GVL, two important per-
formance criteria, were determined and the best catalyst for subsequent studies 
was selected. In addition, relevant catalytic properties were determined and cor-
relations between catalyst properties and performance were investigated. 

2. Experimental section

2.1. Materials

Levulinic acid (purity > 98%, less than 1 wt.% H
2
O) and dioxane (purity > 99%) 

were purchased from Acros Organics, deuterium oxide (purity 99.9%) and urea 
(8 M) were purchased from Sigma-Aldrich. Hydrogen and nitrogen gas were 
from Linde Gas (purity > 99.9%). 

Catalysts precursors were supplied by Alfa Aesar (RuNO(NO
3
)

3
) and Sigma- 

Aldrich (RuCl
3
·xH

2
O (35-40 wt.% Ru), PdCl

2
 (< 99%)). All chemicals were used 

without purification. 
Catalysts supports: TiO

2
 (powder, anatase, ≥ 99%, average particle diame-

ter as measured by SEM was 156 nm) and carbon nanotubes (multi-walled, O.D. 
6-9 nm length, 5 μm diameter, > 95% carbon) were supplied by Sigma-Aldrich. 
γ-Al

2
O

3
 was from Albemarle catalysts B.V., ZrO

2
 (monoclinic, Daiichi Kikenso RC-

100) was purchased from Degussa, SiO
2
 (FUJI G6-5) was supplied by Fuji Silycia 
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Chemical Ltd. The Nb
2
O

5
 support was obtained by calcination of niobic acid 

(HY-340, CBMM) at 400°C for 4 h under air flow; H-Beta-12.5 (CP814E, Si/Al=12.5, 
Zeolyst) was converted into the H-form by heating the samples to 120°C for 1 h 
followed to 550°C for 4 h.

A commercial Ru/C catalyst (1 wt.% Ru) was obtained from Evonik (d
10

 = 5 μm, 
d

50
 = 25 μm, d

90
 = 75 μm). Ruthenium is well dispersed and, according to TEM 

measurements, the Ru nanoparticles have an average diameter of 1-2 nm. 

2.2. Catalysts preparation

Ru/CNT, Ru/TiO
2
, Ru/ZrO

2 
(1 wt.% Ru) were prepared by a standardized proce-

dure using a wet impregnation protocol. The support was dried (120°C for 4 h 
in air) before use. The required amount of the precursor (RuCl

3
·xH

2
O) was dis-

solved in an excess of water at stirring (1100 rpm) for 30 minutes at 30°C to ob-
tain a homogeneous solution. The support was added to the precursor solution 
in small portions under stirring. Subsequently, the temperature was increased 
to 85°C and kept at this value till complete water evaporation (after about 19 h). 
After the impregnation, the catalyst was reduced. Reduction was performed us-
ing a Micrometrics AutoChem II 2920 system at 400°C (heating rate 2°C/min) in 
a N

2
/H

2
 atmosphere (10% H

2
, total gas flow = 100 ml/min) for 4 h. 

Ru/Al
2
O

3
 and Ru/SiO

2
 (1 wt.% Ru) were prepared by a homogeneous depo-

sition precipitation method as described by Toebes et al.  [35]. A suspension 
(pH 2.0) of 1.25 g of support in demi water was heated up to 90°C, and 0.39 g of 
urea and 0.03 g of RuCl

3
·xH

2
O were added under vigorous stirring. The pH of 

the slurry was monitored continuously using a pH meter. After 6 h the catalysts 
were filtered and washed thoroughly with demi water, dried at 120°C, and cal-
cined at 500°C for 8 h (heating rate 4°C/min). 

Ru/Nb
2
O

5
 and Ru/Beta-12.5 (1 wt.% Ru) were prepared by wet impregnation 

using aqueous solutions of ruthenium nitrosyl nitrate (RuNO(NO
3
)

3
). After evap-

oration of the water, the catalysts were dried at 60°C K overnight, calcined at 
500°C for 4 h under N

2
 (100 mL/min), followed by reduction at 400°C, for 6 h, 

under a H
2
 flow (80 mL/min).

The bimetallic RuPd/TiO
2
 catalyst with equimolar metal ratios (1 wt.% of 

both metals) was synthesized via a modified wet impregnation method that in-
volves the use of an excess of chloride anions [29]. The precursor (RuCl

3
·xH

2
O) 

was dissolved in deionized water to form an aqueous solutions with the pre-
set ruthenium concentration. The PdCl

2
 salt was dissolved in 0.5 M HCl under 

vigorous stirring and gentle warming to obtain an aqueous solution with the 
desired palladium concentration. This solution was slowly cooled and used as 
the palladium precursor. In a typical catalyst synthesis, the required amount 
of precursor solution was charged into a round bottomed flask equipped with 
a magnetic stirrer, after which the required amount of concentrated HCl (37.5%) 
was added. Subsequently, the volume of the precursor/HCl solution was diluted 
to 25 mL using water to obtain a final HCl concentration of 0.5 M in deionized 
water. The round bottom flask was submerged in a temperature controlled oil 
bath and the mixture was then agitated vigorously at 25°C. To the stirred pre-
cursor solution, the required amount of the support was added very slowly with 
constant stirring at 25°C over a period of 30 min. After complete support addition, 
the slurry was stirred vigorously and then the temperature was raised to 85°C. The 
slurry was stirred at this temperature overnight until all water was evaporated. 
The solid powder obtained, denoted as the “dried sample”, was grounded thor-
oughly and then reduced in a furnace at 450°C under a flow of 5% H

2
/He for 4 h.

2.3. Analysis

Nitrogen physisorption experiments were carried out using a Micromeritics ASAP 
2020 at −196.2°C. The samples were degassed in vacuum at 200°C for 10 h. The 
surface area was calculated using the standard BET method (SBET). The single 
point gas adsorption pore volume (VT) was calculated from the amount of gas ad-
sorbed at a relative pressure of 0.98 in the desorption branch. The pore size distri-
butions (PSD) were obtained from the BJH method using the adsorption branch of 
the isotherms. The mean pore size was taken as the position of the PSD maximum. 
The t-plot method was employed to quantify the micropore volume (V

m
).

Temperature programmed desorption of ammonia (NH
3
-TPD): surface concen-

trations of acidic sites were determined by temperature programmed desorption 
of ammonia (NH

3
-TPD). Before TPD experiments, the catalysts (∼50 mg) were 

pretreated at 300°C at a heating rate of 10°C/min for 30 min. Then samples were 
cool down to 100°C under helium flow. In the next step samples were saturated 
for 60 min in flow of a gas mixture containing 1% of NH

3
/He at 100°C. Then, the 

samples were purged in helium flow until a constant baseline level was attained. 
TPD measurements were performed in the temperature range 100–600°C at 
a rate of 10°C/min using helium as carrier flow. The evolved ammonia were de-
tected by an on-line thermal-conductivity detector, calibrated by the peak area 
of known pulses of NH

3
.
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Transmission Electron Microscopy (TEM) measurements in bright field mode 
were conducted with a CM12 microscope (Philips, Eindhoven, The  Netherlands), 
operating at 120 keV. Samples were made by ultra-sonication in ethanol and 
dropping the suspension onto carbon coated 400 mesh copper grids.  Images 
were taken on a slow scanning CCD camera. The metal particle distribu-
tion is calculated by measuring at least 100 particles with the software Nano 
Measurer 1.2.

X-ray fluorescence (XRF) measurements to determine the Ru loading on the 
supports were carried out using an XRF (Bruker S8 Tiger) using a 4 kW Rhodium 
tube and 8 mm masks. 

2.4. Catalytic hydrogenation experiments of LA

The hydrogenation reactions were performed in a stainless steel batch autoclave 
(100 ml, Parr Instrument Company). The mantle of the autoclave was equipped 
with electric heating rods and a cooling coil (using water) for proper tempera-
ture control. The reactor content was stirred using an overhead stirrer ( Heidolph, 
RZR 2102 control). The temperature and pressure were measured online with 
a Eurotherm 2208e. The reactor was equipped with a dip-tube to allow for liquid 
sampling during the reaction.

LA dissolved in water (40 ml, 0.6 M) and catalyst (0.06 g, 2.0 wt.% on LA) 
were introduced in the autoclave. The stirrer was started (2000 rpm) and the 
system was flushed with nitrogen for 5 minutes. The mixture was heated to the 
desired temperature and subsequently hydrogen was admitted to the reactor to 
45 bar. This moment is set as t = 0 min. During the reaction, hydrogen was ad-
mitted to the reactor to keep the pressure constant at 45 bar. 

2.5. Determination of the concentrations of LA, GVL and 4-HPA

The composition of a reaction mixture (LA, 4-HPA and GVL) was determined 
quantitatively by 1H-NMR. This was shown to be the best method to quantify 
4-HPA, which is difficult to determine using GC and HPLC. A sample (approxi-
mately 200 µL) was weighed, dissolved in D

2
O and dioxane (internal standard, 

10 µL) was added. All spectra were integrated using MestReNova software. The 
number of moles of a component A in the sample was calculated using Eq. 2.1:
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where NA is the number of hydrogen atoms of the NMR resonances used for the calculation (δ 2.1

ppm for LA (3 hydrogen atoms), δ 1.03 ppm for 4-HPA (3 hydrogen atoms), δ 1.3 ppm for GVL (3

hydrogen atoms)) and NS is 8, being the number of hydrogen atoms of dioxane at δ 3.6 ppm. The

concentrations of LA, GVL and 4-HPA in the samples were calculated using Eq. 2.2.  =
    ×    (2.2)

Where Vt is the volume of the mixture in NMR tube and Df the dilution factor, which was

calculated as follows (Eq. 2.3):  =
         ℎ                    +            +                                   ℎ                     (2.3)

2.6. Determination of the initial rates 
The initial reaction rate was determined from the experimentally obtained concentration-

time profiles using a procedure given by Fogler [36]. For this purpose, the concentration time profile

was modeled using a higher order polynome. The initial rate was determined by differentiation of

the polynome and setting the value for the time at zero.

 (2.1)

where N
A
 is the number of hydrogen atoms of the NMR resonances used for the 

calculation (δ 2.1 ppm for LA (3 hydrogen atoms), δ 1.03 ppm for 4-HPA (3 hydro-
gen atoms), δ 1.3 ppm for GVL (3 hydrogen atoms)) and N

S 
is 8, being the number 

of hydrogen atoms of dioxane at δ 3.6 ppm. The concentrations of LA, GVL and 
4-HPA in the samples were calculated using Eq. 2.2.
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Where V
t
 is the volume of the mixture in NMR tube and D

f
 the dilution factor, 

which was calculated as follows (Eq. 2.3):
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2.6. Determination of the initial rates

The initial reaction rate was determined from the experimentally obtained con-
centration-time profiles using a procedure given by Fogler [36]. For this purpose, 
the concentration time profile was modeled using a higher order polynome. The 
initial rate was determined by differentiation of the polynome and setting the 
value for the time at zero.
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Where XLA is the conversion of LA (mol.%); CLA,0 the initial concentration of LA (mol/L); CLA the

concentration of LA at a certain time t (mol/L); YGVL the yield of GVL (mol.%); Y4-HPA the yield of 4-HPA
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Where R0 is the initial reaction rate (mol/molRu·s) and DRu is the dispersion of ruthenium,

which was calculated using Eq. 2.8:    =
6 ×       ×     (2.8)

where VRu is the volume occupied by a bulk Ru atom (0.01365 nm3), aRu is an area per Ru atom

(0.0635 nm2) and dRu is the average diameter of a Ru particle (nm, taken from the TEM

measurements).

3. Results and discussion 

3.1. Catalyst characterization  
All Ru-based catalysts were characterized by ammonia-TPD, N2-physisorption and TEM. An

overview of the catalyst characterization results is presented in Table 2.3.
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Where X
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 is the conversion of LA (mol.%); C
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GVL
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4-HPA
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All Ru-based catalysts were characterized by ammonia-TPD, N2-physisorption and TEM. An

overview of the catalyst characterization results is presented in Table 2.3.

 (2.8)

where V
Ru

 is the volume occupied by a bulk Ru atom (0.01365 nm3), a
Ru

 is an area 
per Ru atom (0.0635 nm2) and d

Ru
 is the average diameter of a Ru particle (nm, 

taken from the TEM measurements).

3. Results and discussion

3.1. Catalyst characterization 

All Ru-based catalysts were characterized by ammonia-TPD, N
2
-physisorption 

and TEM. An overview of the catalyst characterization results is presented in 
Table 2.3. 

The Ru particle size distribution was determined by TEM and some repre-
sentative images are presented in Figure 2.1. All catalysts showed average Ru 
particle sizes smaller than 2 nm, except of Ru/Beta-12.5 (3.5 nm).  Unfortunately, 
the average Ru particle size of Ru/Nb

2
O

5
 could not be determined by TEM 

due to lack of contrast. The average size of the Ru particles for Ru/ZrO
2
 and 

Ru/SiO
2 

were also difficult to determine accurately, though it appears that these 
are small and on average below 1 nm. 

Table 2.3 Characterization of the fresh catalysts with 1 wt.% ruthenium loading.

Catalyst
Actual Ru 
content, 
wt. %b

Total acidity, 
μmol/gcat

Type of acid 
sites

Average Ru 
particle size 
(TEM), nm

Specific 
surface area, 
m2/g

Micropore 
surface area, 
m2/g

Ru/Beta-12.5 0.97 1070 weak, medium 3.5 515 329

Ru/CNT n.d.c 46 strong 1.1 272 14

Ru/C 1d 99 medium 0.9 911 487

Ru/TiO2 0.85 2.5 weak 1.4 13 0.8

Ru/SiO2 0.71 57
weak, medium, 
strong

n.d. 230 9.

Ru/Al2O3 1.2 38
weak, medium, 
strong

1.2 247 4.8

Ru/ZrO2 0.71 22 weak, medium n.d. 83 2.1

Ru/Nb2O5
a n.d. 140 weak n.d. 98 0

a ruthenium particle diameter of the Ru/Nb2O5 catalyst could not be determined by TEM due 

to lack of contrast; b by XRF or ICP (Ru-Beta-12.5); c n.d.: not determined; d commercial catalyst, 

value taken from supplier

(a) (b) (c)

Figure 2.1 TEM images of (a) Ru/CNT; (b) Ru/TiO2; (c) Ru/Beta-12.5 catalysts.

The total acidity of the catalysts, as determined by ammonia TPD, span a large 
range and vary from 2.5 to 1070 μmol/g (Table 2.3). The Ru/Beta-12.5 catalyst 
demonstrated the highest acidity (1070 μmol/g), whereas the acidity for Ru/TiO

2

was very low (2.5 μmol/g). The acidity of Ru/TiO
2
 is significantly lower than re-

ported in the literature for P25 TiO
2
, for which the total acidity is in the range of 

100-300 μmol/g
cat

 [25],[37]. However, comparison is cumbersome as we used pure 
anatase TiO

2
 in the present study. Total acidity data for pure anatase have, to the 

best of our knowledge, not been reported. In a recent paper, the acidic–basic prop-
erties of various TiO

2
 polymorphs were evaluated by means of a TPD method using 
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n-propylamine as a probe and a linear relationship between the total acidity and 
the BET specific surface area was demonstrated [38]. The Ru/TiO

2
 catalyst used in 

the present study has a low specific surface area (13 m2/g) compared to P25 (52 m2/g), 
and as such a low acidity is expected, in line with the experimental data  [38].  

The various types of acid sites may be classified by the abundance of peaks in 
certain temperature ranges and are ordered as weak (< 250°C), medium (250-400°C) 
and strong (> 400°C) acidic sites  [39]. The results for all catalysts based on the 
NH

3
-TPD profiles (Figure S2.1 in Appendices) are given in Table 2.3. Only weak 

acid sites were detected for the Ru/TiO
2
 and Ru/Nb

2
O

5
 catalysts, in line with lit-

erature [25]. Medium acid sites were observed for the Ru/C catalyst, with two de-
sorption peaks between 250 and 400°C, in agreement with literature data for Ru/C 
(5 wt.% Ru) [39]. Despite the lower total acidity of Ru/CNT compared to Ru/C, the 
acid sites are strong in nature (compared to medium acidity for Ru/C) The acidi-
ty and type of active sites for various Ru/CNT catalysts reported in the literature 
varies considerably and is known to be a function of the preparation procedure 
(e.g. acid pre-treatment conditions)  [40],[41]. Weak and medium acid sites were 
observed for the Ru/ZrO

2
 catalyst with two desorption peaks below 400°C (Fig-

ure S2.1 in Appendices), in line with literature data [42],[43]. For Ru/SiO
2
 and Ru/

Al
2
O

3
, all three types of acid sites are present. The acid sites on Ru/Beta-12.5 may 

be classified as weak and medium acid sites, in line with literature data [44]. 
The specific surface area and micropore surface area of the Ru-based cata-

lysts were determined using N
2
-physisorption and results are presented in Ta-

ble 2.3. The highest values were observed for the Ru/C catalyst. The presence of 
high amount of micropores together with a high specific surface area is common 
for catalysts supported on activated carbon [6],[17]. The specific surface area for 
Ru/CNT catalyst (272 m2/g) is lower than the value for Ru/C (911 m2/g), though in 
the range typically observed for multi-walled CNT (200-400 m2/g) [45]. A high 
specific surface area (515 m2/g) together with a high micropore surface area was 
also observed for Ru/Beta-12.5 catalyst. Typical literature values range from 
500 to 750 m2/g, and are known to be a function of amongst others, the Si/Al 
ratio, nature of the cation and metal loading [25],[46]. 

The specific surface areas of the oxide-supported ruthenium catalysts var-
ied from 13 to 247 m2/g. The lowest specific surface area was observed for the 
Ru/TiO

2
 catalyst, which is on the low site compared to the specific surface areas 

reported for most common TiO
2
 type P25 (40-60 m2/g). This is likely due to the 

fact that we used the anatase phase of the catalyst, whereas P25 is a mixture of 
the anatase and rutile phase. The specific surface areas for the other catalysts on 
inorganic supports are within the ranges reported in the literature [25],[47]-[49]. 

Figure 2.2 Typical concentrations profile for LA hydrogenation using Ru/C (1 wt.% Ru). Reac-

tion conditions: 90°C, 45 bar H2, CLA,0 = 0.6-0.7 mol/L, mcat = 0.06 g, stirring rate = 2000 rpm.  

3.2. Catalytic LA hydrogenation experiments

Catalytic LA hydrogenation experiments were carried out in water at 90°C, 
45 bar Hydrogen  pressure, a stirring speed of 2000 rpm, and a LA concentra-
tion of about 0.6 mol/L. The intended Ru loading on all catalysts was 1 wt.% on 
support, the actual loading varied between 0.71 and 1.2 wt% (Table 2.3). A typi-
cal concentration profile of the reaction using Ru/C is shown in Figure 2.2. Full 
LA conversion was achieved after 4.5 h with a GVL yield of 87%, the remainder 
 being 4-HPA. The 4-HPA concentration shows a maximum and this confirms 
that the hydrogenation of LA to GVL involves two-consecutive reactions, viz. 
the hydrogenation of LA to 4-HPA, followed by the intramolecular esterification 
of 4-HPA to GVL [8],[50]. The latter reaction in water is known to be an equilibri-
um reaction, of which the equilibrium position is a function of the temperature. 
Subsequent hydrogenation products of GVL (methyl-tetrahydrofuran (MTHF), 
1,4-pentanediol (PD), pentanoic acid etc.) were not detected for all catalytic 
experiments.

A plot of the LA conversion vs. reaction time for all catalysts is shown in Fig-
ure 2.3 and the results are summarized in Table 2.4. 
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Figure 2.3 LA conversion in the reaction with Ru-based catalysts (1 wt.% Ru). Reaction condi-

tions: 90°C, 45 bar H2, CLA,0 = 0.6-0.7 mol/L, mcat = 0.06 g, stirring rate = 2000 rpm.

Figure 2.4 Conversion of LA and yield of GVL and 4-HPA after 2 h batch time. Reaction con-

ditions: 90°C, 45 bar H2, CLA,0 = 0.6-0.7 mol/L, mcat = 0.06 g, stirring rate = 2000 rpm.

Table 2.4 Results of LA hydrogenation reaction in presence of ruthenium-based catalysts 

(1 wt.% Ru) in water in a batch set-upa.

Catalyst XLA, % SGVL, % YGVL, % S4-HPA, % Y4-HPA, %
[4-HPA]/
[GVL]

R0, 
molLA/min·gcat

R0, 
molLA/s·gRu

b

Ru/C 61 77 47 23 14 0.33 3.1×10-3 5.2×10-3

Ru/CNT 74 83 61 17 13 0.21 4.0×10-3 n.d.

Ru/SiO2 47 97 46 3 1 0.11 1.7×10-3 4.0×10-3

Ru/Al2O3 33 56 18 44 14 0.79 1.7×10-3 2.4×10-3

Ru/ZrO2 1 > 99 1 0 0 0 2.7×10-5 6.4×10-5

Ru/Nb2O5 2 > 99 2 0 0 0 5.4×10-5 n.d.

Ru/TiO2 44 85 37 15 7 0.18 1.9×10-3 3.8×10-3

Ru/Beta-12.5 94 70 66 30 28 0.41 5.2×10-3 8.9×10-3

RuPd/TiO2 9 51 5 49 4 0.96 4.1×10-4 n.d.

a Reaction conditions: 90°C, 45 bar H2, CLA,0 = 0.6-0.7 mol/L, mcat = 0.06 g, stirring rate = 2000 rpm, 

2 h; b Normalised on g Ru intake based on actual Ru loading of the catalyst as determined exper-

imentally (ICP, XRF); n.d. - not determined

Clear differences in catalytic activity were observed for the various catalysts, 
see Figure 2.3 for details. The most active in the series is Ru on Beta, with a 94% 
conversion of LA after 2 h. By far the lowest activity was found for Ru on ZrO

2
 

and Nb
2
O

5
 (< 5% LA conversion) For a better comparison, the activity in terms 

of the LA conversion after 2 h and the initial rates of the catalyst are provided in 
Table 2.4. Here, also the ratio of 4-HPA and GVL at the end of the run is provid-
ed. Good agreement between the two catalyst activity measures (initial rate and 
LA conversion after 2 h) was observed, see Figure S2.2 (Appendices). 

When considering the carbon supports, the catalytic activity of the Ru/CNT 
catalyst was higher than for Ru/C at the start of the reaction, see Figure 2.4 for 
details. However, after 4 h, the LA conversion for Ru/C was slightly higher than 
for Ru/CNT (96 and 91%, respectively). The concentration-time profile for Ru/C 
shows the peculiar features of an S-shaped curve. As such the initial activity is 
lower than expected and this could be due to a relatively slow in-situ activation 
of the catalyst (e.g. by molecular hydrogen). The yield of GVL after 4 h was rath-
er similar for both catalysts (80 and 81% respectively). Only 4-HPA was detected 
as an intermediate and the selectivity to both products was close to quantitative 
(100% for Ru/C and 99% for Ru/CNT).

The differences in initial rates for Ru/C and Ru/CNT may be related to the 
rate of catalyst activation by molecular hydrogen, which in turn is expected to 
be a function of the hydrogen adsorption capacity. CNTs are known for their 
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high H
2
 adsorption capacity compared to activated carbon  [45]. A higher cata-

lytic activity of metal catalysts supported on CNTs was also shown for LA hydro-
genation in water for iridium catalysts [9]. H

2
 temperature‐programmed desorp-

tion measurements (H
2
‐TPD) revealed that a significantly higher amount of H

2
 

was desorbed from Ir/CNT compared to Ir/C. This higher hydrogen adsorption 
capacity for CNTs was put forward as the reason for its superior performance for 
LA hydrogenation to GVL [9]. 

When considering the inorganic supports, major differences in catalyst 
performance were observed. The lowest activity was found for the Ru/ZrO

2
 

and Ru/Nb
2
O

5
 catalysts and the LA conversion for these catalysts after 2 h batch 

time was only 1 and 2%, respectively. Improved performance was found for 
Ru/Al

2
O

3
 with 33% LA conversion after 2 h. The best results were obtained with 

Ru/SiO
2
 and Ru/TiO

2
 (47 and 44%, respectively), though the activity is less than 

found for Ru/C.  
The best catalytic performance of the 8 catalysts was observed for Ru-Beta-12.5. 

Almost full LA conversion (94%) was achieved within 2 h, compared to 4 h for 
Ru/C. The selectivity to 4-HPA and GVL was quantitative for both catalysts. The 
yield of GVL after 2 h was higher for Ru/Beta-12.5 (66%) than for Ru/C (47%), 
which is, among others, due to different LA conversion levels (vide infra). Good 
catalytic activity of this zeolite based catalyst was also demonstrated for LA hydro-
genations in dioxane at 200°C [25]. However, at these more severe reaction condi-
tions, subsequent GVL hydrogenation products were observed, viz. pentanoic acid 
and pentenoic esters. At the milder reaction conditions applied in present study, 
over hydrogenation does not occur and only GVL and 4-HPA were observed. 

Thus, it is evident that the support structure has a major impact on the activ-
ity of the catalysts and major differences in activity are observed. 

3.3. LA hydrogenation with a bimetallic catalyst

A recent study by Luo et al. revealed positive effects of the use of bimetallic 
Ru based catalysts when using dioxane as the solvent, particularly when con-
sidering catalyst activity  [29]. Therefore, we have also included a bimetallic 
RuPd/TiO

2
 catalyst in this catalyst screening study (Figure 2.5). 

The addition of Pd to Ru/TiO
2
 resulted in a lowering of the catalytic activity. 

After 5 h, the LA conversion was 93% for the monometallic catalyst compared 
to 34% for the bimetallic catalyst. As such, the yield of GVL for the bimetallic 
catalyst was significantly lower (32%) than for the monometallic one (83%). In

Figure 2.5 LA conversion versus time for the bimetallic RuPd/TiO2 catalyst. Reaction condi-

tions: 90°C, 45 bar H2, CLA,0 = 0.6-0.7 mol/L, mcat = 0.06 g, stirring rate = 2000 rpm. 

addition, the GVL to 4-HPA ratio also differed considerably for both catalysts. 
This reduced activity upon the addition of Pd is not in line with recent studies 
on LA hydrogenation in dioxane at 200°C. Here, the bimetallic catalyst showed 
higher catalytic activity, stability and GVL yield than the monometallic one [29]. 
This was explained by considering that the active Ru sites are diluted and isolat-
ed by the introduction of Pd, resulting reduced activity for consecutive hydroge-
nation reactions of GVL. The lower performance in our study may be due to the 
solvent and/or temperature effects.  

3.4. Comparison of activity of the catalyst with literature data

The activity of the catalysts used in this study in terms of initial rates (R
0
), to-

gether with relevant literature data, are given in Table 2.5. Here, only experi-
mental data obtained in water and water-alcohol mixtures are given, as solvent 
effects on the catalytic hydrogenation of LA are known to be pronounced.   

The initial rate values span 3 orders of magnitude and are between 6 × 10-5 
and 4.5 × 10-2 mol

LA
/(g

Ru
·s). The values reported in our study are within the  ranges 

reported in the literature. However, a comparison is hampered as different reac-
tion conditions and particularly different temperatures are applied in the var-
ious studies. For example, Al-Shaal reported data at 130°C, which, as expected, 
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resulted in higher initial reaction rate than at 70 and 90°C [6]. However, the data 
do reveal some interesting trends regarding the activity of various catalysts at 
different temperature levels. For instance, at 130°C, the Ru/C catalyst was shown 
to be more active than Ru/SiO

2
, Ru/Al

2
O

3
 and Ru/TiO

2
 and the same trend was 

found at 90°C and 70°C. 

Table 2.5 Catalyst activity data for LA hydrogenation in water in batch set-ups. 

Catalyst
wt.% 
Ru

T, °C XLA after 2 h, % SGVL after 2 h, %
S4-HPA after 
2 h, %

R0, 
molLA/s·gRu

Ref

Ru/C 1

90

61 75 24 5.2×10-3

This 
studya

Ru/CNT 1 74 83 17 n.d.

Ru/SiO2 1 47 97 3 4.0×10-3

Ru/Al2O3 1 33 56 44 2.4×10-3

Ru/ZrO2 1 1 99 1 6.4×10-5

Ru/Nb2O5 1 2 98 1 n.d.

Ru/TiO2 1 44 79 15 3.7×10-3

Ru/Beta-12.5 1 95 70 30 8.9×10-3

RuPd/TiO2 1 9 51 49 n.d.

Ru/C 5

130

160 min – 99.5 160 min – 87 - 3.5×10-4

[6]
Ru/SiO2 5c 160 min - 98 160 min - 76.5 - 3.5×10-4

Ru/Al2O3 5c 160 min – 95 160 min – 80 - 3.4×10-4

Ru/TiO2 5c 160 min – 81 160 min – 88 - 2.9×10-4

Ru/TiO2 1 70 1 h – 99% 1 h – 95 - 7.9×10-4 [7]

Ru/C 3 90 50 min – 100% 50 min – 83% 50 min – 17% 4.5×10-2 [8]

Ru/C 5 70 3 h - 48 3 h - 97.5 - 7.5×10-4

[12]
Ru/Al2O3 5 70 3 h - 24 3 h  - 96 - 3.7×10-4

a Reaction conditions: 90°C, 45 bar H2, CLA,0 = 0.6-0.7 mol/L, mcat = 0.06 g, stirring rate = 2000 rpm; 
b Normalised on g Ru intake based on actual Ru loading of the catalyst as determined experi-

mentally; c water-ethanol mixtures

3.5. Catalyst structure-activity relations

The combination of the catalytic activity data and the results from the catalyst 
characterization study were used to gain insights in catalyst activity-structure 
relations. In this case, both the initial reaction rate and the TOF values are used 
as activity indicator. The latter is a better measure as it is based on the amount of 
Ru on the surface of the nanoparticles. For calculation of the TOF values, the av-
erage Ru nanoparticle size (as determined by TEM) as well as the experimentally 

measured actual Ru loading are required (see Eq. 2.7 and 2.8 in the Experimental 
section for calculation details). These values are not available for all catalysts (Ta-
ble 2.3) and as such TOF values could only be determined for 4 of the catalysts.

 In Figure 2.6, the initial rate of the catalysts, both in terms of Ru intake (R
0
) 

and TOF is provided as a function of the average Ru-nanoparticle size. The TOF 
values for Ru/C, Ru/Al

2
O

3
 and Ru/TiO

2
 are rather similar and imply that the LA hy-

drogenation is structure insensitive in the Ru nanoparticle size range considered  
here (0.9-1.5 nm). These findings are in line with data by Abdelrahman et al. for 
Ru catalysts on C, Al

2
O

3
 and TiO

2
 supports [17]. However, the Ru-Beta catalyst is 

a clear exception and by far higher TOF values are observed than for the others. 
The initial rate versus the total acidity of the catalyst is given in Figure 2.7 

(left). A clear correlation between initial reaction rate and total catalyst acidi-
ty is visible, with a higher support acidity leading to higher initial reaction rate. 
However, when plotting the TOF versus support acidity, a different picture is ob-
tained (Figure 2.7, right). Here, the TOF is essentially independent of the  total 
acidity for the catalysts with a low acidity (Ru/C, Ru/Al

2
O

3
 and Ru/TiO

2
), indic-

ative for a structure insensitive reaction, whereas the Ru-Beta-12.5 catalyst is 
again the clear exception. 

The initial rates of the reactions and TOF values versus the specific surface 
area are given in Figure 2.8. The initial rate versus the specific surface area 
shows a clear maximum and the highest initial reaction rate was achieved with 
Ru/Beta-12.5 catalyst, which has surface area 515 m2/g. Despite the fact that sur-
face area of Ru/C is considerably higher, the initial reaction rate with this cata-
lyst was  significantly lower. Correlations between catalytic activity and specific 

Figure 2.6 Initial reaction rates and TOF values versus Ru particle size for LA hydrogenations 

using supported Ru catalysts.
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surface areas have been reported for individual supports. For instance, Al-Shaal 
et al. reported data for titania supports with different specific surface areas and 
showed that high surface areas are beneficial for catalytic activity  [6]. Thus, 
Ru/TiO

2
 with a high specific surface area (48 m2/g) gave a much higher LA con-

version (81%) and GVL yield (88%) in ethanol-water mixture than Ru/TiO
2
 from 

Tronox (LA acid conversion below 5%), which had significantly lower specific 
surface area (6 m2/g) [6]. 

However, it is better to compare the TOF values of the various catalysts as these 
are normalized on the actual amount of Ru on the surface of the nanoparticles. 
For Ru/C, Ru/Al

2
O

3
 and Ru/TiO

2
, the TOF values are essentially independent of the 

specific surface area, whereas the Ru/Beta-12.5 catalyst is again the exception.

Similar trends were observed when considering the effect of the micropore sur-
face area on the initial activity and TOF (Figure 2.9). The initial reaction rate shows 
a maximum with regards to micropore surface area for Ru/Beta-12.5 but then re-
duces at higher areas for Ru/C. A similar observation was made by Ruppert et al. 
for Ru/TiO

2
 catalysts [51]. Here, two catalyst were compared which were prepared 

using different procedures leading to different micropore volumes. The lowest ac-
tivity was found for the catalyst with the highest micropore volume. The presence 
of small Ru nanoparticles in the TiO

2
 micropores which are more difficult to reduce 

than larger particles and/or diffusion limitations of the reactants and products in 
the micropores was put forward as an explanation for this observation. 

However, the TOF values are rather insensitive to the micropore surface area, 
see Figure 2.9 (right) for details, the only exception being the Ru-Beta-12.5 cata-
lyst, which shows a by far higher TOF than the others. 

Thus, we can conclude that the effect of relevant catalyst properties like 
Ru-nanoparticle size, support acidity and surface area (specific and micropore 
area) on the TOF values for the hydrogenation of LA when using Ru/C, Ru/Al

2
O

3
 

and Ru/TiO
2
 are not clearly present, which is indicative for a structure insensi-

tive reaction. These findings are in line with the results obtained by Abdelrah-
man et al. for Ru catalysts on C, Al

2
O

3
 and TiO

2
 supports in a packed bed reac-

tor [17]. In addition, related ketone hydrogenations, like glucose on Ru are also 
known to be structure insensitive [17],[52]. However, the Ru-Beta12-5 catalyst is 
a clear exception and the TOF for this catalyst is by far higher (factor 5) than 
for the others. This implies that the use of very acidic, highly porous supports 
leads to dramatic changes in support-Ru nanoparticle interactions and has 
a major (positive) impact on activity. The exact reason for the high activity of the 

Figure 2.9 Initial reaction rate and TOF versus the micropore area of the catalysts for LA hydro-

genations using supported Ru catalysts.

Figure 2.7 Initial reaction rates and TOF values versus the total acidity of the catalysts for LA 

hydrogenations using supported Ru catalysts.

Figure 2.8 Initial reaction rate and TOF versus the specific surface areas of the catalysts for LA 

hydrogenations using supported Ru catalysts.
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Ru- Beta-12.5 catalyst needs to be established, e.g. by carrying out an experimen-
tal study on LA hydrogenation using a wider range of zeolite based Ru catalysts 
with different acidity and other structural properties.      

3.6. Catalyst structure-selectivity relations

Analysis of the reaction mixtures only showed the presence of GVL and 4-HPA. 
The ratio of 4-HPA/GVL for LA hydrogenations in water is typically a function of 
the batch time and in some cases the 4-HPA concentration shows a maximum 
(Figure 2.2) [8],[19],[50]. The 4-HPA/GVL ratio after 2 h batch time is a function 
of the catalyst support (Figure 2.10). 

The intramolecular esterification of 4-HPA to GVL is known to be an equilibri-
um reaction with an equilibrium constant (K= [4-HPA]/[GVL]) of about 0.05-0.06 
at 90°C [53]. As can be seen from Figure 2.10, equilibrium was not achieved within 
2 h batch time for all catalytic runs. The highest [4-HPA]/[GVL] ratio was obtained 
for the bimetallic RuPd/TiO

2
 catalyst (0.96), the lowest for Ru/SiO

2
 (0.11). Due to 

low LA conversions (< 2 %) for Ru/ZrO
2
 and Ru/Nb

2
O

5
, the [4-HPA]/[GVL] ratio 

could not be determined accurately and as such is not provided in Figure 2.10.
The 4-HPA/GVL ratio is expected to be a function of the rate of hydrogena-

tion versus the rate of intramolecular esterification. The former is Ru catalyzed, 
the esterification is expected to take place in the bulk solution and is known 
to be Brönsted acid catalyzed. When assuming that the rate of intramolecular 
esterification is mainly determined by acidity of the bulk solution and not by 
acidity of the surface, the ratio 4-HPA/GVL is expected to be a function of the 
initial rate of the hydrogenation reaction and that higher initial reaction rates 
lead to higher values for the HPA/GVL ratio. Indeed, the 4-HPA/GVL ratio is pro-
portional to the initial rate for the monometallic catalysts (Figure 2.11), the only 
exception being the alumina catalyst (not shown in Figure 2.11). As such, the 
acidity of the support seems to play a minor role in the intramolecular esterifi-
cation reaction. Further kinetic studies and modeling, beyond the scope of this 
study, will be required to draw more definite conclusions. 

4. Conclusions

A systematic experimental study on the catalytic hydrogenation of LA with a se-
ries of mono- and one bimetallic Ru catalysts (1 wt.% Ru) on various supports 

in water in a batch set up is reported. For all catalysts, GVL and 4-HPA were the 
main products and over hydrogenation product were not observed. The catalyst 
activity was shown to be a strong function of the support and the highest  activity 
(TOF up to 2.4 mol

LA
/mol

Ru
·s at 90°C and 45 bar H

2
) was found for Ru/Beta-12.5. 

Relevant catalyst properties were determined (average Ru nanoparticle size, BET 
surface area, micropore area and total acidity) and used to determine correla-
tions between catalyst activity and catalyst properties. It was found that TOF 
values of the catalysts are essentially independent of the catalyst properties 
for Ru/C, Ru/Al

2
O

3
 and Ru/TiO

2
, indicative for a structure insensitive reaction. 

Figure 2.10  [4-HPA]/[GVL] ratio after 2 h batch time for various supported Ru catalysts. 

Dotted line – equilibrium value. Reaction conditions: 90°C, 45 bar H2, CLA,0 = 0.6-0.7 mol/L, 

mcat = 0.06 g, stirring rate = 2000 rpm. 

Figure 2.11 [4-HPA]/[GVL] ratio vs. initial reaction rate after 2 h batch time. 
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However, the Ru-Beta-12.5 catalyst is a clear exception and the TOF for this cat-
alyst is by far higher (factor 5) than for the others. Moreover, it was found that 
the 4-HPA/GVL ratio at a certain batch time is a function of the catalyst support. 
This finding was rationalized by considering that the rate of hydrogenation of 
LA to 4-HPA, is by far more dependent on the type of catalyst (and associated 
support) than the rate of the subsequent intramolecular esterification to GVL. 

5. Appendices

Figure S2.1 NH3-TPD profiles of the various Ru-based catalysts (1 wt.% Ru).

Figure S2.2  Parity plot for initial reaction rate (on actual Ru intake in g) and LA conver-

sion after 2 h batch time for the various catalysts. Reaction conditions: 90°C, 45 bar H2,  

CLA,0 = 0.6-0.7 mol/L, mcat = 0.06 g, stirring rate = 2000 rpm.
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Abstract

γ-Valerolactone (GVL) is a value-added renewable chemical with great potential 
and can be obtained from biomass by the hydrogenation of levulinic acid (LA) 
using metal-based catalysts such as Ru/TiO

2
. We here report an in depth study 

of the effect of catalyst synthesis parameters on the performance of Ru/TiO
2
 

(anatase), varying the nature of the Ru-precursor and the conditions of the cal-
cination and/or reduction step. Catalyst performance was evaluated under batch 
conditions at a hydrogen pressure of 45 bar and using either water (90°C) or di-
oxane (150°C) as solvent. The experiments showed that catalyst activity  depends 
greatly on the Ru precursor used (RuCl

3
, RuNO(NO

3
)

3
, Ru(NH

3
)

6
Cl

3
) with the best 

results being obtained using the RuNO(NO
3
)

3
 precursor when considering the 

TOFs of the catalysts. An intermediate calcination step and the use of a hydro-
gen-rich sweep gas during the final reduction step were shown to have a nega-
tive impact on catalyst activity. Catalyst characterization by BET, TEM, and XPS 
on fresh catalysts provided insight in the relation between the catalyst structure 
and its activity. 

Keywords: levulinic acid hydrogenation; γ-valerolactone; Ru-catalysts synthesis

The results described in this Chapter were obtained in close collaboration with the group of 
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B.M.; Bruijnincx, P.C.A.; Heeres, H.J. Hydrogenation of levulinic acid to γ-valerolactone over 

anatase-supported Ru catalysts: Effect of catalyst synthesis on activity. Submitted to Applied 

Catalysis A

1. Introduction

Levulinic acid (LA) is a major product of the controlled dehydration of the 
C6-sugars (D-glucose, D-mannose and D-galactose) in lignocellulosic biomass. 
It is recognized as an important carbohydrate-derived renewable platform mol-
ecule and has attracted considerable interest from a number of chemical com-
panies [1],[2]. The family of LA derivatives is large and some have much potential 
for commercialization. For instance, LA can be converted to 2-methyltetrahy-
drofuran (MTHF) and various levulinate esters, which may be used as gasoline 
and biodiesel additives, respectively  [3]-[8]. δ-Aminolevulinic acid is a well-
known herbicide and β-acetylacrylic acid has been proposed as a (co-) monomer 
for novel acrylate polymers [1]. Arguably, most attention has been devoted to the 
conversion of LA to γ-valerolactone (GVL), as GVL is considered as an important 
platform chemical in its own right and can be used as food additive, solvent and 
as precursor for fuel additives and bulk polymers [9]-[13]. The conventional way 
to produce GVL involves the hydrogenation of LA or its esters [14]-[16] with mo-
lecular hydrogen or an alternative hydrogen donor (e.g. formic acid), preferably 
using heterogeneous catalysts (Scheme 3.1). The intermediate 4-hydroxypenta-
noic acid (4-HPA) may be found in relatively high amounts when using water as 
the solvent, its exact amount depending on the relative rate of hydrogenation 
versus the rate of the intramolecular esterification reaction. 

Scheme 3.1 Proposed reaction scheme for the catalytic hydrogenation of LA to GVL.

Recently, Liguori and Barbaro [17] published a comprehensive review on the 
direct catalytic conversion of renewable sources to GVL with an emphasis on 
the heterogeneous catalysts that have been used for this reaction. Noble metal- 
based catalysts are most commonly and successfully employed, with Ru-based 
ones in particular showing high activity and selectivity to GVL [14],[18]-[21]. In 
addition to the nature of the active metal phase, the choice of support also has 
a large effect on catalyst performance, in particular on catalyst stability. 
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Activated carbons are the most widely used support for Ru in LA hydrogena-
tion [22]-[24], mainly due to their commercial availability [24]-[26], and as such 
Ru/C catalysts can be regarded as one of the benchmark catalysts for this reac-
tion. Under continuous flow conditions and using water as the solvent, however, 
slow though irreversible deactivation of the Ru/C catalyst was observed, pre-
sumably due to Ru sintering and a reduction in specific surface area as a result of 
the deposition of carbonaceous deposits [15],[22],[25],[27]. 

Various metal oxides including SiO
2
, Al

2
O

3
, Nb

2
O

5
, ZrO

2
 and TiO

2
 have been test-

ed as a support for LA hydrogenation with Ru as the active  metal [16],[19],[24],[25]. 
A major advantage of such metal oxides over carbon supports is their mechan-
ical and thermal stability, which allows for repetitive regeneration and coke 
removal at elevated temperature. However, for some of these oxides, e.g. Al

2
O

3
 

and SiO
2
, the stability under hydrothermal, acidic conditions is known to be 

limited, which is of relevance for LA hydrogenations carried out in water or at 
high LA loadings [25],[28]. Estimations of oxide support stability in pressurized 
water at 200°C were recently provided by Lange using Pourbaix  diagrams  [2]. 
SiO

2
 has the tendency to be converted into silica gel at all pH values, whereas 

Al
2
O

3
 is well-known to convert into boehmite (AlO(OH)) at pH values between 

4.5 and 11.5. TiO
2
, calculated to be stable over the entire pH range, and ZrO

2 
are 

attractive alternatives  [28], even though hydrated Zr(OH)
4
 was found to be the 

thermodynamically most stable phase in water. Indeed, a screening study on LA 
hydrogenation involving 50 catalysts in a flow reactor system revealed that Pt 
on TiO

2
 (P25 from Degussa) and ZrO

2
 performed best, with constant GVL yields 

for runtimes exceeding 100 h (> 95 mol% at 200°C and 40 bar H
2, 

11 wt.% LA 
in GVL)  [28]. A study on the use of Ru/TiO

2
 (P25) and Ru/ZrO

2
 catalysts (both 

1 wt.% Ru) for LA hydrogenation in a batch set-up in water at 70°C revealed 
that quantitative LA conversion could be achieved within 4 h with the Ru/TiO

2
 

catalysts, while Ru/ZrO
2
 was less active and 92% LA conversion was observed 

after 6 h [29]. This enhanced hydrogenation activity of Ru/TiO
2
 was attributed 

to a better Ru dispersion on TiO
2
. Recently, we have reported a catalyst screen-

ing study for LA hydrogenation in water (90°C, 45 bar H
2
) using a wide range 

of supported Ru-catalysts (1 wt. % Ru on C, CNT, Al
2
O

3
, TiO

2
, ZrO

2
, Nb

2
O

5
 and 

H-Beta-12.5) and found that the result for TiO
2
 (anatase form, A100) were by far 

better than for Ru/ZrO
2
 [30]. Given the experimental results above, TiO

2
 appears 

a good support and an overview of titania supported Ru catalysts for LA hydro-
genation is given in Table 3.1.

Some of these studies have shown that the phase composition of the TiO
2 
sup-

port (anatase, rutile and combinations thereof) influences catalyst performance. 

Table 3.1 Literature overview on LA hydrogenation using Ru/TiO2 catalysts in batch and con-

tinuous flow set-ups.

Catalyst
TiO2 
support

Ruthenium 
precursor

Solvent T, °C
P(H2), 
bar

Time, 
h

LA con-
version, %

GVL Se-
lectivity, %

Ref

Batch set-up

Ru/TiO2

(1 wt.% Ru)
P25
(A75:R25)a

RuNO(-
NO3)3

Dioxane 200 40 4 100 92 [19]

Ru/TiO2

(1 wt.% Ru)
P25
(A75:R25)

RuCl3 Dioxane 200 40 0.6 100 99 [20]

Ru/TiO2

(5 wt.% Ru)
Tronox
(R100)

Ru(acac)3

Ethanol
130 12 2.7

- -
[25]

Ethanol+H2O - -

Ru/TiO2

(5 wt.% Ru)
P25
(A75:R25)

Ru(acac)3

Ethanol
130 12 2.7

68 92
[25]

Ethanol+H2O 81 88

Ru/TiO2

(2 wt.% Ru)
P25
(A75:R25)

RuCl3 H2O 130 40 0.5 100 99

[29]
Ru/TiO2

(1 wt.% Ru)
P25
(A75:R25)

RuCl3 H2O 130 40 3 95 99

Ru/TiO2

(0.5 wt.% Ru)
P25
(A75:R25)

RuCl3 H2O 70 40 4 100 99

Ru/TiO2

(1 wt.% Ru)
(A100) RuCl3 H2O 90 45 5 93 85 [30]

Ru(OH)x/TiO2 ST-01b

(A100)
RuCl3

2-Propanol 90 - 24

86 76

[31]
Ru(OH)x/TiO2 TTO-55c

(R100)
RuCl3 > 99 49

Ru(OH)x/TiO2 P25
(A75:R25)

RuCl3 > 99 80

Ru/TiO2

(1 wt.% Ru)
P25
(A75:R25)

Ru(acac)3 H2O
30

50 1
64 62

[32]
70 99 95

Ru/TiO2

(1 wt.% Ru)
P90
(A90:R10)

Ru(acac)3 H2O
30

50 1
60 60

[32]
70 100 100

Ru/TiO2

(1 wt.% Ru)
(R100) Ru(acac)3 H2O

30
50 1

40 40
[32]

70 95 83

Ru/TiO2

(1 wt.% Ru)
ST-01
(A100)

Ru(acac)3 H2O
30

50 1
54 48

[32]
70 99 93

Continuous flow set-up

Ru/TiO2

(0.4 wt.% Ru)
P25
(A75:R25)

RuCl3 H2O 50 24 7 36 [33]

Ru/TiO2

(5 wt.% Ru)
P25
(A75:R25)

RuCl3 H2O 270 53 44 [34]

Ru/TiO2

(1 wt.% Ru)
P25
(A75:R25)

RuCl3 H2O 90 45 6 25 54 [35]

a A: Anatase, P: rutile. b ST-01: anatase TiO2, SBET = 339 m2/g (Ishihara Sangyo Co., Ltd.). c TTO-55: 

rutile TiO2, SBET = 47 m2/g (Ishihara Sangyo Co., Ltd.)
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For example, Al-Shaal et al. investigated the hydrogenation of LA using Ru sup-
ported on rutile and P25 TiO

2
 (a 75:25 mixture of anatase-rutile) supports in 

ethanol and ethanol–water mixtures  [25]. The rutile-supported catalyst gave 
no LA conversion in neither ethanol nor ethanol–water, whereas Ru/TiO

2
 (P25) 

showed much better performance. Furthermore, a comparison of the catalytic 
transfer hydrogenation of levulinate esters using Ru(OH)

x
/TiO

2
  [31] with ana-

tase, rutile and anatase-rutile titanias, showed the anatase-rutile-based cat-
alyst to perform best (86% for TiO

2
(A); > 99% for TiO

2
(R) and TiO

2
(A75:R25)). 

Very  recently,  Ruppert et al. reported a detailed study on the influence of var-
ious TiO

2
 supports (anatase, rutile and mixtures thereof) on the Ru-catalyzed 

LA hydrogenation [32]. A Ru/TiO
2
 (AR) catalyst (10-20% rutile) again proved to 

be more active than fully anatase-based ones. The lower activity of the latter 
was attributed to the presence of larger Ru particles and agglomerates on the 
surface and relatively small Ru nanoclusters predominantly found in micropo-
res, thought to be inactive in the hydrogenation reaction. Activity of the anatase 
based Ru catalyst could be improved by implementation of either a calcination 
step of the anatase support before impregnation to reduce the micropore vol-
ume or by avoiding a high temperature reduction step during catalyst synthesis 
by using a mild chemical reduction step.

Besides variations in the phase composition, many different synthetic proce-
dures for titania-supported Ru catalyst preparation have been reported with vari-
ations in metal precursors and activation procedures (Table 3.1), which all may af-
fect catalyst performance. Wet impregnation is most  commonly used method for 
the synthesis of these Ru/TiO

2
 catalysts [19],[20],[25],[29], using Ru precursors such 

as RuCl
3
, Ru(NO)(NO

3
)

3
, Ru(acac)

3
, Ru(NH

3
)

6
Cl

3 
or Ru

3
(CO)

12 
[19],[20],[25],[29]-[35]. 

Limited information is available on the effects of synthesis parameters on LA 
hydrogenation activity for Ru/TiO

2
 catalysts. For a series of Ni/γ-Al

2
O

3 
catalysts, 

the effect of catalyst preparation method on catalytic activity for LA hydrogena-
tion to GVL has been investigated [36]. Four different Ni catalysts were prepared 
via wet impregnation, incipient wetness impregnation, precipitation and flame 
spray pyrolysis, leading to different textural and, as a result, catalytic properties. 
Another example concerns the hydrogenation of LA to pentanoic acid using Ru 
supported on H-ZSM-5-11.5 (200°C in dioxane) [37]. Here, the use of Ru(NH

3
)

6
Cl

3
 

resulted in much better yields than when using RuCl
3
 as the precursor. 

To the best of our knowledge, a systematic study on the influence of  several 
important variables (Ru precursor, calcination and/or reduction step) in the cat-
alyst preparation procedure for the hydrogenation of LA with supported Ru cat-
alysts has not been reported to date. We here report such an approach using Ru 

supported on pure anatase TiO
2
. The latter was fixed to reduce the complexity 

of possible variations during the catalyst synthesis procedure. In addition, we 
have recently shown good catalytic results for Ru on anatase TiO

2
 [30]. Perusal 

of the literature on Ru/TiO
2
 catalyzed LA hydrogenation shows that catalyst per-

formance not only depends on support choice and catalyst synthesis parame-
ters, but that a strong dependence on the choice of solvent can also be expected. 
Therefore, catalyst activity and selectivity to GVL were determined in both water 
and dioxane, the latter being a typical example of an organic solvent. It is well 
known that higher activities are attainable for reactions run in water compared 
to dioxane at otherwise similar conditions. As such, an optimum catalyst prepa-
ration procedure for catalysis is water in not necessarily the best for dioxane. 
Catalyst characterization (N

2
 physisorption, Transmission Electron Microscopy 

(TEM), Scanning Electron Microscopy (SEM) and X-Ray Photoelectron Spectros-
copy (XPS)) were carried out to rationalize the results and provided insight into 
the relation between catalyst performance and catalyst structure. 

2. Experimental section

2.1. Materials

Levulinic acid (purity > 98%, less than 1 wt% H
2
O) and dioxane (purity > 99%) 

were purchased from Acros Organics, deuterium oxide (purity 99.9%) was 
purchased from Sigma-Aldrich. Hydrogen and nitrogen gas were from Linde 
Gas (purity > 99.9%). The ruthenium precursors, RuCl

3
·xH

2
O (35-40 wt.% Ru) 

and Ru(NH
3
)

6
Cl

3
 (98 wt.% Ru) were supplied by Sigma-Aldrich; RuNO(NO

3
)

3
 (in 

dilute nitric acid, 1.5 wt.% Ru) was supplied from Acros Organics. All chemi-
cals were used as received. TiO

2
 support (powder, average diameter of 156 nm 

(see Supplementary information), anatase, ≥ 99%) was obtained from Sigma- 
Aldrich and dried at 120 °C for 4 h in air before use. 

2.2. Analytical equipment

X-Ray Diffraction (XRD): The crystal form of the TiO
2
 support was determined 

using X-ray diffraction (D8 Advance, Bruker) with filtered Cu Kα
 
radiation and 

a wavelength of 1.5404 Å. The tube voltage was 40 kV, and the current was 
30 mA. The 2θ scanning rate was 0.020/min in a range from 5 to 800.
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Transmission Electronic Microscopy (TEM): TEM measurements in bright 
field mode were conducted with a CM12 microscope (Philips, Eindhoven, The 
Netherlands), operating at 120 keV. Samples were made by ultra-sonication in 
ethanol and dropping the suspension onto carbon coated 400 mesh copper 
grids. Images were taken on a slow scanning CCD camera. The metal particle 
distribution is calculated by measuring at least 100 particles with the software 
Nano Measurer 1.2. 

Scanning Electronic Microscopy (SEM): The average size of the TiO
2
 particles 

was determined using Scanning Electron Microscope Jeol JSM-7000F (Field 
Emission Scanning Electron Microscope). For this purpose, the size of about 300 
particles was measured.

Nitrogen physisorption experiments: Nitrogen physisorption experiments 
were carried out in a Micromeritics ASAP 2020 at −196.2°C. The samples were 
degassed in vacuum at 200°C for 10 h. The surface area was calculated using 
the standard BET method (SBET). The single point gas adsorption pore volume 
(V

T
) was calculated from the amount of gas adsorbed at a relative pressure of 

0.98 in the desorption branch. The pore size distributions (PSD) were obtained 
from the BJH method using the adsorption branch of the isotherms. The mean 
pore size was taken as the position of the PSD maximum. The t-plot method was 
 employed to quantify the micropore volume (V

M
).

X-ray photoelectron spectroscopy (XPS): The X-ray photoelectron spectroscopy 
(XPS) measurements were carried out on a Thermo Scientific K-Alpha spectrome-
ter, equipped with a monochromatic small-spot X-ray source and a 180° double fo-
cusing hemispherical analyzer with a 128-channel detector. Spectra were  obtained 
using an aluminum anode (Al Kα = 1486.6 eV) operating at 72 W and a spot size 
of 400 μm. Survey scans were measured at constant pass energy of 200 eV and 
high-resolution scans of the separate regions at 50 eV. The background pressure 
of the UHV chamber was 2 × 10−8 mbar. No special precautions were taken to keep 
the sample under inert atmosphere during catalyst transfer and handling. Charge 
calibration was done by setting the peak of adventitious carbon to 284.8 eV. 
 Component peak areas have been normalized based on atomic sensitivity factors: 
C1s – 0.25; O1s – 0.66; Ru3d – 3.6; Ru3p – 1.3; Ti2p – 1.8 [38]. 

2.3. Catalysts preparation

A total of sixteen Ru/TiO
2
 catalysts were synthesized via a standardized wet 

impregnation procedure. The anatase titania support was dried (120°C for 4 h 

in air) before use. The ruthenium loading was kept constant at 1 wt.% Ru for 
all catalysts. A number of parameters were varied: Ru precursor (RuCl

3
·xH

2
O; 

RuNO(NO
3
)

3
 or Ru(NH

3
)

6
Cl

3
), calcination step (with or without) and the amount 

of hydrogen in the gas phase during the reduction step (5, 10, 50 or 100 vol.% 
H

2
). Throughout this paper, the catalysts are abbreviated based on the precursor 

used for its preparation and the calcination/reduction procedure. For instance, 
Ru/TiO

2
(Cl,N,10)

 
is a catalyst made using RuCl

3
 as the precursor, without calci-

nation and reduced in an atmosphere with 10% H
2
 in nitrogen. 

A typical catalyst synthesis entailed the dissolution of a required amount of 
the precursor in 25 mL of water while stirring (1100 rpm) for 30 min at 30°C to 
obtain a homogeneous solution. The titania support (1 g) was added gradual-
ly to the precursor solution under stirring. Subsequently, the temperature was 
increased to 85°C and kept until complete evaporation of the water (after about 
19 h). After the impregnation, the catalyst was calcined and/or reduced. Cata-
lysts prepared without a calcination step were directly reduced after the im-
pregnation. When the catalysts were calcined, this was done after impregnation, 
followed by the reduction step. Calcination was performed using a Micrometrics 
AutoChem II 2920 system at 450°C (heating rate 2°C/min) in a nitrogen atmo-
sphere (N

2
 flow of 100 mL/min) for 4 h. The reduction step was carried out in 

the same system at 400°C for 4 h. Either a N
2
/H

2
 mixture (with variable compo-

sition) or pure H
2
 was used, the total gas flow rate was maintained at a flow rate 

of 100 mL/min.

2.4. Catalytic hydrogenation experiments of LA

LA hydrogenation reaction were performed according previously published 
standard conditions for water  [39] and dioxane  [40]. The hydrogenation reac-
tions using water as the solvent were performed in a stainless steel batch auto-
clave (100 mL, Parr Instrument Company). The heating mantel of the autoclave 
was equipped with electric heating rods and a cooling coil (using water) for 
proper temperature control. The reactor content was agitated using an over-
head stirrer (Heidolph, RZR 2102 control). The temperature (90°C) and hydrogen 
pressure (45 bar) were measured online with a Eurotherm 2208e. For liquid sam-
pling during the reactions, the reactor was equipped with a dip-tube. LA (2.9 g) 
was dissolved in water (40 mL, 0.6 M) and catalyst (0.06 g, LA/Ru molar ratio of 
4350) were introduced in the autoclave. The stirrer was started (2000 rpm) and 
the system was flushed with nitrogen for 5 min. The mixture was heated to the 
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desired temperature and subsequently hydrogen was admitted to the reactor to 
45 bar. This moment is set as t = 0 min. During the reaction, hydrogen was regu-
larly admitted to the reactor to keep the pressure constant at 45 bar. 

The reactions in dioxane were performed in a 50 mL Parr batch autoclave at 
a temperature of 150°C for 4 h using a hydrogen pressure of 45 bar and a stirring 
speed of 1250 rpm. The tests were typically performed using 27.8 g of dioxane, 
7.37 wt.% of levulinic acid (2.2 g, 0.63 M) with 0.06 g of catalyst (LA/Ru molar 
 ratio of 3200). Then the autoclave was purged three times with argon after which 
the reaction mixture was heated to reaction temperature and charged with H

2
. 

This was taken as the starting point of the reaction; during the reaction samples 
were taken regularly, filtered and 1 wt.% of anisole was added as internal stan-
dard to the samples. At the end of the reaction, the autoclave was cooled rapidly 
to room temperature in an ice bath, after which the remaining H

2
 was released. 

An overview of reaction conditions is given in Table 3.2. 

Table 3.2 Standard reactions conditions for LA hydrogenation with the Ru/TiO2 catalysts in 

batch. 

Solvent water [39] dioxane [40]

LA initial concentration, mol/L 0.63 0.64

Solvent intake, mL 40 28

Temperature, °C 90 150

Hydrogen pressure, bar 45 45

Catalyst intake, g 0.060 0.060

LA/Ru molar ratio 4350 3200

Stirring rate, rpm 2000 1250

Reaction time, h 4 4

2.5. Determination of the concentrations of LA, GVL and 4-HPA 
in the liquid phase

Analyses of the reaction products from LA hydrogenation in water: 

The composition of the aqueous reaction mixtures (LA, 4-HPA and GVL) was de-
termined quantitatively by 1H-NMR. NMR analysis proved to be the most  reliable 
method for the quantification of 4-HPA, which is difficult to determine by GC or 
HPLC [35]. A sample (approximately 200 µL) was weighed, dissolved in D

2
O and 

dioxane (internal standard, 10 µL) was added. All spectra were integrated using 

MestReNova software. The number of moles of a component in the sample was 
calculated using Eq. 3.1:
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hydrogen atoms)) and NS is 8, being the number of hydrogen atoms of dioxane at δ 3.6 ppm. The

concentrations of LA, GVL and 4-HPA in the samples were calculated using Eq. 3.2.  =
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Where Vt is the volume of the mixture in NMR tube and Df the dilution factor, which was calculated

as follows (Eq. 3.3):

  =
         ℎ                    +            +                                   ℎ                     (3.3)

Analyses of the reaction products from LA hydrogenation in dioxane:

Reaction products were analyzed using a Shimadzu GC-2010A gas chromatograph equipped

with a CPWAX 57-CB column (25 m × 0.2 mm × 0.2 µm) and FID detector, using authentic samples for

calibration.

2.6. Definitions 
The conversion of LA and the yield and selectivity for the products (4-HPA and GVL) were

calculated according to Eq. 3.4-3.6.

   =
   , −       , × 100% (3.4)

 (3.1)

where N
a
 is the number of hydrogen atoms of the NMR resonances used for the 

calculation (δ 2.1 ppm for LA (3 hydrogen atoms), δ 1.03 ppm for 4-HPA (3 hydro-
gen atoms), δ 1.3 ppm for GVL (3 hydrogen atoms)) and N

S  
is 8, being the number 

of hydrogen atoms of dioxane at δ 3.6 ppm. The concentrations of LA, GVL and 
4-HPA in the samples were calculated using Eq. 3.2.
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Analyses of the reaction products from LA hydrogenation in dioxane:

Reaction products were analyzed using a Shimadzu GC-2010A gas chromato-
graph equipped with a CPWAX 57-CB column (25 m × 0.2 mm × 0.2 μm) and FID 
detector, using authentic samples for calibration.
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Where XLA is the conversion of LA (mol.%); CLA,0 the initial concentration of LA (mol/L); CLA the

concentration of LA at a certain time t (mol/L); YGVL the yield of GVL (mol.%); Y4-HPA the yield of 4-HPA

(mol.%) and Si the selectivity to GVL or 4-HPA (mol.%).

The turnover frequency (TOF, s-1) was calculated according to Eq. 2.7.   =
      (2.7)

Where R0 is the initial reaction rate (mol/molRu·s) and DRu is the dispersion of ruthenium,

which was calculated using Eq. 2.8:    =
6 ×       ×     (2.8)

where VRu is the volume occupied by a bulk Ru atom (0.01365 nm3), aRu is an area per Ru atom

(0.0635 nm2) and dRu is the average diameter of a Ru particle (nm, taken from the TEM

measurements).

3. Results and discussion 

3.1. Catalyst characterization  
All Ru-based catalysts were characterized by ammonia-TPD, N2-physisorption and TEM. An

overview of the catalyst characterization results is presented in Table 2.3.

 (3.4)
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Where X
LA

 is the conversion of LA (mol%); C
LA,0

 the initial concentration of LA 
(mol/L); C

LA
 the concentration of LA at a certain time t (mol/L); Y

GVL
 the yield of 

GVL (mol.%); Y
4-HPA

 the yield of 4-HPA (mol%) and S
i
 the selectivity to GVL or 

4-HPA (mol%).
The initial reaction rate (R

0
, mol/mol

Ru
·s) was determined from the experimen-

tally obtained concentration-time profiles using a procedure given by Fogler [41]. 
For this purpose, the concentration time profile was modeled using a higher order 
polynome. The initial rate was determined by differentiation of the polynome and 
setting the value for the time at zero.

The turnover frequency (TOF, s-1) was calculated according to Eq. 3.7.
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Where R
0
 is the initial reaction rate (mol/mol

Ru
.s) and D

Ru
 is the dispersion of ru-

thenium, which was calculated as follows (Eq. 3.8):
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where V
Ru

 is the volume occupied by a bulk Ru atom (0.01365 nm3), a
Ru

 is an area 
per Ru atom (0.0635 nm2) and d

Ru
 is the average diameter of a Ru particle (nm, 

taken from the TEM data).

3. Results and discussion 

3.1. Catalyst characterization

Sixteen Ru/TiO
2
 catalysts were synthesized using RuCl

3
·xH

2
O, RuNO(NO

3
)

3
, 

Ru(NH
3
)

6
Cl

3
 as Ru precursors, in/excluding a calcination step, and with differ-

ent  hydrogen partial pressures during the reduction step (5, 10, 50 or 100 vol.% 
H

2
). Relevant properties of the various Ru/TiO

2
 catalysts were determined (BET 

 surface area, micropore volume and the average Ru nanoparticle size) and the 
 results are provided in Table 3.3 N

2
-physisorption analysis of fresh catalysts show 

Figure 3.1 TEM image of Ru/TiO2(Cl,N,10) (left, bright dots are Ru particles) and Ru/TiO2(Cl,Y,50) 

(right, dark dots are Ru particles). 

that the surface areas are between 13.1 and 9.2 m2/g, which are lower than for the 
bare anatase TiO

2
 support (16.9 m2/g). The average Ru particle size was deter-

mined with TEM (Table 3.3) and two representative TEM pictures are shown in 
Figure 3.1. The average Ru nanoparticle size varied considerably over the series, 
ranging from 1.1 to 14.2 nm. In some cases, especially when the Ru nanoparticle 
sizes are larger than 6 nm, considerable particle agglomeration was observed. 

The observation on the basis of TEM that well-dispersed Ru on TiO
2
 (A100) 

with small average Ru nanoparticles sizes are attainable for some of the cata-
lysts is surprising considering a recent study on Ru/TiO

2
 (A100) [32]. Here, the 

wet impregnation of ruthenium (Ru(acac)
3
 on large surface-area TiO

2 
(A100, 

83-336 m2/g), followed by calcination at 200°C in air and a reduction at similar 
conditions with hydrogen resulted in an inhomogeneous metal distribution 
with relatively large Ru nanoparticles (as seen by TEM) and small ones in the mi-
cropores. The presence of such small Ru particles in micropores was confirmed 
by TEM measurements on Ru/TiO

2
 (A100) catalysts, for which the microporos-

ity was reduced by calcination of the support before impregnation. In that case, 
Ru particle agglomerates were no longer observed and a rather homogeneous 
distribution was obtained with an average Ru particle size of 4.5 nm. Compar-
ison between our results and these given above is difficult as the anatase sup-
port used in our study has a by far lower BET surface area (16.9 m2/g versus 
83-336 m2/g in [32]).  However, it shows that the catalyst preparation procedure 
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is of high importance and under optimum conditions, highly dispersed Ru/TiO
2
 

(A100) is accessible.
The pore volume of all fresh catalysts is within a very narrow range 

(0.047-0.055 cm3/g). However, the micropore volume differs considerably and is 
highest for Ru/TiO

2
(Cl,N,50) at 4.4 × 10-4 cm3/g. The micropore volume is  lowest 

for the catalysts with the highest average Ru nanoparticle size, indicative for 
 micropore blockage by the larger Ru nanoparticles.  

XPS analysis of selected Ru/TiO
2
 catalysts was performed and the results are 

provided in Figure 3.2. Three Ru/TiO
2
 catalysts prepared with different  ruthenium 

precursors at otherwise similar conditions (absence of a calcination step and with 
a hydrogen content in the reduction gas of 10 vol.%) were analyzed, as well as 
the RuCl

3
-derived sample prepared using a calcination step (Ru/TiO

2
 (Cl,Y,0). The 

signal of the Ru3d core levels strongly overlaps with the C1s core levels (Fig-
ure 3.2 a-c). C1s spectra of adventitious carbon (AC) species were fitted, according 
to reported binding energies (BE) with the BE of the main component (CC, CH) set 
to 284.8 eV for charge correction [42]. The C1s components at 286.3 eV, 287.8 eV 

Table 3.3 Catalyst characterization data for the different Ru/TiO2 catalysts, including catalyst 

labeling scheme. 

Ru 
precursor

H2 (vol.%) in 
reduction gasa

Calcinationb
Surface 
area, m2/g

Micropore 
volume, cm3/g

dRu, nm
(TEM)

Ru/TiO2(Cl,N,10) RuCl3 10 No 13.1 2.4×10-4 2.2±0.7

Ru/TiO2(Cl,N,50) RuCl3 50 No 12.5 4.4×10-4 2.1±0.7

Ru/TiO2(Cl,N,100) RuCl3 100 No 9.7 ≈0- 8.4±4.5

Ru/TiO2(Cl,Y,100) RuCl3 100 Yes 12.5 ≈0- 14.2±6.6

Ru/TiO2(Cl,Y,50) RuCl3 50 Yes n.d.c n.d. 10.1±4.6

Ru/TiO2(Cl,Y,10) RuCl3 10 Yes n.d. n.d. 5.9±2.9

Ru/TiO2(Cl,Y,5) RuCl3 5 Yes n.d. n.d. 5.2±3.7

Ru/TiO2(Cl,Y,0) RuCl3 No Yes n.d. n.d. 4.1±1.8

Ru/TiO2(NO,N,10) RuNO(NO3)3 10 No 11.6 3.9×10-4 4.7±2.7

Ru/TiO2(NO,N,50) RuNO(NO3)3 50 No 11.2 2.1×10-4 1.1±0.1

Ru/TiO2(NO,N,100) RuNO(NO3)3 100 No 13.5 ≈0 4.3±2.2

Ru/TiO2(NO,Y,100) RuNO(NO3)3 100 Yes 13.2 ≈0 7.7±7.0

Ru/TiO2(NH3,N,10) Ru(NH3)6Cl3 10 No 12.1 3.7×10-4 1.5±0.5

Ru/TiO2(NH3,N,50) Ru(NH3)6Cl3 50 No 9.2 ≈0 3.1±0.8

Ru/TiO2(NH3,N,100) Ru(NH3)6Cl3 100 No 12.7 ≈0 4.2±1.1

Ru/TiO2(NH3,Y,100) Ru(NH3)6Cl3 100 Yes 13.1 ≈0 1.4±0.6

a Reductions always performed at 400°C, make up gas is nitrogen. b Calcination performed 

at 450°C under nitrogen atmosphere. c n.d.: not determined

Figure 3.2 C1s/Ru3d XPS spectra of three fresh Ru/TiO2 catalysts: a) Ru/TiO2(Cl,N,10),  

b) RuTiO2(NO,N,10), c) Ru/TiO2(NH3,N,10).

and 288.8 eV originate from the AC and correspond to C-OR C=O and C(O)-OR 
groups, respectively. On the lower binding energy side a shoulder related to the 
Ru3d

5/2
 region is observed. The component at 280.0 eV corresponds to metallic 

Ru0 and can be found in all reduced samples (Figure  3.2  a-c)  [43],[44]. Compo-
nents with higher BE are attributed to various cationic Ru species  [44],[45]. Re-
duced samples also show a RuO

2
 component (281.3 ± 0.2 eV), whose appearance 

may be caused by sample passivation upon contact with air
 
[46]. The component 

appearing at 282.9 ± 0.2 eV (RuO
2
*(H

2
O)

x
) might be related to either unreacted 

precursor or hydrated RuO
2
 caused by sample preparation and handling [47],[48]. 

A  very low content of Cl (below 0.6 at. %) in the reduced catalyst (Cl,N,10) guides 
the assignment of this component to RuO

2
*(H

2
O)

x
 rather than to the precursor. 

Results of quantitative analysis of the XP spectra are given in Table 3.4.
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Table 3.4 XPS derived speciation of Ru for relevant Ru/TiO2 samples.

Catalyst Ru0, % RuO2, % RuO2*(H2O)x, %

Ru/TiO2(Cl,N,10) 71 13 16

Ru/TiO2(NO,N,10) 9 69 22

Ru/TiO2(NH3,N,10) 40 36 25

Ru/TiO2(Cl,Y,0) - 31 69* (RuCl3 content)

The amount of the metallic Ru appears as a function of the Ru precursor used 
during catalyst synthesis. For Ru/TiO

2
(Cl,N,10) (Figure 3.2a), the amount of Ru0 spe-

cies is the highest (71 %) among the tested catalysts. For catalyst Ru/TiO
2
(NO,N,10)

,
 

most ruthenium is found as RuO
2
 (69%). These data should be viewed with some 

caution, as the samples were not stored in inert atmosphere prior to XPS analysis, 
which might have led to the (partial) oxidation of the Ru surface [49]. Although, the 
degree of passivation of metallic Ru is expected to be independent from the precur-
sor, the size of the particles should also be considered as determining factor. It is 
expected that a larger fraction of the Ru is expected to be oxidized for smaller Ru 
nanoparticles upon passivation as compared to larger particles. However, the RuCl

3
 

based catalyst, which has a smaller average Ru particle size compared to that of the 
Ru(NO)(NO

3
)

3
 based catalyst (2.2 and 4.7 nm respectively), has higher content of Ru0 

(71% and 9% respectively). This would imply that passivation is of less importance 
and that the differences in Ru oxidation states between both catalysts are due to cat-
alyst preparation procedures and not only due to passivation.

Careful analyses of the reduced catalysts shows the presence of only minor 
amounts of precursor-related elements. The content of Cl in Ru/TiO

2
(Cl,N,10) 

catalyst is below 0.6 at.%. The contents of Cl and N in other catalysts are below 
the detection limit. The presence of residual Cl may have implications for cata-
lytic performance (vide infra).

Figure 3.3 shows the catalyst prepared from the RuCl
3
 precursor followed by 

a calcination step but without a reduction step. In the C1s/Ru3d spectral region 
it reveals two bands at 281.2 eV and 282.6 eV which correspond to RuO

2
 and 

RuCl
3 

 from the precursor, respectively. The first peak is not present in the sam-
ples  after the wet impregnation step (Figure S3.2, Appendices). The presence of 
RuCl

3
 in this sample is further confirmed by considering the strong signal pres-

ent in the Cl2p spectral region (Figure 3.3, right). Thus, we can conclude that for 
this catalyst precursor, calcination alone does not lead to quantitative Cl remov-
al and that an activation procedure with hydrogen is required to reduce the Ru 
and to remove the Cl from the support, e.g. in the form of HCl.

Figure 3.3 XP spectra of Ru/TiO2 (Cl,Y,0). Left: C1s/Ru3d; right: Cl2p.

3.2. Hydrogenation experiments using the anatase-supported 
Ru catalysts  

Initial hydrogenation experiments were performed with Ru/TiO
2
(Cl,N,10) in 

both water and dioxane. Standard reaction conditions were selected based our 
previous results [19],[39],[40] and are given in Table 3.2. The lower reaction tem-
perature selected for the reaction in water (90°C) compared to dioxane (150°C) 
reflects the surprisingly high activity of Ru-based hydrogenation catalysts under 
aqueous conditions, for which the underlying reasons have been recently dis-
cussed [15],[17],[19],[39],[50],[51]. The hydrogen pressure was set at 45 bar for all 
experiments. Concentration-time profiles for the main components (LA, 4-HPA 
and GVL) under these standard reaction conditions are shown in Figure 3.4.

In the case of water as the reaction medium, substantial amounts of 4-HPA 
are formed, in line with our own observations and literature data  [23],[39],[50]. 
Other intermediates (e.g. α-angelicalactone) or consecutive hydrogenation 
products of GVL (e.g., 1,4-pentanediol or 2-methyltetrahydrofuran) were not 
detected. Full conversion of LA was achieved within 6 h with 89% selectivity to 
GVL, the remainder being 4-HPA (Figure 3.4). The intramolecular esterification  
of 4-HPA is known to be an equilibrium reaction with an equilibrium constant 
of about 16 [39]. The ratio of GVL/4-HPA obtained here after 6 h of reaction is 5, 
indicating that the two components are not yet at equilibrium. 

The reaction in dioxane at 150°C gave almost quantitative LA conversion  after 
4 h (Figure 3.4), with full selectivity to GVL. No 4-HPA was detected in  dioxane, 
as the intramolecular esterification reaction to GVL is much faster in organic 
solvents than in water due to equilibrium considerations (Scheme 3.1) [39]. 
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Figure 3.4 Concentration-time reaction profiles for the hydrogenation of LA using 

Ru/TiO2(Cl,N,10) catalyst in water (left) and dioxane (right) under standard reaction conditions 

(Table 3.2). 

Figure 3.5 LA conversion versus time using Ru/TiO2 catalysts (1 wt.% Ru) from three different 

precursors in water (left) and in dioxane (right) under standard reaction conditions (Table 3.2).

3.3. Effect of variation of the Ru-precursor on catalytic activity

Variation of the Ru precursor at otherwise fixed synthesis conditions (i.e., calci-
nation and direct reduction with 10 vol.% H

2
) gave the catalysts Ru/TiO

2
(Cl,N,10), 

Ru/TiO
2
(NO,N,10) and Ru/TiO

2
(NH

3
,N,10) for which LA hydrogenation activity 

is shown in Figure 3.5 and a compilation of the data is given in Table 3.5. 
Remarkable differences in catalyst activity were observed for the three precur-
sors, with the trends in activity being the same in both solvents. The catalyst pre-
pared with RuCl

3 
was the most active in both cases (Table 3.5) and considerably

Table 3.5 Overview of results for the hydrogenation of LA using various Ru on titania catalysts 

after 4 h.

Catalyst name Solvent
LA conv., 
mol.%

Initial reaction 
rate, mol/molRu·s

Selectivity 
GVL, mol.%

Selectivity 
4-HPA, mol.%

Yield GVL, 
mol.%

Ru/TiO2(Cl,N,10)
H2O 86 3.20×10-1 92 7 79

Dioxane 96 2.12×10-1 100 - 96

Ru/TiO2(Cl,N,50)
H2O 69 2.63×10-1 93 7 64

Dioxane 69 1.94×10-1 97 - 67

Ru/TiO2(Cl,N,100)
H2O 5 4.57×10-2 83 17 4

Dioxane 7 5.31×10-1 100 - 7

Ru/TiO2(Cl,Y,100)
H2O 1 1.14×10-2 99 1 1

Dioxane 4 2.30×10-1 100 - 5

Ru/TiO2(Cl,Y,50) H2O 15 9.14×10-2 87 12 13

Ru/TiO2(Cl,Y,10) H2O 16 6.85×10-2 70 29 11

Ru/TiO2(Cl,Y,5) H2O 15 2.28×10-2 91 9 14

Ru/TiO2(Cl,Y,0) H2O 9 4.57×10-2 41 59 4

Ru/TiO2(NO,N,10)
H2O 55 2.97×10-1 91 8 50

Dioxane 78 2.48×10-1 92 - 71

Ru/TiO2(NO,N,50)
H2O 77 2.29×10-1 94 6 72

Dioxane 89 2.83×10-1 92 - 82

Ru/TiO2(NO,N,100)
H2O 3 5.71×10-2 78 22 2

Dioxane 29 1.06×10-1 94 - 27

Ru/TiO2(NO,Y,100)
H2O 18 1.14×10-1 87 13 16

Dioxane 29 3.18×10-1 100 - 29

Ru/TiO2(NH3,N,10)
H2O 24 1.94×10-1 50 48 12

Dioxane 19 7.08×10-2 80 - 16

Ru/TiO2(NH3,N,50)
H2O 3 1.14×10-3 76 23 2

Dioxane 7 5.31×10-3 86 - 6

Ru/TiO2(NH3,N,100)
H2O 5 1.37×10-2 90 9 5

Dioxane 10 4.6×10-2 50 - 5

Ru/TiO2(NH3,Y,100)
H2O 19 5.71×10-2 87 13 16

Dioxane 27 4.07×10-1 78 - 21

lower LA conversions were seen after 4 h for RuNO(NO
3
)

3
 and Ru(NH

3
)

6
Cl

3
. In 

all cases, GVL was the major product, with, as expected, minor amounts of the 
intermediate 4-HPA for the reactions performed in water. 

The average Ru particle sizes are expected to play a large role in determining 
catalyst activity. In this study, the highest activity is observed for the Ru catalyst 
with an intermediate Ru particle size (Ru/TiO

2
(Cl,N,10), 2.2 nm). Another poten-

tial source for differences in catalyst activity is the amount of the metallic non-
charged Ru nanoparticles on the support. In the case of supported Ru-based 
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hydrogenation reactions, Ru0 nanoparticles are assumed to be the catalytically 
active species [52], though RuO

2
 species may also play a role [50],[53],[54]. This 

aspect will be covered in the discussion paragraph of this paper. 

3.4. Effect of reduction procedure on catalyst activity 

For a number of catalysts, prepared with RuCl
3 
as the precursor, the partial pres-

sure of hydrogen was varied in the reduction step (10, 50 and 100 vol.% H
2
 in 

N
2
/H

2
 mixture, 1 bar). The results obtained with the catalysts (Ru/TiO

2
(Cl,N,10), 

Ru/TiO
2
(Cl,N,50) and Ru/TiO

2
(Cl,N,100) in Table 3.5) under standard conditions 

in both solvents are presented in Figure 3.6.

Figure 3.6 Effect of hydrogen amount in the reduction gas during activation on LA conver-

sion over Ru/TiO2 (1 wt.% Ru) catalysts in water (left) and in dioxane (right) under standard 

reaction conditions (Table 3.2).

The partial pressure of hydrogen during the catalyst reduction step has a pro-
found influence on activity. Again the order of activity is the same for both sol-
vents, with the best results obtained with the catalyst reduced at 10 vol.% of H

2
. 

The TEM results show the same particle sizes of around 2.2 nm for the reduction 
with 10 and 50 vol.% H

2
, while 100 vol.% H

2
 leads to agglomeration and an aver-

age particle size of 8.4 nm. The catalytic results obtained with Ru/TiO
2
(Cl,N,10) 

and Ru/TiO
2
(Cl,N,50) differ considerably, despite the same TEM Ru particle size 

and indicate that factors other than mere particle size affect catalytic activity 
(vide infra). 

3.5. Effect of an intermediate calcination step on catalyst 
activity 

The effect of a calcination step for Ru catalyzed reactions has been reported in 
a number of studies. For instance, Luo et al. reported a negative effect on  activity 
for the hydrogenation of LA in dioxane using a Ru/H-ZSM-5 catalyst  [37]. The 
formation of highly mobile RuO

x
 species during the calcination step, which tend 

to agglomerate, was mentioned as the most likely reason.  Rupert et al. showed 
that avoiding a thermal treatment step in the catalyst preparation protocol was 
beneficial for catalytic activity for LA hydrogenations using Ru/TiO

2
 (A100) in 

water  [32]. This finding was attributed to a lowering of the average Ru particle 
size for the mild chemical treatment compared to calcination, leading to higher 
catalyst activities. The negative effect of a high temperature calcination step on 
the average Ru particle diameter (and catalytic activity) was also observed for 
the hydrogenation of o-xylene over Ru/TiO

2
, Ru/Al

2
O

3
 and Ru/SiO

2
 catalysts [55], 

again rationalized by agglomeration of Ru particles by high migration rates of 
RuO

2
 species at elevated temperatures [56],[57].  

We tested the effect of an intermediate calcination step during catalyst prepa-
ration on the catalytic activity in water for the catalysts prepared with the RuCl

3
 

precursors and the results are given in Figure 3.7. 
The activity for the calcined catalysts is in all cases lower than for the 

non-calcined ones. Thus, it can be concluded that an intermediate calcination 
has a clear negative effect on the performance of the Ru/TiO

2
 catalysts, in line 

with the literature data reported above  [37]. A possible explanation, as also 
proposed by Ruppert, is an increase of the average Ru nanoparticle sizes when 
an intermediate calcination step is added to the synthesis protocol. This indeed 
proved to be the case, see Figure 3.8 for details 

The effect of the partial pressure of hydrogen during the reduction step on 
catalyst activity of the calcined catalysts reveals the presence of an optimum 
value for intermediate hydrogen levels (Figure 3.7). This optimum may be ex-
plained by considering both the average Ru particle diameter and the degree 
of reduction on catalyst activity. TEM analysis (Figure 3.8) shows that higher 
amounts of H

2
 in the reduction step for the calcined samples lead to sintering, 

which is expected to have a negative effect on catalytic activity. However, higher 
hydrogen pressures will give a larger extent of reduction of charged Ru species 
to metallic Ru, with a positive effect on catalytic activity. For instance, XPS anal-
ysis of TiO

2
(Cl,Y,0) (Table 3.4), a non-reduced catalyst sample, showed (as ex-

pected) the absence of Ru0 species. This particular catalyst though shows some 
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Figure 3.7 Effect of the composition of the reduction gas and the use of an intermediate calci-

nation step on the initial rate for the catalytic hydrogenation of LA in water for various Ru/TiO2 

catalysts (prepared using RuCl3 as the precursor) under standard reactions conditions (Table 3.2).

catalytic activity (Figure 3.7), indicative for in-situ reduction of higher valent Ru 
species to metallic ones.  

3.6. Discussion

In this part, the experimental findings will be rationalized and relations between 
catalyst structure (as determined by various methods, see above) and catalyst 
activity will be provided, with the focus on reactions in water. In addition, the 
activity data in water will be compared with those in dioxane to draw conclu-
sions on solvent effects.  

3.6.1. Effect of ruthenium particle size on catalytic activity for LA 
hydrogenation

The effect of the Ru nanoparticle size on catalytic activity for the hydrogena-
tion of LA in water was investigated by comparing the initial rate of all reaction 

Figure 3.8 Effect of the hydrogen amount in the reduction gas on the Ru particle size diam-

eter for Ru/TiO2 catalysts prepared with RuCl3 precursor with and without a calcination step.  

Figure 3.9 Initial rate and TOF for LA hydrogenation in water versus the average Ru-nanoparticle 

for the Ru/TiO2 catalysts prepared in this study according to TEM. Reaction conditions: see Table 3.2. 

(mol/mol
Ru

.s) and TOF (s-1) versus the average Ru nanoparticle diameter as de-
termined by TEM. The TOF values are a better activity performance indicator 
as these are normalized on the surface Ru atoms by using the TEM data. The 
results are given in Figure 3.9.

For catalysts, prepared with the RuCl
3
 precursor, a volcano type plot is visi-

ble when comparing the initial rate versus the Ru particle size, with the highest 
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activity for Ru nanoparticles with an average diameter of about 2 nm (Figure 3.9 
left). A similar trend is visible for the catalysts prepared with the other precur-
sors, though with one anomalous data point for RuNO(NO

3
)

3 
 at a Ru nanoparti-

cle size of 4.3 nm. A possible explanation for the latter is the presence of larger 
Ru agglomerates leading to a relatively broad Ru particle distribution and a con-
comitantly high standard deviation in the average particle size. 

A number of papers have reported the effects of Ru nanoparticle size on cat-
alytic activity for hydrogenation reactions with Ru on TiO

2
 catalysts. Ruppert et 

al. [32] reported that the optimum Ru particle size for LA hydrogenation (in terms 
of LA conversion after a fixed batch time) for Ru/TiO

2
 (A100) is in the range of 

3-4 nm. The authors proposed that the activity for smaller Ru particles (< 1 nm) 
is lower as these are present in the micropores and thus less available for the 
hydrogenation reaction amongst others due to diffusion limitations [32]. Primo 
et al. examined the influence of metal nanoparticle size of Ru/TiO

2
 (0.64 wt.% 

Ru) catalysts for the hydrogenation of lactic acid to 1,2-propanediol [58]. When 
increasing the Ru particle diameter from 2 to 10 nm by subjecting the catalysts 
to a calcination step at 400°C, the product yield decreased from 99 to 38%.

The TOF values, expressed as mol LA converted per mol of surface Ru per s, 
versus the Ru nanoparticle size for the catalysts prepared with the three dif-
ferent precursors are also given in Figure 3.9 (right). All three datasets show 
a volcano type plot with a maximum TOF within the range. This indicates that 
LA hydrogenation using these catalysts is structure sensitive. It implies that ac-
tive sites consist of an ensemble of surface atoms arranged in a certain config-
uration and that one of the possible sites has the highest activity. The amount 
of this most active site is considered to be a function of the Ru nanoparticle 
size. Detailed overviews on structure sensitive hydrogenation reactions are 
 given by Murzin and van Santen et al. [59],[60]. Recent research by Cao et al. on 
the hydrogenation of LA using both Ru/Al

2
O

3
 and Ru/C catalysts also revealed 

the presence of typical volcano-type activity plots when the TOF was plotted 
as a function of the average Ru particle size  [61]. A maximum TOF was found 
for catalysts with an average Ru particle diameter of 1.5 nm for both supports. 
From this, it was inferred that the hydrogenation is structure-sensitive, requir-
ing a delicate balance between various types of Ru atoms on the surface of the 
nanoparticles. 

The dataset is too limited to draw definite conclusions regarding the optimal 
Ru nanoparticle size, but seems to be between 1 and 3 nm for catalysts prepared 
with the two chloride precurors, RuCl

3
, Ru(NH

3
)

6
Cl

3
 and between 1 and 4 nm for 

RuNO(NO
3
)

3
, in line with the data from Cao et al. for Ru/Al

2
O

3
 and Ru/C catalysts.

Of interest is the observation that the highest TOF value in the range is 
 observed for the catalyst prepared with the RuNO(NO

3
)

3 
precursor. Despite the 

fact that it contains no Cl and has the lowest amount of Ru0 (Table 3.4, 9%) it 
gives the most active catalysts on terms of TOF. It suggest that the presence of Cl 
may actually have a negative effect on catalyst performance. Furthermore, given 
the fact that the amount of Ru0 species is by far the lowest for this catalyst (XPS), 
higher activities may be anticipated with this catalyst when performing a more 
efficient reduction step (leading to less sintering), for instance by a mild chemi-
cal reduction procedure using a metalborohydride.  

Thus, we can conclude that catalyst activity is a function of the Ru nanopar-
ticle size and that the hydrogenation reaction of LA with Ru/TiO

2
 is structure 

sensitive. However, given the observation that the activity versus Ru-nanopar-
ticle size plots are also a function of the precursor used during synthesis, it also 
suggests that other factors play a role as well. These include the ratio of various 
charged and non-charged Ru species, as evidenced by XPS, and the presence 
of minor amounts of residues from the catalyst precursors.  

3.6.2. Solvent effect

The hydrogenation reactions as reported in this study were carried out both in 
water and dioxane (see Table 3.2 for experimental details). Comparison of the 
LA conversion after 4 h reaction time for both water and dioxane in the form of 
a parity plot is provided in Figure 3.10. A reasonable fit was obtained, showing 
that the performance in water and dioxane follow a similar trend. As such, the 
effect of Ru particle size distribution on catalytic activity as shown for water, 
seems to be valid for dioxane as well. In addition, it suggests that the molecular 
mechanism for the hydrogenation reactions in both solvents are similar.

4. Conclusions

We have shown that the performance of Ru/TiO
2
 catalysts for the hydrogenation of 

LA in water and dioxane strongly depends on the preparation protocol (nature of 
the Ru-precursor, calcination and/or reduction step and the amount of hydrogen 
present in the sweep gas during reduction). Best results were obtained when using 
a RuCl

3
 precursor without an intermediate calcination step and 10 vol.% hydrogen 

in the reduction gas, whereas calcination and the use of a hydrogen rich sweep gas 
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Figure 3.10 Parity plot with the LA conversion after 4 h reaction time in water and dioxane.

gave rise to lower catalytic activity. Catalyst characterization studies showed that 
the different preparation protocols lead to catalysts with differences in average Ru 
particle sizes, as well as different degrees of reduction. It was shown that catalyst 
activity (TOF and initial rates) in both water and dioxane is strongly correlated 
with the average Ru particle size, and an optimum activity was found for average 
Ru particle sizes of about 1-4 nm. This implies that LA hydrogenation in water is 
structure sensitive. The fact that catalysts with similar particle sizes though pre-
pared with different precursors show different TOF values suggest that additional 
factors than particle size-dependent structure sensitivity must play a role. A pos-
sible factor is the difference in amounts of charged and neutral ruthenium species, 
as observed for some selected samples by XPS. However, the presence of minor 
amounts of precursor residues like Cl, as found for Ru/TiO

2
 (Cl,N,10), cannot be 

ruled out. Taken together, the data suggests that the Ru nanoparticle size and ox-
idation states are of prime importance for catalytic activity and that these depend 
on the various synthesis protocols. 

5. Appendices

Figure S3.1 SEM picture and particle size analyses for the TiO2 support.

Figure S3.2 XPS spectrum of Ru/TiO2 (Cl,Y,0) after wet impregnation and before calcination.
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Abstract

γ-Valerolactone (GVL) is considered a very interesting green, bio-based platform 
chemical with high application potential for the production of both biofuels and 
biobased chemicals. In this contribution, we report a kinetic study on the hy-
drogenation of levulinic acid (LA) to 4-hydroxypentanoic acid (4-HPA) and the 
subsequent intramolecular esterification to GVL in water using Ru/C (3 wt.% Ru) 
as the catalyst in a batch set-up. A large number of experiments was performed 
in a temperature range of 343-403 K, a hydrogen pressure range from 30-60 bar 
and initial LA concentrations between 300 and 2500 mol/m3. Experimental data, 
supported by calculation, indicate that intra-particle diffusion of LA and hydro-
gen affect the overall reaction rate and as such a heterogeneous model with both 
reaction and diffusion was used to model the data. The hydrogenation reaction 
of LA to 4-HPA was modelled using a Langmuir-Hinshelwood type expression 
whereas the reaction of 4-HPA to GVL was modelled as an equilibrium reaction 
occurring in the bulk of the liquid, catalyzed by a Brönsted acid, in this case LA 
and 4-HPA. A good fit between experiments and model was observed. The re-
sults were compared to a kinetic model without considering mass transfer and 
diffusion limitations. 

Keywords: levulinic acid, hydrogenation, ruthenium catalyst, kinetic modeling, 
batch set up

Piskun, A.S.; van de Bovenkamp, H.H.; Rasrendra, C.B.;  Winkelman, J.G.M.; Heeres, H.J. Kinetic 

modeling of levulinic acid hydrogenation to γ-valerolactone in water using a carbon support-

ed Ru catalyst. Appl. Catal. A 2016, 525, 1-10.

1. Introduction

A substantial amount of research activities is currently undertaken worldwide 
to identify attractive routes to produce biofuels and biobased chemicals from 
lignocellulosic biomass [1]-[3]. A very promising and versatile option is the con-
version of the carbohydrate fractions in lignocellulosic biomass to levulinic acid 
(LA, 4-oxo-pentanoic acid) [4]-[6]. LA is an interesting building block that can be 
converted to a variety of useful compounds with high application potential such 
as, 1,4-pentanediol, methyltetrahydrofuran (MTHF) [4],[5], mixtures of alkanes, 
butenes, 5-nonanone, adipic acid and γ-valerolactone (GVL) [7]-[9]. Among the 
derivatives of LA, GVL is identified as a promising platform chemical for the syn-
thesis of biofuels and biobased chemicals. Examples are the use as an oxygenate 
in transportation fuels, as a co-monomer for the preparation of polymers like 
polyhydroxyalkanoates [7], as a precursor for long chain alkanes, to be used as 
a hydrocarbon fuels [8],[9], and as a starting material for the synthesis of  adipic 
acid and derivatives.  

GVL can be obtained by the hydrogenation of LA using either heterogeneous 
or homogeneous catalysts in the liquid or gas phase. Palkovits and co-workers 
recently published a detailed review on LA hydrogenations using heteroge-
neous catalysts  [10]. A wide range of catalysts has been used, the most com-
mon being supported noble metals. Particularly Ru based catalysts have shown 
to be very efficient and close to quantitative GVL yields have been reported at 
high LA conversions. A number of studies have been reported on bimetallic 
Ru catalysts and the use of co-catalysts. Bimetallic catalysts like RuSn/C are in 
general less active but lead to enhanced catalyst stability [11]. Co-catalysts and 
particularly heterogeneous acids have been reported to significantly increase 
the reaction rate [12]-[14]. For instance, the LA conversion for hydrogenations 
with Ru/C and Ru/Al

2
O

3 
as catalysts in the presence of Amberlyst 70 was twice 

as high as a reaction in the absence of the solid acid co-catalyst at otherwise 
similar conditions. 

Solvent effects have been investigated in detail and have shown to play an im-
portant role. It appears that supported Ru catalysts are particularly active in 
 water. For instance Al-Shaal et al. investigated the hydrogenation of LA and alkyl- 
levulinates using ruthenium-based catalysts (Ru/C, Ru/Al

2
O

3
 and Ru/SiO

2
) in 

alcohol and alcohol/water mixtures [15]. A significant increase in the LA conver-
sion and GVL selectivity was observed when part of the alcohol was replaced by 
water. Similar positive effects of water on catalyst activity and selectivity were 
reported by Sautet et al. using Ru-supported catalysts in water and THF. DFT 
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calculations  [16] revealed that the increase in activity of Ru catalysts in water 
compared to organic solvents lies in a hydrogen bonding effect of a chemisorbed 
water molecule on the surface with a ketone group. Thus, the use of water as 
a solvent is not only cheap and environmental friendly, but also results in higher 
catalytic activity for Ru-based catalysts for ketone hydrogenations. 

Two possible pathways have been proposed for the liquid phase hydroge-
nation of LA to GVL. The first involves dehydration of LA to α-angelicalactone 
(α-AL) [17] followed by a subsequent hydrogenation of the C-C double bond to 
form GVL (Scheme 4.1). The alternative route involves hydrogenation of the 
carbonyl group of LA to form 4-hydroxypentanoic acid (4-HPA). In the next 
step, an intramolecular esterification leads to the formation of GVL. Experimen-
tal studies reveal that the second route is dominant when using Ru catalysts, 
though the first cannot be excluded a priori. 

Scheme 4.1 Catalytic hydrogenation of LA to GVL and subsequent products.

Hydrogenation of LA at elevated temperatures can lead to over-hydrogena-
tion and the formation of 1,4-pentanediol (1,4-PDO)  [18],[19], 2-methyltetrahy-
drofuran (2-MTHF)  [18],[19], pentanoic acid (PA)  [20],[21]and 5-nonanone  [22] 
(Scheme 4.1). Though not desired when targeting GVL, some of these products 
have also potential for commercialization. 

Despite high academic and industrial interest on the catalytic hydrogenation 
of LA to GVL, a very limited number of kinetic studies on the reaction have been 
reported yet. These studies are of pivotal importance i) to gain insights in the 
reaction pathways and catalytic steps and ii) for scale up purposes and the devel-
opment of optimum reactor configurations for the hydrogenation of LA to GVL. 
In 2012, we reported a detailed experimental study on LA hydrogenation to GVL 
in water using Ru/C as the catalyst (5 wt.% Ru) [23]. In this research, the effect of 
reaction temperature and catalyst intake on LA conversion and product selec-
tivity was determined. This research was the first step to obtain a kinetic model 
for the hydrogenation of LA to GVL. While performing this research, Bond et 
al. published a kinetic model for the hydrogenation of aqueous LA solution to 
GVL over Ru/C catalyst (5 wt.% Ru) in a packed bed reactor [24]. It was assumed 
that the reaction proceeds via the 4-HPA route (Scheme 4.1). The hydrogena-
tion reaction was modeled using a simplified Langmuir-Hinshelwood expres-
sion (Eq. 4.1). As such, the reaction was proposed to be zero order in LA and half 
order in hydrogen. The apparent activation energy the hydrogenation reaction 
was calculated to be 48 ± 5 kJ/mol. 
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al. published a kinetic model for the hydrogenation of aqueous LA solution to GVL over Ru/C catalyst

(5 wt.% Ru) in a packed bed reactor [24]. It was assumed that the reaction proceeds via the 4-HPA

route (Scheme 4.1). The hydrogenation reaction was modeled using a simplified Langmuir-

Hinshelwood expression (Eq. 4.1). As such, the reaction was proposed to be zero order in LA and half

order in hydrogen. The apparent activation energy the hydrogenation reaction was calculated to be

48 ± 5 kJ/mol.   =   ∙    / ∙     / (4.1)

The esterification of 4-HPA to GVL was modeled as homogeneous acid-catalyzed reaction

which occurs in the liquid phase. Reversibility was not taken into account in the model. The

activation energy for the esterification reaction was calculated to be 70 ± 4 kJ/mol.

Another relevant kinetic study is from Zhang et al. [25]. They studied the hydrogenation of LA

to GVL using Pd/C as the catalyst in a batch set-up. The experimental data were successfully

modelled using a Langmuir type equation with dissociative adsorption of hydrogen. The activation

energy for the hydrogenation reaction was calculated to be 33 KJ/mol.

We here report a detailed kinetic study on the conversion of LA to GVL using a Ru/C catalyst.

The hydrogenation reaction was carried out in water, an environmentally benign solvent, and in a

batch set-up. Reaction conditions like temperature (343-403 K), hydrogen pressure (30-60 bar) and

initial LA concentration (300-2500 mol/m3) were varied in a systematic manner. The experimental

data for the hydrogenation of LA to 4-HPA were modelled using a Langmuir-Hinshelwood model, the

ring-closure of 4-HPA to GVL as an acid catalyzed equilibrium reaction.

2. Experimental section 

2.1. Materials 
The Ru/C catalyst (3 wt.% Ru) was obtained from Evonik. The d10 was 5 x 10-6 m, d50 25 x 10-6

m and d90 75x 10-6 m and an average of 60 x 10-6 m was taken for calculations. Ruthenium is well

dispersed on the catalyst support and the average Ru particle size is between 1-3 nm (TEM,

Appendices, Figure S4.5). Levulinic acid (purity > 98%); γ-valerolactone (purity 98%); deuterium

oxide, D2O (purity > 99%); dioxane (purity 99.5%) were purchased from Acros Organics Hydrogen

(purity > 99.999 vol.%). and nitrogen gas (purity > 99.9 vol.%) were from Linde. Milli-Q water was

used for all experiments. All chemicals were used without purification.

 (4.1)

The esterification of 4-HPA to GVL was modeled as homogeneous acid- 
catalyzed reaction which occurs in the liquid phase. Reversibility was not taken 
into account in the model. The activation energy for the esterification reaction 
was calculated to be 70 ± 4 kJ/mol. 

Another relevant kinetic study is from Zhang et al.  [25]. They studied the 
hydrogenation of LA to GVL using Pd/C as the catalyst in a batch set-up. The 
experimental data were successfully modelled using a Langmuir type equation 
with dissociative adsorption of hydrogen. The activation energy for the hydro-
genation reaction was calculated to be 33 KJ/mol.

We here report a detailed kinetic study on the conversion of LA to GVL 
using a Ru/C catalyst. The hydrogenation reaction was carried out in water, 
an environmentally benign solvent, and in a batch set-up. Reaction  conditions 
like temperature (343-403 K), hydrogen pressure (30-60 bar) and initial LA 
concentration (300-2500 mol/m3) were varied in a systematic manner. The 
experimental data for the hydrogenation of LA to 4-HPA were modelled using 
a Langmuir-Hinshelwood model, the ring-closure of 4-HPA to GVL as an acid 
catalyzed equilibrium reaction. 
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2. Experimental section

2.1. Materials

The Ru/C catalyst (3 wt.% Ru) was obtained from Evonik. The d
10

 was 5 × 10-6 m, 
d

50
 25 × 10-6 m and d

90 
75 × 10-6 m and an average of 60 × 10-6 m was taken for cal-

culations. Ruthenium is well dispersed on the catalyst support and the average 
Ru particle size is between 1-3 nm (TEM, Appendices, Figure S4.5). Levulinic 
acid (purity > 98%); γ-valerolactone (purity 98%); deuterium oxide, D

2
O (purity 

> 99%); dioxane (purity 99.5%) were purchased from Acros Organics Hydrogen 
(purity > 99.999 vol.%). and nitrogen gas (purity > 99.9 vol.%) were from Linde. 
Milli-Q water was used for all experiments. All chemicals were used without 
purification.

2.2. Experimental procedure for hydrogenation of levulinic acid

The hydrogenation reactions were performed in a 300 ml stainless steel batch 
autoclave (Buchi GmbH). The mantle of the autoclave was equipped with (elec-
trically operated) heating rods and a cooling coil (using water) to allow for good 
temperature control. The reactor content was well mixed using a magnetically 
induced overhead stirrer equipped with a Rushton type impeller. The tempera-
ture and pressure were measured online. The reactor was equipped with a dip-
tube to allow for liquid sampling during reaction. An overview of relevant reac-
tor and catalyst properties is given in Table 4.1.

Table 4.1 Reactor and catalyst properties.

Reactor volume (L-phase) 1×10-4 m3

Catalyst intake 1.47×10-4 kg

Average catalyst particle radius 30×10-6 m

Catalyst particle density 7.50×102 kg/m3

Catalyst hold-up 1.97×10-3 m3
cat/m

3
L

Liquid-solid area 1.97×102 m2/m3

Water (100 ml) with the appropriate amount of LA and catalyst was intro-
duced into the autoclave. At a stirring rate of 2000 rpm, the system was flushed 
with nitrogen for 5 minutes. The mixture was heated to the desired temperature 
and subsequently hydrogen was admitted until the target pressure was reached. 
This moment is set as t = 0 min. During the reaction, the pressure was main-
tained constant by the supply of hydrogen. Samples were collected at different 
time intervals and analyzed for their composition by 1H-NMR.

2.3. Concentration calculations from 1H-NMR analysis

The composition of a reaction mixture (LA, HPA and GVL) was determined quan-
titatively by 1H-NMR. A sample (approximately 200 µL) was weighed, dissolved 
in D

2
O and 1,4-dioxane (internal standard, IS, 10 µL) was added. All spectra were 

integrated using MestReNova software. The number of moles of A in a sample 
was calculated using Eq. 4.2:
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standard in the sample, IA is the peak area of the methyl group of component A (δ 2.1 ppm for LA, δ

1.03 ppm for 4-HPA and δ 1.3 ppm for GVL, IIS the peak area of the CH2 groups in dioxane at δ 3.6

ppm and HIS and HA are the number of H atoms corresponding with the relevant NMR peak (3 for HA

and 8 for HIS). The concentrations of LA, GVL and 4-HPA in the samples were calculated using Eq. 4.3:

 (4.2)

where N
A
 is the number of moles of A in the sample, N

IS
 the known amount of 

moles of the internal standard in the sample, I
A
 is the peak area of the methyl 

group of component A (δ 2.1 ppm for LA, δ 1.03 ppm for 4-HPA and δ 1.3 ppm 
for GVL, I

IS 
the peak area of the CH

2
 groups in dioxane at δ 3.6 ppm and H

IS 
and 

H
A
 are the number of H atoms corresponding with the relevant NMR peak (3 for 

H
A
 and 8 for H

IS
). The concentrations of LA, GVL and 4-HPA in the samples were 

calculated using Eq. 4.3:
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  =
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where Vt is the liquid volume in the NMR tube and Df the dilution factor, which was calculated using

Eq. 4.4.   =
         ℎ         +           +                                  ℎ           (4.4)

2.4. Definitions 
The conversion of LA, the yield and the selectivity of 4-HPA and GVL were calculated

according to Eq. 4.5-4.8:    =
   , −       , × 100 % (4.5)

    =
   , −    −          , × 100 % (4.6)

      =
   , −    −        , × 100 % (4.7)

  =
     × 100% (4.8)

where XLA is the conversion of LA (mol.%); CLA,0 the inlet concentration of LA (mol/L); CLA the

concentration of LA in the exit stream (mol/L); YGVL the yield of GVL (mol.%); Y4-HPA the yield of 4-HPA

(mol.%) and Si the selectivity to GVL or 4-HPA (mol.%).

3. Results and discussion 

3.1. Screening experiments 
All experiments were carried out in a batch reactor with Ru/C (3 wt.% Ru) as the catalyst

(powder). A total of 29 experiments was performed within the experimental window of operation

(Table 4.2, see Table S4.6 in the  Appendices for the conditions for the individual experiments).

Table 4.2 Range of conditions of the hydrogenation runs. 

Property Range
T, K 343-403
P(H2), bar 30-60
CLA(initial), mol/m3 300-2500

An experimental set of data was obtained, consisting of the concentration profiles of LA, 4-

HPA and GVL. Two typical concentration versus time profiles are given in Figure 4.1.

 (4.3)

where V
t
 is the liquid volume in the NMR tube and D

f
 the dilution factor, which 

was calculated using Eq. 4.4.
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where X
LA

 is the conversion of LA (mol.%); C
LA,0

 the inlet concentration of LA 
(mol/L); C

LA
 the concentration of LA in the exit stream (mol/L); Y

GVL
 the yield of 

GVL (mol.%); Y
4-HPA

 the  yield of 4-HPA (mol.%) and S
i
 the selectivity to GVL or 

4-HPA (mol.%).

3. Results and discussion

3.1. Screening experiments

All experiments were carried out in a batch reactor with Ru/C (3 wt.% Ru) as the 
catalyst (powder). A total of 29 experiments was performed within the experi-
mental window of operation (Table 4.2, see Table S4.6 in the  Appendices for 
the conditions for the individual experiments). 

Table 4.2 Range of conditions of the hydrogenation runs.

Property Range

T, K 343-403

P(H2), bar 30-60

CLA(initial), mol/m3 300-2500

Figure 4.1 Experimental and model data for two selected experiments (left: run 7, 363 K, 

45 bar; right: run 11, 363 K, 45 bar).

An experimental set of data was obtained, consisting of the concentration 
profiles of LA, 4-HPA and GVL. Two typical concentration versus time profiles 
are given in Figure 4.1. 

Only 4-HPA was observed as an intermediate in all experiments. Even at 
higher temperatures, neither α-angelicalactone nor subsequent hydrogenation 

products of GVL like 1,4-pentanediol or MTHF were observed at the prevailing 
reaction conditions (HPLC, supported by 1H-NMR). In some of the cases, par-
ticularly at low temperatures and low initial LA concentrations, the amount 
of 4-HPA shows a clear optimum, see Figure 4.1 (right) for details. The selec-
tivity to 4-HPA can be as high as 40-50%. These observations indicate that 
the conversion of LA to GVL involves two consecutive reactions: the hydro-
genation of LA to 4-HPA followed by intramolecular esterification of 4-HPA 
to GVL. All reaction mixtures contained significant amounts of 4-HPA after 
reaction, even after prolonged reaction times, indicating that the conversion 
of 4-HPA to GVL is an equilibrium reaction in water (Scheme 4.2). Extended 
equilibrium studies for the 4-HPA/GVL equilibrium reaction, supplemented 
by DFT calculations have been carried and will be published in due course [26]. 

Based on the concentration time profiles in the batch reactor set-up, 
a reaction network for the hydrogenation of LA in water using Ru/C catalysts is 
 proposed and given in Scheme 4.2. 
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Scheme 4.2 Proposed and modeled reaction network for the hydrogenation of LA to GVL.

3.2. Mass transfer limitations

The catalytic hydrogenation of LA in water using a Ru/C catalyst is an exam-
ple of a three phase gas-liquid-solid reaction. As such, the conversion rate and 
product selectivity may be affected by mass-transfer limitations of the reactants. 
To gain insights in possible mass transfer effects of hydrogen from the gas to 
liquid phase, the effect of the stirring rate on the LA conversion was determined 
and the results are presented in Figure 4.2. It shows that the LA conversion does 
not depend on the stirring rate provided that the stirring rate exceeds 1200 rpm. 
Thus, to avoid gas-liquid transfer limitation, all reactions for the kinetic model-
ing were performed at a stirring rate of 2000 rpm.  

Figure 4.2 Effect of the agitation rate on the LA conversion (initial LA concentration: 

600 mol/m3, 45 bar, 363 K, Ru/C, 40 min batch time).

To further assess intra-particle mass transfer limitation of hydrogen and LA, 
the Weisz-Prater criterion [27] was determined for a number of experiments; see 
Appendices for calculation details. The values of Weisz-Prater criterion for the 
selected experiments are between 0.2 and 6.1 for LA and 0.7 and 6.9 for H

2
. This 

implies that the reaction does not solely take place in the kinetic regime and that 
at least intra-particle pore diffusion limitations of hydrogen and LA play a role 
in these experiments, even with the small catalyst particles used in this study 
(90% of the particles is smaller than 75 × 10-6 m). 

3.3. Reactor model development

The hydrogenation experiments have been conducted in a batch reactor with 
the catalyst suspended in the liquid phase. A constant pressure of hydrogen gas 
is maintained in the headspace. The data obtained from an experiment consists 
of a set of transient concentrations of the components LA, 4-HPA and GVL. To 
extract kinetic information from the experimental data, a series of mass transfer 
and reaction steps has to be taken into account, see also Figure 4.3: 

• hydrogen transfer from the constant pressure head space to the liquid 
phase 

• transport of hydrogen and LA from the liquid phase to the catalyst 
particles

• diffusional transport of the components in the catalyst to the ruthenium 
active sites

• hydrogenation of LA to 4-HPA catalyzed by ruthenium in the porous par-
ticles 
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depend on the stirring rate provided that the stirring rate exceeds 1200 rpm. Thus, to avoid gas-

liquid transfer limitation, all reactions for the kinetic modeling were performed at a stirring rate of
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Ru/C, 40 min batch time).

To further assess intra-particle mass transfer limitation of hydrogen and LA, the Weisz-Prater

criterion [27] was determined for a number of experiments; see Appendices for calculation details.

The values of Weisz-Prater criterion for the selected experiments are between 0.2 and 6.1 for LA and

0.7 and 6.9 for H2. This implies that the reaction does not solely take place in the kinetic regime and

that at least intra-particle pore diffusion limitations of hydrogen and LA play a role in these

experiments, even with the small catalyst particles used in this study (90% of the particles is smaller

than 75 x 10-6 m).

3.3. Reactor model development 
The hydrogenation experiments have been conducted in a batch reactor with the catalyst

suspended in the liquid phase. A constant pressure of hydrogen gas is maintained in the headspace.

The data obtained from an experiment consists of a set of transient concentrations of the

components LA, 4-HPA and GVL. To extract kinetic information from the experimental data, a series

of mass transfer and reaction steps has to be taken into account, see also Figure  4.3:

• hydrogen transfer from the constant pressure head space to the liquid phase

• transport of hydrogen and LA from the liquid phase to the catalyst particles

• diffusional transport of the components in the catalyst to the ruthenium active sites

• hydrogenation of LA to 4-HPA catalyzed by ruthenium in the porous particles  :  +   → 4 −   
• transport of 4-HPA from the catalyst to the liquid phase 
• conversion of 4-HPA to GVL via a homogeneous liquid phase equilibrium 

reaction 
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• transport of 4-HPA from the catalyst to the liquid phase

• conversion of 4-HPA to GVL via a homogeneous liquid phase equilibrium reaction  : 4 −    ↔    +    

Figure 4.3 Scheme of component transfer and reaction steps.

Based on experimental findings (Figure 4.2), it is assumed that mass transfer of hydrogen

from the gas to liquid phase is faster than the mass transfer and reaction in the liquid-solid phase and

as such has not been incorporated into the model.

The experimental results can be modeled using a mathematical model comprising a series of

balances and rate equations. The liquid phase component balances for the variation of the

concentrations in time are:    ( )  = −   (  ) (  ) (4.9)       ( )  = −      (  ) (  ) −   (4.10)     ( )  =   (4.11)

with the initial conditions   ( ))   = (   ( ))     (4.12)

(      ( ))   = 0 (4.13)

(    ( ))   = 0 (4.14)

Liquid to solid transport of hydrogen, H2, LA and 4-HPA can be represented by:
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from the gas to liquid phase is faster than the mass transfer and reaction in the liquid-solid phase and

as such has not been incorporated into the model.

The experimental results can be modeled using a mathematical model comprising a series of

balances and rate equations. The liquid phase component balances for the variation of the

concentrations in time are:    ( )  = −   (  ) (  ) (4.9)       ( )  = −      (  ) (  ) −   (4.10)     ( )  =   (4.11)

with the initial conditions   ( ))   = (   ( ))     (4.12)

(      ( ))   = 0 (4.13)

(    ( ))   = 0 (4.14)

Liquid to solid transport of hydrogen, H2, LA and 4-HPA can be represented by:

 (4.14)

Liquid to solid transport of hydrogen, H
2
, LA and 4-HPA can be represented by:
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  (  ) =   , (  )    ( ) −   ( )
        ;            =   ,  , 4 −    (4.15)

The balance for diffusion and reaction in the catalyst particles reads:−  ,   1           ( )   =   ( )           0 ≤  ≤   ;      =   ,  , 4 −    (4.16)

where Ri(S) denotes the production rate of i in the catalyst (Ri(S)=Ri(S)(r)).

The boundary conditions to Eq. 3.16 are:

(
   ( )  )   = 0                                            =   ,  , 4 −    (4.17)

  ,   (
   ( )  )    =   (  )                        =   ,  , 4 −    (4.18)

The catalyst particle reaction/transfer steps, Eqs. 4.16-4.18, are formulated here using the

pseudo-steady-state approximation. This is justified because the diffusion times that are

characteristic for the particle dynamics are several orders of magnitude smaller than the reaction

times that determine the reactor dynamics as described by Eqs. 4.9-4.11.

3.4. Model development for the catalytic hydrogenation reaction 
Kinetic studies on the hydrogenation of ketone and aldehyde groups using supported Ru/C

catalysts have been reported in the literature. Examples include the hydrogenation of 2-butanone

[28], cinnamaldehyde [29], D-glucose [30] and D-lactose [31]. Typically, Langmuir- Hinshelwood type

of mechanisms are proposed. The exact form is depending on whether adsorption, reaction or

desorption is assumed to be rate determining and on competitive or non-competitive adsorption of

the reactants. In the literature on Ru/C catalyzed hydrogenations of carbonyl groups ample

arguments can be found for both competitive and non-competitive adsorption. For simplicity, but

also in the absence of any contradicting indications, we have applied a Langmuir-Hinshelwood-

Hougen-Watson (LHHW) model with competitive adsorption of hydrogen and organic molecules on

the metal sites (s). Depending on the type of hydrogen adsorption, two mechanisms are considered

here. In mechanism A molecular hydrogen adsorption is assumed, while in mechanism B adsorption

of hydrogen is dissociative, see Tables 4.3 and 4.4.

Table 4.3 Mechanism A with molecular H2 adsorption.

A1   +  ↔   ∙  
A2   +  ↔   ∙  
A3   ∙  +   ∙  ↔ 4 −    ∙  
A4 4 −    ∙  ↔ 4 −    +  

 (4.15)

The balance for diffusion and reaction in the catalyst particles reads:
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  (  ) =   , (  )    ( ) −   ( )
        ;            =   ,  , 4 −    (4.15)

The balance for diffusion and reaction in the catalyst particles reads:−  ,   1           ( )   =   ( )           0 ≤  ≤   ;      =   ,  , 4 −    (4.16)

where Ri(S) denotes the production rate of i in the catalyst (Ri(S)=Ri(S)(r)).

The boundary conditions to Eq. 3.16 are:

(
   ( )  )   = 0                                            =   ,  , 4 −    (4.17)

  ,   (
   ( )  )    =   (  )                        =   ,  , 4 −    (4.18)

The catalyst particle reaction/transfer steps, Eqs. 4.16-4.18, are formulated here using the

pseudo-steady-state approximation. This is justified because the diffusion times that are

characteristic for the particle dynamics are several orders of magnitude smaller than the reaction

times that determine the reactor dynamics as described by Eqs. 4.9-4.11.

3.4. Model development for the catalytic hydrogenation reaction 
Kinetic studies on the hydrogenation of ketone and aldehyde groups using supported Ru/C

catalysts have been reported in the literature. Examples include the hydrogenation of 2-butanone

[28], cinnamaldehyde [29], D-glucose [30] and D-lactose [31]. Typically, Langmuir- Hinshelwood type

of mechanisms are proposed. The exact form is depending on whether adsorption, reaction or

desorption is assumed to be rate determining and on competitive or non-competitive adsorption of

the reactants. In the literature on Ru/C catalyzed hydrogenations of carbonyl groups ample

arguments can be found for both competitive and non-competitive adsorption. For simplicity, but

also in the absence of any contradicting indications, we have applied a Langmuir-Hinshelwood-

Hougen-Watson (LHHW) model with competitive adsorption of hydrogen and organic molecules on

the metal sites (s). Depending on the type of hydrogen adsorption, two mechanisms are considered

here. In mechanism A molecular hydrogen adsorption is assumed, while in mechanism B adsorption

of hydrogen is dissociative, see Tables 4.3 and 4.4.

Table 4.3 Mechanism A with molecular H2 adsorption.

A1   +  ↔   ∙  
A2   +  ↔   ∙  
A3   ∙  +   ∙  ↔ 4 −    ∙  
A4 4 −    ∙  ↔ 4 −    +  

 (4.16)

where R
i(S)

 denotes the production rate of i in the catalyst (R
i(S)

=R
i(S)

(r)). 
The boundary conditions to Eq. 4.16 are: 
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  (  ) =   , (  )    ( ) −   ( )
        ;            =   ,  , 4 −    (4.15)

The balance for diffusion and reaction in the catalyst particles reads:−  ,   1           ( )   =   ( )           0 ≤  ≤   ;      =   ,  , 4 −    (4.16)

where Ri(S) denotes the production rate of i in the catalyst (Ri(S)=Ri(S)(r)).

The boundary conditions to Eq. 3.16 are:

(
   ( )  )   = 0                                            =   ,  , 4 −    (4.17)

  ,   (
   ( )  )    =   (  )                        =   ,  , 4 −    (4.18)

The catalyst particle reaction/transfer steps, Eqs. 4.16-4.18, are formulated here using the

pseudo-steady-state approximation. This is justified because the diffusion times that are

characteristic for the particle dynamics are several orders of magnitude smaller than the reaction

times that determine the reactor dynamics as described by Eqs. 4.9-4.11.

3.4. Model development for the catalytic hydrogenation reaction 
Kinetic studies on the hydrogenation of ketone and aldehyde groups using supported Ru/C

catalysts have been reported in the literature. Examples include the hydrogenation of 2-butanone

[28], cinnamaldehyde [29], D-glucose [30] and D-lactose [31]. Typically, Langmuir- Hinshelwood type

of mechanisms are proposed. The exact form is depending on whether adsorption, reaction or

desorption is assumed to be rate determining and on competitive or non-competitive adsorption of

the reactants. In the literature on Ru/C catalyzed hydrogenations of carbonyl groups ample

arguments can be found for both competitive and non-competitive adsorption. For simplicity, but

also in the absence of any contradicting indications, we have applied a Langmuir-Hinshelwood-

Hougen-Watson (LHHW) model with competitive adsorption of hydrogen and organic molecules on

the metal sites (s). Depending on the type of hydrogen adsorption, two mechanisms are considered

here. In mechanism A molecular hydrogen adsorption is assumed, while in mechanism B adsorption

of hydrogen is dissociative, see Tables 4.3 and 4.4.

Table 4.3 Mechanism A with molecular H2 adsorption.

A1   +  ↔   ∙  
A2   +  ↔   ∙  
A3   ∙  +   ∙  ↔ 4 −    ∙  
A4 4 −    ∙  ↔ 4 −    +  

 (4.17)
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  (  ) =   , (  )    ( ) −   ( )
        ;            =   ,  , 4 −    (4.15)

The balance for diffusion and reaction in the catalyst particles reads:−  ,   1           ( )   =   ( )           0 ≤  ≤   ;      =   ,  , 4 −    (4.16)

where Ri(S) denotes the production rate of i in the catalyst (Ri(S)=Ri(S)(r)).

The boundary conditions to Eq. 3.16 are:

(
   ( )  )   = 0                                            =   ,  , 4 −    (4.17)

  ,   (
   ( )  )    =   (  )                        =   ,  , 4 −    (4.18)

The catalyst particle reaction/transfer steps, Eqs. 4.16-4.18, are formulated here using the

pseudo-steady-state approximation. This is justified because the diffusion times that are

characteristic for the particle dynamics are several orders of magnitude smaller than the reaction

times that determine the reactor dynamics as described by Eqs. 4.9-4.11.

3.4. Model development for the catalytic hydrogenation reaction 
Kinetic studies on the hydrogenation of ketone and aldehyde groups using supported Ru/C

catalysts have been reported in the literature. Examples include the hydrogenation of 2-butanone

[28], cinnamaldehyde [29], D-glucose [30] and D-lactose [31]. Typically, Langmuir- Hinshelwood type

of mechanisms are proposed. The exact form is depending on whether adsorption, reaction or

desorption is assumed to be rate determining and on competitive or non-competitive adsorption of

the reactants. In the literature on Ru/C catalyzed hydrogenations of carbonyl groups ample

arguments can be found for both competitive and non-competitive adsorption. For simplicity, but

also in the absence of any contradicting indications, we have applied a Langmuir-Hinshelwood-

Hougen-Watson (LHHW) model with competitive adsorption of hydrogen and organic molecules on

the metal sites (s). Depending on the type of hydrogen adsorption, two mechanisms are considered

here. In mechanism A molecular hydrogen adsorption is assumed, while in mechanism B adsorption

of hydrogen is dissociative, see Tables 4.3 and 4.4.

Table 4.3 Mechanism A with molecular H2 adsorption.

A1   +  ↔   ∙  
A2   +  ↔   ∙  
A3   ∙  +   ∙  ↔ 4 −    ∙  
A4 4 −    ∙  ↔ 4 −    +  

 (4.18)

The catalyst particle reaction/transfer steps, Eqs. 4.16-4.18, are formulated 
here using the pseudo-steady-state approximation. This is justified because the 
diffusion times that are characteristic for the particle dynamics are several or-
ders of magnitude smaller than the reaction times that determine the reactor 
dynamics as described by Eqs. 4.9-4.11. 

3.4. Model development for the catalytic hydrogenation 
reaction

Kinetic studies on the hydrogenation of ketone and aldehyde groups using sup-
ported Ru/C catalysts have been reported in the literature. Examples include the 
hydrogenation of 2-butanone [28], cinnamaldehyde [29], D-glucose [30] and D-lac-
tose  [31]. Typically, Langmuir- Hinshelwood type of mechanisms are proposed. 
The exact form is depending on whether adsorption, reaction or desorption is as-
sumed to be rate determining and on competitive or non-competitive adsorption 
of the reactants. In the literature on Ru/C catalyzed hydrogenations of carbonyl 
groups ample arguments can be found for both competitive and non-competitive 
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adsorption. For simplicity, but also in the absence of any contradicting indications, 
we have applied a Langmuir-Hinshelwood-Hougen-Watson (LHHW) model with 
competitive adsorption of hydrogen and organic molecules on the metal sites (s). 
Depending on the type of hydrogen adsorption, two mechanisms are considered 
here. In mechanism A molecular hydrogen adsorption is assumed, while in mech-
anism B adsorption of hydrogen is dissociative, see Tables 4.3 and 4.4. 

Table 4.3 Mechanism A with molecular H2 adsorption.

A1
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  (  ) =   , (  )    ( ) −   ( )
        ;            =   ,  , 4 −    (4.15)

The balance for diffusion and reaction in the catalyst particles reads:−  ,   1           ( )   =   ( )           0 ≤  ≤   ;      =   ,  , 4 −    (4.16)

where Ri(S) denotes the production rate of i in the catalyst (Ri(S)=Ri(S)(r)).

The boundary conditions to Eq. 3.16 are:

(
   ( )  )   = 0                                            =   ,  , 4 −    (4.17)

  ,   (
   ( )  )    =   (  )                        =   ,  , 4 −    (4.18)

The catalyst particle reaction/transfer steps, Eqs. 4.16-4.18, are formulated here using the

pseudo-steady-state approximation. This is justified because the diffusion times that are

characteristic for the particle dynamics are several orders of magnitude smaller than the reaction

times that determine the reactor dynamics as described by Eqs. 4.9-4.11.

3.4. Model development for the catalytic hydrogenation reaction 
Kinetic studies on the hydrogenation of ketone and aldehyde groups using supported Ru/C

catalysts have been reported in the literature. Examples include the hydrogenation of 2-butanone

[28], cinnamaldehyde [29], D-glucose [30] and D-lactose [31]. Typically, Langmuir- Hinshelwood type

of mechanisms are proposed. The exact form is depending on whether adsorption, reaction or

desorption is assumed to be rate determining and on competitive or non-competitive adsorption of

the reactants. In the literature on Ru/C catalyzed hydrogenations of carbonyl groups ample

arguments can be found for both competitive and non-competitive adsorption. For simplicity, but

also in the absence of any contradicting indications, we have applied a Langmuir-Hinshelwood-

Hougen-Watson (LHHW) model with competitive adsorption of hydrogen and organic molecules on

the metal sites (s). Depending on the type of hydrogen adsorption, two mechanisms are considered

here. In mechanism A molecular hydrogen adsorption is assumed, while in mechanism B adsorption

of hydrogen is dissociative, see Tables 4.3 and 4.4.

Table 4.3 Mechanism A with molecular H2 adsorption.

A1   +  ↔   ∙  
A2   +  ↔   ∙  
A3   ∙  +   ∙  ↔ 4 −    ∙  
A4 4 −    ∙  ↔ 4 −    +  A2

137

  (  ) =   , (  )    ( ) −   ( )
        ;            =   ,  , 4 −    (4.15)

The balance for diffusion and reaction in the catalyst particles reads:−  ,   1           ( )   =   ( )           0 ≤  ≤   ;      =   ,  , 4 −    (4.16)

where Ri(S) denotes the production rate of i in the catalyst (Ri(S)=Ri(S)(r)).

The boundary conditions to Eq. 3.16 are:

(
   ( )  )   = 0                                            =   ,  , 4 −    (4.17)

  ,   (
   ( )  )    =   (  )                        =   ,  , 4 −    (4.18)

The catalyst particle reaction/transfer steps, Eqs. 4.16-4.18, are formulated here using the

pseudo-steady-state approximation. This is justified because the diffusion times that are

characteristic for the particle dynamics are several orders of magnitude smaller than the reaction

times that determine the reactor dynamics as described by Eqs. 4.9-4.11.

3.4. Model development for the catalytic hydrogenation reaction 
Kinetic studies on the hydrogenation of ketone and aldehyde groups using supported Ru/C

catalysts have been reported in the literature. Examples include the hydrogenation of 2-butanone

[28], cinnamaldehyde [29], D-glucose [30] and D-lactose [31]. Typically, Langmuir- Hinshelwood type

of mechanisms are proposed. The exact form is depending on whether adsorption, reaction or

desorption is assumed to be rate determining and on competitive or non-competitive adsorption of

the reactants. In the literature on Ru/C catalyzed hydrogenations of carbonyl groups ample

arguments can be found for both competitive and non-competitive adsorption. For simplicity, but

also in the absence of any contradicting indications, we have applied a Langmuir-Hinshelwood-

Hougen-Watson (LHHW) model with competitive adsorption of hydrogen and organic molecules on

the metal sites (s). Depending on the type of hydrogen adsorption, two mechanisms are considered

here. In mechanism A molecular hydrogen adsorption is assumed, while in mechanism B adsorption

of hydrogen is dissociative, see Tables 4.3 and 4.4.

Table 4.3 Mechanism A with molecular H2 adsorption.

A1   +  ↔   ∙  
A2   +  ↔   ∙  
A3   ∙  +   ∙  ↔ 4 −    ∙  
A4 4 −    ∙  ↔ 4 −    +  A3
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  (  ) =   , (  )    ( ) −   ( )
        ;            =   ,  , 4 −    (4.15)

The balance for diffusion and reaction in the catalyst particles reads:−  ,   1           ( )   =   ( )           0 ≤  ≤   ;      =   ,  , 4 −    (4.16)

where Ri(S) denotes the production rate of i in the catalyst (Ri(S)=Ri(S)(r)).

The boundary conditions to Eq. 3.16 are:

(
   ( )  )   = 0                                            =   ,  , 4 −    (4.17)

  ,   (
   ( )  )    =   (  )                        =   ,  , 4 −    (4.18)

The catalyst particle reaction/transfer steps, Eqs. 4.16-4.18, are formulated here using the

pseudo-steady-state approximation. This is justified because the diffusion times that are

characteristic for the particle dynamics are several orders of magnitude smaller than the reaction

times that determine the reactor dynamics as described by Eqs. 4.9-4.11.

3.4. Model development for the catalytic hydrogenation reaction 
Kinetic studies on the hydrogenation of ketone and aldehyde groups using supported Ru/C

catalysts have been reported in the literature. Examples include the hydrogenation of 2-butanone

[28], cinnamaldehyde [29], D-glucose [30] and D-lactose [31]. Typically, Langmuir- Hinshelwood type

of mechanisms are proposed. The exact form is depending on whether adsorption, reaction or

desorption is assumed to be rate determining and on competitive or non-competitive adsorption of

the reactants. In the literature on Ru/C catalyzed hydrogenations of carbonyl groups ample

arguments can be found for both competitive and non-competitive adsorption. For simplicity, but

also in the absence of any contradicting indications, we have applied a Langmuir-Hinshelwood-

Hougen-Watson (LHHW) model with competitive adsorption of hydrogen and organic molecules on

the metal sites (s). Depending on the type of hydrogen adsorption, two mechanisms are considered

here. In mechanism A molecular hydrogen adsorption is assumed, while in mechanism B adsorption

of hydrogen is dissociative, see Tables 4.3 and 4.4.

Table 4.3 Mechanism A with molecular H2 adsorption.

A1   +  ↔   ∙  
A2   +  ↔   ∙  
A3   ∙  +   ∙  ↔ 4 −    ∙  
A4 4 −    ∙  ↔ 4 −    +  A4
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  (  ) =   , (  )    ( ) −   ( )
        ;            =   ,  , 4 −    (4.15)

The balance for diffusion and reaction in the catalyst particles reads:−  ,   1           ( )   =   ( )           0 ≤  ≤   ;      =   ,  , 4 −    (4.16)

where Ri(S) denotes the production rate of i in the catalyst (Ri(S)=Ri(S)(r)).

The boundary conditions to Eq. 3.16 are:

(
   ( )  )   = 0                                            =   ,  , 4 −    (4.17)

  ,   (
   ( )  )    =   (  )                        =   ,  , 4 −    (4.18)

The catalyst particle reaction/transfer steps, Eqs. 4.16-4.18, are formulated here using the

pseudo-steady-state approximation. This is justified because the diffusion times that are

characteristic for the particle dynamics are several orders of magnitude smaller than the reaction

times that determine the reactor dynamics as described by Eqs. 4.9-4.11.

3.4. Model development for the catalytic hydrogenation reaction 
Kinetic studies on the hydrogenation of ketone and aldehyde groups using supported Ru/C

catalysts have been reported in the literature. Examples include the hydrogenation of 2-butanone

[28], cinnamaldehyde [29], D-glucose [30] and D-lactose [31]. Typically, Langmuir- Hinshelwood type

of mechanisms are proposed. The exact form is depending on whether adsorption, reaction or

desorption is assumed to be rate determining and on competitive or non-competitive adsorption of

the reactants. In the literature on Ru/C catalyzed hydrogenations of carbonyl groups ample

arguments can be found for both competitive and non-competitive adsorption. For simplicity, but

also in the absence of any contradicting indications, we have applied a Langmuir-Hinshelwood-

Hougen-Watson (LHHW) model with competitive adsorption of hydrogen and organic molecules on

the metal sites (s). Depending on the type of hydrogen adsorption, two mechanisms are considered

here. In mechanism A molecular hydrogen adsorption is assumed, while in mechanism B adsorption

of hydrogen is dissociative, see Tables 4.3 and 4.4.

Table 4.3 Mechanism A with molecular H2 adsorption.

A1   +  ↔   ∙  
A2   +  ↔   ∙  
A3   ∙  +   ∙  ↔ 4 −    ∙  
A4 4 −    ∙  ↔ 4 −    +  
Table 4.4 Mechanism B with dissociative H2 adsorption.
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Table 4.4 Mechanism B with dissociative H2 adsorption.

B1   +  ↔   ∙  
B2   + 2 ↔ 2 ∙  
B3   ∙  +  ∙  ↔    ∙  
B4    ∙  + ∙  ↔ 4 −    ∙  
B5 4 −   ∙  ↔ 4 −    +  

The adsorption and desorption steps are assumed to be rapid. Therefore the hydrogenation

rate is determined by the rate of a surface reaction, step A3 in mechanism A, and steps B3 or B4 in

mechanism B. Reaction rate equations can be derived, following the LHHW methodology, as  ,  =
  ,        

(1 +       +       +             +         ) (4.19)

  ,  =
  ,         

(1 +       +       +             +         ) (4.20)

  ,  =
  ,        

(1 +       +        +             +         ) (4.21)

The production rates of the components, as mentioned in Eq. 4.16 can be identified as   ( ) =    ( ) = −      ( ) = −  ( ) (4.22)

where R1,(S) is given by Eq. 4-19, 4-20 or 4-21.

The possible involvement of GVL in the denominator term was also assessed experimentally

by performing a hydrogenation reaction at standard conditions in the presence of GVL. The results

are given in Figure 4.4. Clearly, the presence of GVL retards the reaction rate and suggests that GVL

adsorption to active catalysts sites affects the reaction rate and justifies the introduction of an

additional GVL denominator term.

Figure 4.4 Effect of the presence of GVL on the LA conversion. □: only LA (0.6 M), ■: LA + GVL (LA 0.6 M, GVL

0.6 M, 45 bar, 363 K, Ru/C intake: 2 wt.% on LA). 
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Table 4.4 Mechanism B with dissociative H2 adsorption.

B1   +  ↔   ∙  
B2   + 2 ↔ 2 ∙  
B3   ∙  +  ∙  ↔    ∙  
B4    ∙  + ∙  ↔ 4 −    ∙  
B5 4 −   ∙  ↔ 4 −    +  

The adsorption and desorption steps are assumed to be rapid. Therefore the hydrogenation

rate is determined by the rate of a surface reaction, step A3 in mechanism A, and steps B3 or B4 in

mechanism B. Reaction rate equations can be derived, following the LHHW methodology, as  ,  =
  ,        

(1 +       +       +             +         ) (4.19)

  ,  =
  ,         

(1 +       +       +             +         ) (4.20)

  ,  =
  ,        

(1 +       +        +             +         ) (4.21)

The production rates of the components, as mentioned in Eq. 4.16 can be identified as   ( ) =    ( ) = −      ( ) = −  ( ) (4.22)

where R1,(S) is given by Eq. 4-19, 4-20 or 4-21.

The possible involvement of GVL in the denominator term was also assessed experimentally

by performing a hydrogenation reaction at standard conditions in the presence of GVL. The results

are given in Figure 4.4. Clearly, the presence of GVL retards the reaction rate and suggests that GVL

adsorption to active catalysts sites affects the reaction rate and justifies the introduction of an

additional GVL denominator term.

Figure 4.4 Effect of the presence of GVL on the LA conversion. □: only LA (0.6 M), ■: LA + GVL (LA 0.6 M, GVL

0.6 M, 45 bar, 363 K, Ru/C intake: 2 wt.% on LA). 
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Table 4.4 Mechanism B with dissociative H2 adsorption.

B1   +  ↔   ∙  
B2   + 2 ↔ 2 ∙  
B3   ∙  +  ∙  ↔    ∙  
B4    ∙  + ∙  ↔ 4 −    ∙  
B5 4 −   ∙  ↔ 4 −    +  

The adsorption and desorption steps are assumed to be rapid. Therefore the hydrogenation

rate is determined by the rate of a surface reaction, step A3 in mechanism A, and steps B3 or B4 in

mechanism B. Reaction rate equations can be derived, following the LHHW methodology, as  ,  =
  ,        

(1 +       +       +             +         ) (4.19)

  ,  =
  ,         

(1 +       +       +             +         ) (4.20)

  ,  =
  ,        

(1 +       +        +             +         ) (4.21)

The production rates of the components, as mentioned in Eq. 4.16 can be identified as   ( ) =    ( ) = −      ( ) = −  ( ) (4.22)

where R1,(S) is given by Eq. 4-19, 4-20 or 4-21.

The possible involvement of GVL in the denominator term was also assessed experimentally

by performing a hydrogenation reaction at standard conditions in the presence of GVL. The results

are given in Figure 4.4. Clearly, the presence of GVL retards the reaction rate and suggests that GVL

adsorption to active catalysts sites affects the reaction rate and justifies the introduction of an

additional GVL denominator term.

Figure 4.4 Effect of the presence of GVL on the LA conversion. □: only LA (0.6 M), ■: LA + GVL (LA 0.6 M, GVL

0.6 M, 45 bar, 363 K, Ru/C intake: 2 wt.% on LA). 
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Table 4.4 Mechanism B with dissociative H2 adsorption.

B1   +  ↔   ∙  
B2   + 2 ↔ 2 ∙  
B3   ∙  +  ∙  ↔    ∙  
B4    ∙  + ∙  ↔ 4 −    ∙  
B5 4 −   ∙  ↔ 4 −    +  

The adsorption and desorption steps are assumed to be rapid. Therefore the hydrogenation

rate is determined by the rate of a surface reaction, step A3 in mechanism A, and steps B3 or B4 in

mechanism B. Reaction rate equations can be derived, following the LHHW methodology, as  ,  =
  ,        

(1 +       +       +             +         ) (4.19)

  ,  =
  ,         

(1 +       +       +             +         ) (4.20)

  ,  =
  ,        

(1 +       +        +             +         ) (4.21)

The production rates of the components, as mentioned in Eq. 4.16 can be identified as   ( ) =    ( ) = −      ( ) = −  ( ) (4.22)

where R1,(S) is given by Eq. 4-19, 4-20 or 4-21.

The possible involvement of GVL in the denominator term was also assessed experimentally

by performing a hydrogenation reaction at standard conditions in the presence of GVL. The results

are given in Figure 4.4. Clearly, the presence of GVL retards the reaction rate and suggests that GVL

adsorption to active catalysts sites affects the reaction rate and justifies the introduction of an

additional GVL denominator term.

Figure 4.4 Effect of the presence of GVL on the LA conversion. □: only LA (0.6 M), ■: LA + GVL (LA 0.6 M, GVL

0.6 M, 45 bar, 363 K, Ru/C intake: 2 wt.% on LA). 
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Table 4.4 Mechanism B with dissociative H2 adsorption.

B1   +  ↔   ∙  
B2   + 2 ↔ 2 ∙  
B3   ∙  +  ∙  ↔    ∙  
B4    ∙  + ∙  ↔ 4 −    ∙  
B5 4 −   ∙  ↔ 4 −    +  

The adsorption and desorption steps are assumed to be rapid. Therefore the hydrogenation

rate is determined by the rate of a surface reaction, step A3 in mechanism A, and steps B3 or B4 in

mechanism B. Reaction rate equations can be derived, following the LHHW methodology, as  ,  =
  ,        

(1 +       +       +             +         ) (4.19)

  ,  =
  ,         

(1 +       +       +             +         ) (4.20)

  ,  =
  ,        

(1 +       +        +             +         ) (4.21)

The production rates of the components, as mentioned in Eq. 4.16 can be identified as   ( ) =    ( ) = −      ( ) = −  ( ) (4.22)

where R1,(S) is given by Eq. 4-19, 4-20 or 4-21.
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The possible involvement of GVL in the denominator term was also assessed 
experimentally by performing a hydrogenation reaction at standard conditions 
in the presence of GVL. The results are given in Figure 4.4. Clearly, the presence 
of GVL retards the reaction rate and suggests that GVL adsorption to active cata-
lysts sites affects the reaction rate and justifies the introduction of an additional 
GVL denominator term. 

Figure 4.4 Effect of the presence of GVL on the LA conversion. □: only LA (0.6 M), ■: LA + GVL 

(LA 0.6 M, GVL 0.6 M, 45 bar, 363 K, Ru/C intake: 2 wt.% on LA). 

Hydrogenation reactions with pure 4-HPA could not be performed as it is 
well known that the intramolecular esterification of 4-HPA to GVL is a relatively 
fast reaction at 363 K (vide infra) and as such GVL formation interferes with the 
rate data analysis. 

The possibility of considerable catalyst deactivation of the Ru/C on the 
timescale of the experiments (typically less the 3h) is not likely on the basis of 
extensive studies in a continuous set-up for runtimes of over 100 h with this 
particular catalyst [32]. As such, it was not considered in this kinetic study. 

3.5. Modeling of the intermolecular esterification of 4-HPA  
to GVL

Regarding the intramolecular esterification reaction of 4-HPA to GVL, it is as-
sumed that the reaction is an equilibrium reaction which occurs in the bulk 
water phase and is catalyzed by a Brönsted acid [24],[27]. The latter assumption 
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is justified by individual studies using Brönsted acids and is in line with recent 
data from Bond [24].
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Where Ka,LA and Ka,4-HPA are dissociation constants of levulinic acid (10-4.6) and 4-

hydroxypentanoic acid (10-5.7), respectively [33]. A more detailed explanation regarding the

derivation and validity of Eq. 4-24 is given in the Appendices.

3.6. Modeling of the mass transfer coefficients 
In stirred slurry and gas slurry reactors the mass transfer coefficient for transport from the

liquid to the solid phase is usually correlated via dimensionless numbers with an equation of the

form ℎ = 2 +  (  ,   ) (4.25)

where the Sherwood number is obtained as a function of the Reynolds and Schmidt numbers

[27]. With the small particle diameters used here, the second part of the relation for Sherwood is

negligible, and the liquid solid mass transfer coefficients, kl,i, can be calculated from ℎ =
  ,     ,   = 2 (4.26)
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4-hydroxypentanoic acid (10-5.7), respectively  [33]. A more detailed explanation 
regarding the derivation and validity of Eq. 4-24 is given in the Appendices.  
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3.7. Model solution and parameter optimization

The mathematical model for calculating the liquid phase concentration profiles 
over time was programmed in MATLAB. The set of ordinary differential equa-
tions (ODE’s) for the concentrations, Eqs. 4.9-4.15, was solved numerically using 

the ode23s routine. The right-hand-sides of the ODE’s needed for the integration 
were obtained from solving the catalyst particle problem Eqs. 4.16-4.18 with the 
bvp4c routine. 

The solution algorithm of the mathematical model is incorporated as a sub-
routine of the parameter optimization process. For a specific kinetic model 
as given by Eq. 4.19, 4.20 or 4.21 the unknown parameters comprise reaction 
rate constants and adsorption equilibrium constants. The optimization was 
achieved by minimization of the differences between the calculated and mea-
sured concentration data: 
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For each experiment the weight factor, wi, was taken as the initial LA concentration. This

way, all concentrations are scaled between 0 and 1, and the experiments each contribute with

approximately the same weight to the solution. The parameters were optimization using the

fminsearch function where initial values were generated from a limited number of iterations with the

lsqnonlin function.

3.8. Model results 
An experimental set of data was obtained, consisting of the concentration profiles of LA, 4-

HPA and GVL, as described in the experimental section. The challenge of finding optimum

parameters of LHHW type of kinetic models is notorious due to local minima of the objective

function and strong correlations among the parameters. This is especially true if the temperature

dependency is taken into account via an Arrhenius type of dependency for the reaction rate

constants or a Van ‘t Hoff dependency for the adsorption equilibrium constants.

Therefore we applied a two-step strategy where each model was first optimized taking into

account only the experiments performed at 363 K. This temperature is the intermediate of the

experimental range of temperatures applied here. An initial optimization revealed that for each

model the adsorption equilibrium constants of hydrogen and 4-HPA were statistically not significant;

their 95% confidence intervals encompassed zero. Apparently, the surface coverages of hydrogen

and 4-HPA were very small as compared to the other components. Consequently, the terms

pertaining to the adsorption equilibria of hydrogen and 4-HPA in the denominator of the LHHW

reaction rate models were dropped, and the model equations reduce to

 (4.27)

For each experiment the weight factor, w
i
, was taken as the initial LA con-

centration. This way, all concentrations are scaled between 0 and 1, and the ex-
periments each contribute with approximately the same weight to the solution. 
The parameters were optimization using the fminsearch function where initial 
values were generated from a limited number of iterations with the lsqnonlin 
function. 

3.8. Model results

An experimental set of data was obtained, consisting of the concentration 
profiles of LA, 4-HPA and GVL, as described in the experimental section. The 
challenge of finding optimum parameters of LHHW type of kinetic models is 
notorious due to local minima of the objective function and strong correlations 
among the parameters. This is especially true if the temperature dependency is 
taken into account via an Arrhenius type of dependency for the reaction rate 
constants or a Van ‘t Hoff dependency for the adsorption equilibrium constants. 

Therefore we applied a two-step strategy where each model was first opti-
mized taking into account only the experiments performed at 363 K. This tem-
perature is the intermediate of the experimental range of temperatures applied 
here. An initial optimization revealed that for each model the adsorption equi-
librium constants of hydrogen and 4-HPA were statistically not significant; their 
95% confidence intervals encompassed zero. Apparently, the surface coverages 
of hydrogen and 4-HPA were very small as compared to the other components. 
Consequently, the terms pertaining to the adsorption equilibria of hydrogen 
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and 4-HPA in the denominator of the LHHW reaction rate models were dropped, 
and the model equations reduce to 
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  ,  =
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(1 +       +         ) (4.30)

The models A3 and B4 are not distinguishable any more, compare Eqs. 4.28 and 4.30, due to

the low hydrogen coverage. The optimized parameters for the models of Eqs. 4.28-4.30 are shown in

Table 4.5.

Table 4.5 Optimized parameters at 363 K with 95% confidence intervals.

Model A3, B4 B3
kr, m

3/mol·s or m1.5/mol0.5·s (63.3±2.9)×10-3 (343±15)×10-3

KLA, m3/mol (1.32±0.06)×10-3 (1.61±0.07)×10-3

KGVL, m
3/mol (0.84±0.12)×10-3 (0.89±0.13)×10-3

k2, m3·s/mol (0.41±0.03)×10-3 (0.40±0.03)×10-3

k-2, m3·s/mol (0.042±0.013)×10-3 (0.039±0.01)×10-3

error sum 0.988 1.170

The confidence intervals are calculated from comparing χ2 -values where one of the

parameters is varied until the χ2-value has increased to the value given by

(  )  % = (  )   [1 +
  −   ( , −  , 0.95)] (4.31)

where F(m,N-m,0.95) denotes the 95% value of the Fisher distribution with (m,N-m) degrees

of freedom. Because model A3,B4 results in a smaller sum of errors, as compared to model B3, it is

selected as the preferred model henceforth. Some typical results are shown in Figure 4.1.

In the second step of the optimization strategy, the temperature dependency of the

preferred model A3,B4 was optimized. The kinetic parameters were expressed as  = (  )     exp [−  ,    1 − 1
363

 ] (4.32)

  = (  )     exp [−  ,    1 − 1
363

 ] (4.33)

   = (   )     exp [−  ,     1 − 1
363

 ] (4.34)

For simplicity, the variation of the adsorption equilibrium constants with the temperature

was not taking in to account here. Using the data from kinetic experiments at temperatures of 343-

403 K the optimized activation energy data were obtained as shown in Table 4.6. Some typical results

are shown in Figure 4.5.
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For simplicity, the variation of the adsorption equilibrium constants with the temperature
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403 K the optimized activation energy data were obtained as shown in Table 4.6. Some typical results

are shown in Figure 4.5.

 (4.30)

The models A3 and B4 are not distinguishable any more, compare Eqs. 4.28 
and 4.30, due to the low hydrogen coverage. The optimized parameters for the 
models of Eqs. 4.28-4.30 are shown in Table 4.5. 

Table 4.5 Optimized parameters at 363 K with 95% confidence intervals. 

Model A3, B4 B3

kr, m
3/mol·s or m1.5/mol0.5·s (63.3±2.9)×10-3 (343±15)×10-3

KLA, m3/mol (1.32±0.06)×10-3 (1.61±0.07)×10-3

KGVL, m
3/mol (0.84±0.12)×10-3 (0.89±0.13)×10-3

k2, m
3·s/mol (0.41±0.03)×10-3 (0.40±0.03)×10-3

k-2, m
3·s/mol (0.042±0.013)×10-3 (0.039±0.01)×10-3

error sum 0.988 1.170

The confidence intervals are calculated from comparing χ2 -values where one 
of the parameters is varied until the χ2-value has increased to the value given by 

141

  ,  =
  ,        

(1 +       +         ) (4.28)

  ,  =
  ,         

(1 +       +         ) (4.29)

  ,  =
  ,        

(1 +       +         ) (4.30)

The models A3 and B4 are not distinguishable any more, compare Eqs. 4.28 and 4.30, due to

the low hydrogen coverage. The optimized parameters for the models of Eqs. 4.28-4.30 are shown in

Table 4.5.

Table 4.5 Optimized parameters at 363 K with 95% confidence intervals.

Model A3, B4 B3
kr, m

3/mol·s or m1.5/mol0.5·s (63.3±2.9)×10-3 (343±15)×10-3

KLA, m3/mol (1.32±0.06)×10-3 (1.61±0.07)×10-3

KGVL, m
3/mol (0.84±0.12)×10-3 (0.89±0.13)×10-3

k2, m3·s/mol (0.41±0.03)×10-3 (0.40±0.03)×10-3

k-2, m3·s/mol (0.042±0.013)×10-3 (0.039±0.01)×10-3

error sum 0.988 1.170

The confidence intervals are calculated from comparing χ2 -values where one of the

parameters is varied until the χ2-value has increased to the value given by

(  )  % = (  )   [1 +
  −   ( , −  , 0.95)] (4.31)

where F(m,N-m,0.95) denotes the 95% value of the Fisher distribution with (m,N-m) degrees

of freedom. Because model A3,B4 results in a smaller sum of errors, as compared to model B3, it is

selected as the preferred model henceforth. Some typical results are shown in Figure 4.1.

In the second step of the optimization strategy, the temperature dependency of the

preferred model A3,B4 was optimized. The kinetic parameters were expressed as  = (  )     exp [−  ,    1 − 1
363

 ] (4.32)

  = (  )     exp [−  ,    1 − 1
363

 ] (4.33)

   = (   )     exp [−  ,     1 − 1
363

 ] (4.34)

For simplicity, the variation of the adsorption equilibrium constants with the temperature

was not taking in to account here. Using the data from kinetic experiments at temperatures of 343-

403 K the optimized activation energy data were obtained as shown in Table 4.6. Some typical results

are shown in Figure 4.5.

 (4.31)

where F(m,N-m,0.95) denotes the 95% value of the Fisher distribution with 
(m,N-m) degrees of freedom. Because model A3,B4 results in a smaller sum of er-
rors, as compared to model B3, it is selected as the preferred model henceforth. 
Some typical results are shown in Figure 4.1. 

In the second step of the optimization strategy, the temperature dependency 
of the preferred model A3,B4 was optimized. The kinetic parameters were ex-
pressed as 

141

  ,  =
  ,        

(1 +       +         ) (4.28)

  ,  =
  ,         

(1 +       +         ) (4.29)

  ,  =
  ,        

(1 +       +         ) (4.30)

The models A3 and B4 are not distinguishable any more, compare Eqs. 4.28 and 4.30, due to

the low hydrogen coverage. The optimized parameters for the models of Eqs. 4.28-4.30 are shown in

Table 4.5.

Table 4.5 Optimized parameters at 363 K with 95% confidence intervals.

Model A3, B4 B3
kr, m

3/mol·s or m1.5/mol0.5·s (63.3±2.9)×10-3 (343±15)×10-3

KLA, m3/mol (1.32±0.06)×10-3 (1.61±0.07)×10-3

KGVL, m
3/mol (0.84±0.12)×10-3 (0.89±0.13)×10-3

k2, m3·s/mol (0.41±0.03)×10-3 (0.40±0.03)×10-3

k-2, m3·s/mol (0.042±0.013)×10-3 (0.039±0.01)×10-3

error sum 0.988 1.170

The confidence intervals are calculated from comparing χ2 -values where one of the

parameters is varied until the χ2-value has increased to the value given by

(  )  % = (  )   [1 +
  −   ( , −  , 0.95)] (4.31)

where F(m,N-m,0.95) denotes the 95% value of the Fisher distribution with (m,N-m) degrees

of freedom. Because model A3,B4 results in a smaller sum of errors, as compared to model B3, it is

selected as the preferred model henceforth. Some typical results are shown in Figure 4.1.

In the second step of the optimization strategy, the temperature dependency of the

preferred model A3,B4 was optimized. The kinetic parameters were expressed as  = (  )     exp [−  ,    1 − 1
363

 ] (4.32)

  = (  )     exp [−  ,    1 − 1
363

 ] (4.33)

   = (   )     exp [−  ,     1 − 1
363

 ] (4.34)

For simplicity, the variation of the adsorption equilibrium constants with the temperature

was not taking in to account here. Using the data from kinetic experiments at temperatures of 343-

403 K the optimized activation energy data were obtained as shown in Table 4.6. Some typical results

are shown in Figure 4.5.

 (4.32)

141

  ,  =
  ,        

(1 +       +         ) (4.28)

  ,  =
  ,         

(1 +       +         ) (4.29)

  ,  =
  ,        

(1 +       +         ) (4.30)

The models A3 and B4 are not distinguishable any more, compare Eqs. 4.28 and 4.30, due to

the low hydrogen coverage. The optimized parameters for the models of Eqs. 4.28-4.30 are shown in

Table 4.5.

Table 4.5 Optimized parameters at 363 K with 95% confidence intervals.

Model A3, B4 B3
kr, m

3/mol·s or m1.5/mol0.5·s (63.3±2.9)×10-3 (343±15)×10-3

KLA, m3/mol (1.32±0.06)×10-3 (1.61±0.07)×10-3

KGVL, m
3/mol (0.84±0.12)×10-3 (0.89±0.13)×10-3

k2, m3·s/mol (0.41±0.03)×10-3 (0.40±0.03)×10-3

k-2, m3·s/mol (0.042±0.013)×10-3 (0.039±0.01)×10-3

error sum 0.988 1.170

The confidence intervals are calculated from comparing χ2 -values where one of the

parameters is varied until the χ2-value has increased to the value given by

(  )  % = (  )   [1 +
  −   ( , −  , 0.95)] (4.31)

where F(m,N-m,0.95) denotes the 95% value of the Fisher distribution with (m,N-m) degrees

of freedom. Because model A3,B4 results in a smaller sum of errors, as compared to model B3, it is

selected as the preferred model henceforth. Some typical results are shown in Figure 4.1.

In the second step of the optimization strategy, the temperature dependency of the

preferred model A3,B4 was optimized. The kinetic parameters were expressed as  = (  )     exp [−  ,    1 − 1
363

 ] (4.32)

  = (  )     exp [−  ,    1 − 1
363

 ] (4.33)

   = (   )     exp [−  ,     1 − 1
363

 ] (4.34)

For simplicity, the variation of the adsorption equilibrium constants with the temperature

was not taking in to account here. Using the data from kinetic experiments at temperatures of 343-

403 K the optimized activation energy data were obtained as shown in Table 4.6. Some typical results

are shown in Figure 4.5.

 (4.33)

141

  ,  =
  ,        

(1 +       +         ) (4.28)

  ,  =
  ,         

(1 +       +         ) (4.29)

  ,  =
  ,        

(1 +       +         ) (4.30)

The models A3 and B4 are not distinguishable any more, compare Eqs. 4.28 and 4.30, due to

the low hydrogen coverage. The optimized parameters for the models of Eqs. 4.28-4.30 are shown in

Table 4.5.

Table 4.5 Optimized parameters at 363 K with 95% confidence intervals.

Model A3, B4 B3
kr, m

3/mol·s or m1.5/mol0.5·s (63.3±2.9)×10-3 (343±15)×10-3

KLA, m3/mol (1.32±0.06)×10-3 (1.61±0.07)×10-3

KGVL, m
3/mol (0.84±0.12)×10-3 (0.89±0.13)×10-3

k2, m3·s/mol (0.41±0.03)×10-3 (0.40±0.03)×10-3

k-2, m3·s/mol (0.042±0.013)×10-3 (0.039±0.01)×10-3

error sum 0.988 1.170

The confidence intervals are calculated from comparing χ2 -values where one of the

parameters is varied until the χ2-value has increased to the value given by

(  )  % = (  )   [1 +
  −   ( , −  , 0.95)] (4.31)

where F(m,N-m,0.95) denotes the 95% value of the Fisher distribution with (m,N-m) degrees

of freedom. Because model A3,B4 results in a smaller sum of errors, as compared to model B3, it is

selected as the preferred model henceforth. Some typical results are shown in Figure 4.1.

In the second step of the optimization strategy, the temperature dependency of the

preferred model A3,B4 was optimized. The kinetic parameters were expressed as  = (  )     exp [−  ,    1 − 1
363

 ] (4.32)

  = (  )     exp [−  ,    1 − 1
363

 ] (4.33)

   = (   )     exp [−  ,     1 − 1
363

 ] (4.34)

For simplicity, the variation of the adsorption equilibrium constants with the temperature

was not taking in to account here. Using the data from kinetic experiments at temperatures of 343-

403 K the optimized activation energy data were obtained as shown in Table 4.6. Some typical results

are shown in Figure 4.5.

 (4.34)

For simplicity, the variation of the adsorption equilibrium constants with 
the temperature was not taking in to account here. Using the data from  kinetic 
experiments at temperatures of 343-403  K the optimized activation energy 
data were obtained as shown in Table 4.6. Some typical results are shown in 
Figure 4.5.

Table 4.6 Activation energies and 95% confidence intervals. 

Parameter EA, kJ/mol

kr 54.9±2.7

k2 66.9±3.3

k-2 70.6±5.6

Figure 4.5 Experimental and model data for two selected experiments (left: run 26, 403 K, 

45 bar; right: run 30, 343 K, 45 bar).
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Agreement between experimental and modeled data for the dataset is good, 
see the parity plot in Figure 4.6 for details.

Figure 4.6 Modeled versus experimental LA, 4-HPA and GVL concentrations.

4. Discussion

The modeling activities indicate that the hydrogenation of LA is best described 
by a LHMW mechanism with a dual site surface reaction as the rate determining 
step. The mechanism is characterized by dissociative hydrogen adsorption and 
competitive adsorption of LA and GVL at the active sites of the catalyst surface. 
The  competitive adsorption of the GVL is rationalized by the observed reduc-
tion in initial reaction rate when performing a hydrogenation reaction in the 
presence of GVL (Figure 4.4). The values for the adsorption constants (K

x
 with 

x = LA and GVL) are 1.32 × 10-3 and 0.84 × 10-3  m3/mol, respectively. 
The apparent activation energy for the hydrogenation reaction is 54.9 ± 

2.7 kJ/mol, which is slightly higher than reported by Bond et al. (48 ± 5 kJ/mol) [24]. 
The small differences may be related to the experimental set-ups used for the ex-
periments (batch here versus a continuous packed bed reactor) and difference in 
catalyst supplier. It is well known that the activity of Ru/C catalysts is a function 
of, among others, the preparation method and the type of carbon support used 
and major activity differences have been reported  [34]. In addition, our studies 
were performed with a different Ru loading (3 wt.%) than Bond (5 wt.%). The 
activation energy for Ru/C as found in our study is much higher than for Pd/C 

by Zhang et al. (33 kJ/mol) [25]. Whether this relatively low value is indeed an in-
trinsic feature of the Pd/C catalyst or that the kinetic analysis did not include 
proper attention to diffusional issues, is not clear. 

The intramolecular esterification reaction was modeled as an acid catalyzed 
equilibrium reaction with a first order dependency in reactants and prod-
ucts. The kinetic constants for the forward reaction (k

2
) was 0.41±0.03 × 10-3 

(m3/mol·s) at the reference temperature (363 K), versus 0.042±0.013 × 10-3 
(m3/mol·s) for the backward reaction (k

-2
). As such the forward reaction is much 

faster and the equilibrium is far on the side of the product GVL. These findings 
are in line with the experimental observations (see e.g. Figure 4.1). The value 
for the  equilibrium constant (k

2
/k

-2
) is about 10 at 363 K. This value is lower than 

that observed for the independently experimentally determined equilibrium 
constant for the reaction at 293 K (16.5), due to the temperature dependence of 
the equilibrium constant. The activation energy for the forward reaction was 
66.9 ± 3.3 kJ/mol, which is very close to the 70 kJ/mol reported by Bond et al. [24].

The activation energy for the intramolecular esterification reaction is larger 
than for the hydrogenation reaction. As such, the esterification reaction is fa-
vored at higher temperatures and the amounts of GVL and 4-HPA are expected 
to be at equilibrium values when performing the reaction at the high end of the 
temperature range (403 K). This is indeed experimentally observed, see Figure 4.1 
for details. Thus, when aiming for high amounts of 4-HPA, the reaction should 
be carried out at low temperatures whereas GVL formation is favored at higher 
temperatures. However, it should be stressed that 100% selectivity to GVL is not 
possible in water in the temperature range studies (333-403K) due to  equilibrium 
considerations. As such, reported literature studies with quantitative GVL selec-
tivity in water are highly doubtful and likely related to analytical issues.  

In the development of this study, the experimental data were first fitted to 
a homogeneous model, i.e. without taking any mass transfer or diffusion lim-
itations into account, see Appendices for details. With the homogeneous model 
also a good fit was obtained. However, calculation of the Weisz-Prater numbers 
from experimentally observed rates indicated that diffusion limitation in the 
catalyst particles occurred. A comparison of the kinetic parameters for both the 
homogeneous and heterogeneous model is given in Table 4.7.
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Table 4.7 Comparison of kinetic data for the homogeneous and heterogeneous model.

Model Heterogeneous (A3, B4) Homogeneous

kr, m
3/mol·s (63.3±2.9)×10-3 (53.3±5.4)×10-3

KLA, m3/mol (1.32±0.06)×10-3 (1.51±0.4)×10-3

K4-HPA, m3/mol - (0.45±0.06)×10-3

KGVL, m
3/mol (0.84±0.12)×10-3 (0.79±0.08)×10-3

k2, m
3/mol·s (0.41±0.03)×10-3 (0.4±0.02)×10-3

k-2, m
3/mol·s (0.042±0.013)×10-3 (0.04±0.01)×10-3

EA (kJ/mol) for kr 54.9±2.7 34.1±0.1

EA (kJ/mol) for k2 66.9±3.3 62.5±3.6

EA (kJ/mol) for k-2 70.6±5.6 65.7±6.8

The majority of the kinetic parameters are about similar, particularly when 
considering the confidence intervals. The two main exceptions are the values for 
k

r
 and the corresponding activation energy for this reaction. The activation  energy 

for the homogeneous model is much lower than for the heterogeneous model. 
This is in line with the known fact that the apparent activation energies for mass 
transfer limited reactions are always lower than that of the intrinsic kinetics of 
the reaction, and in the limit approaches a value of half of the intrinsic one [27]. 

A comparison of the experimental data and the heterogeneous model with 
and without any mass transfer limitation is given in Figure 4.7. Indeed clear dif-
ferences are observed. For instance, the model without diffusional components 
predicts that the drop in LA concentration versus time is much more profound 
than for the heterogeneous model with diffusional limitations, as expected. 

To further illustrate that the full heterogeneous model needs to be em-
ployed at the conditions used here, the concentration profiles inside the catalyst 
particles were extracted from the software. Some typical results are shown in 
Figure 4.8. 

The figures nicely illustrate a pattern that is generally observed with the ex-
periments; significant concentration variations occur within the catalyst parti-
cles. Initially, at t=0, it is especially the hydrogen concentration that decreases at 
the interior of the particle. At the center however the concentration is still more 
than 40% of the liquid bulk value. Therefore, even initially, all catalyst volume 
does participate in catalyzing the reaction and there is no inactive part of the 
catalyst as would have been the case with more severe diffusion limitation. As 
time progresses the hydrogen concentration inside the particle increases until 
near the end when most of the LA is converted the concentration is equal to the 
liquid bulk value throughout the particles. 

Figure 4.7 Comparison of the experimental data and the heterogeneous model with and 

without any mass transfer limitation. Symbols: measured concentrations run 7, 363 K, 45 bar; 

solid lines: calculated with the final kinetic model; dotted lines: calculated with the same 

kinetic model but without any mass transfer or diffusion limitation.

Figure 4.8 Calculated relative hydrogen concentration profiles in the catalyst (left) and the 

relative LA concentration profiles in the catalyst (right; run 11, 363 K, 45 bar).

An opposite trend is seen with the LA concentration profiles, see Figure 4.8 
(right). Initially the LA concentration decreases in the catalyst particle, but at 
the center the value still is some 75% of the liquid bulk value. But now, with in-
creasing time, the concentration in the catalyst decreases. The observations are 
reflected in the catalyst effectiveness, see Figure 4.9. At the start of the experi-
ment the effectiveness is close to 75%, mainly due to the decreased availability 
of hydrogen. Hydrogen is limiting here, despite its much higher diffusion coef-
ficient, because of its low concentration. During the experiment, gradually the 
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limitation is shifted from the hydrogen availability towards the LA availability. 
This is also illustrated by the Weisz-Prater numbers, N

WP
, for hydrogen and LA 

that are also shown in Figure 4.9. The initially high N
WP

 of hydrogen gradually 
drops to very low values and on itself would lead to the erroneous conclusion 
that after t = 2000 the situation is free of diffusion limitation. Here the high N

WP
 

of LA is determining the system behavior and still causes some diffusion limita-
tion. For all experiments the catalyst effectiveness factors were found to be in 
the range of 70 to 95%, varying from initially lower values to higher values near 
the end at high conversion. 

Figure 4.9 Weisz-Prater numbers, NWP, and catalyst efficiency, E. Run 11, 363 K, 45 bar.

Both external mass transfer limitations, due to the finite values of the mass 
transfer coefficients k

l,i
, and the intra-particle diffusion limitations, due of the 

finite values of the effective diffusion coefficients D
i,eff

, determine the overall 
reaction rate (Figure 4.3).  By applying the principle of resistances in series, the 
relative contribution of the external liquid- solid mass transfer, as compared to 
the amount due to the intra-particle diffusion limitation, to the overall trans-
port limitation can be calculated. With the experimental runs obtained here, 
intra-particle diffusion limitations is by far more important than external liquid- 
solid mass transfer and accounts for 70 - 90% of the total mass transfer resistance. 

5. Conclusions

Ru/C is an active catalyst for the hydrogenation of LA to GVL in water at relative-
ly low temperatures (< 363 K). 4-HPA is a clear intermediate and relatively high 
amounts of 4-HPA may be obtained when performing the reaction at relatively 
low temperatures and low initial LA concentrations. Kinetic modelling activities 
reveal that particularly intra-particle diffusion limitation of both LA and hydro-
gen affect the overall reaction rates. As such, a heterogeneous model was de-
veloped incorporating both diffusion and reaction rates. The intrinsic kinetics 
of the hydrogenation reaction of LA to 4-HPA was successfully modelled using 
a Langmuir-Hinshelwood type expressions with competitive adsorption of LA 
and GVL on the surface of catalyst. The subsequent intramolecular esterification 
of the hydrogenation product 4-HPA to GVL was modelled as a homogeneous 
acid catalyzed equilibrium reaction. Good agreement between experimental 
concentration versus time profiles and the model was obtained. The kinetic pa-
rameters extracted from the heterogeneous model were compared with that of 
a homogeneous model, which assumes the absence of diffusion limitations. The 
main difference between both models is the activation energy for the hydroge-
nation reaction, which was by far lower for the homogeneous model.  

The modelling activities indicate that the hydrogenation of LA with hydro-
gen in water using Ru/C is a fast reaction, for which diffusion limitations and 
particularly intra-particle limitations of both LA and hydrogen play a significant 
role, even with the relatively small catalyst particle sizes (d

p
 = 60 × 10-6 m) and 

the low catalyst hold-up used in this study. As such, experimental data on LA hy-
drogenations in water using supported Ru catalysts should be considered care-
fully as the reported conversion rates may have been affected by intra-particle 
diffusion limitation. The kinetic model developed here will be used for further 
reactor engineering studies and particularly for selection of the most suitable 
reactor configuration (e.g. packed bed versus slurry reactors) and reactor sizing.  
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6. Nomenclature

a : interfacial area, m-1

C : concentration, mol/m3

D
i,eff

: effective diffusivity of component i in the catalyst particles, m/s2

d
p

: particle diameter, m
GVL : γ-valerolactone
4-HPA : 4-hydroxypentanoic acid
J : molar mass transfer flux, mol/m2·s
K

LA
, K

H2
, K

4-HPA
, k

gVL
: adsorption equilibrium constant

k
l,i

: liquid-solid mass transfer coefficient of component i, m/s
k

r
: reaction rate constant

k
2
, k

-2
: reaction rate constants in the reversible conversion of 4-HPA 
to GVL, Eq. 4.23

LA : levulinic acid
LAH : intermediate reaction product, half hydrogenated levulinic 

acid
N

WP
: Weisz-Prater number, 

R : catalyst particle diameter, m
R

1
: rate of the hydrogenation reaction of LA, mol/m3·s

R
2

: rate of the reaction of 4-HPA to GVL, mol/m3·s
r : radial coordinate in catalyst particle modeling, m
s : active site in the catalyst particles
t : time, s
w : weight factor, see Eq. 4.27
Greek symbols
χ2 : objective function in the parameter optimization, see Eq. 4.27
Subscripts
GVL : γ-valerolactone
4-HPA : 4-hydroxypentanoic acid
H

2
: hydrogen

i : component i
LA : levulinic acid
(LS) : liquid-solid
(L) : liquid phase
(S) : solid phase

7. Appendices

7.1. Calculations of intraparticle diffusion of LA and hydrogen 
using the Weisz-Prater criterion

7.1.1. Introduction

The extent of intraparticle diffusion limitation for a component may be assessed 
using the Weisz-Prater criterion (N

W-P
), see Eq. S4.1 for details [35]. According to 

this criterion, a value 0.3 for a reaction order in substrate of 2 or less implies that 
mass transfer limitation of a component is negligible. In our case, the reaction 
order is one for hydrogen and between 0 and 1 for LA.
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NWP : Weisz-Prater number,    , = (    ( ),   )/(  ,     ( ),   )
R : catalyst particle diameter, m
R1 : rate of the hydrogenation reaction of LA, mol/m3·s
R2 : rate of the reaction of 4-HPA to GVL, mol/m3·s
r : radial coordinate in catalyst particle modeling, m
s : active site in the catalyst particles
t : time, s
w : weight factor, see Eq. 4.27
Greek symbols
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Subscripts
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H2 : hydrogen
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(LS) : liquid-solid
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7. Appendices 

7.1. Calculations of intraparticle diffusion of LA and hydrogen using the 

Weisz-Prater criterion 

7.1.1. Introduction 
The extent of intraparticle diffusion limitation for a component may be assessed using the

Weisz-Prater criterion (NW-P), see Eq. S4.1 for details [35]. According to this criterion, a value 0.3 for a

reaction order in substrate of 2 or less implies that mass transfer limitation of a component is

negligible. In our case, the reaction order is one for hydrogen and between 0 and 1 for LA.    =
−  ×      ×     ≤ 0.3   (S4.1)

Here: R0 is the initial reaction rate, mol/m3
cat·s; rp is the radius of catalyst particle, m; Cs is the

concentration of the component at the catalyst surface, mol/m3; Deff is the effective diffusion

coefficient of the component, m2/s.

7.1.2. Assessment of the NW-P criterion for LA 
The values for the individual contributions in the NW-P criterion (Eq. S4.1) will be discussed

below.
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7.1.2.1. Radius of the catalyst particle 

The particle size distribution of the catalyst H 105 XRA/W 3% (according to sup-
plier) is: d
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 = 5 × 10-5 m; d

50 
= 2.5 × 10-5 m; d

90 
= 7.5 × 10-5 m. A value of 6.0 × 10-5 m 

is taken for the diameter (worst case scenario, thus r
p  

is set at
 
3.0 × 10-5 m.

7.1.2.2. Concentration of LA at the catalyst surface 

It is assumed that the concentration of substances at catalyst surface is equal to 
the bulk concentration of substances (C

s
 = C

b
), rationalized by the observation 

that stirring speeds above 1200 rpm do not affect the LA conversion. The bulk 
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concentration of LA at the start of the reaction (highest value, worst case sce-
nario) is known for all experiments.

7.1.2.3. Effective diffusion coefficient 

The diffusion coefficient for LA in water was estimated using the Wilke-Chang 
equation (Eq. S4.2) [36]:
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The effective diffusion coefficient (Deff) was taken as 10% of the diffusion coefficient [30],

according to the Wilke Chang equation. The results are given in Table S4.1.

Table S4.1 Calculation of the effective diffusion coefficient of LA in water.

7.1.2.4. Initial reaction rate  
The initial reactions rates were obtained from the experimental data and an overview of a

number of representative experiments at a range of process conditions is given in Table S4.2.

Table S4.2 Assessment of the NW-P criterion for LA.

T, K CLA, 0, mol/m3 R0, mol/m3·s Deff(LA-water), m
2/s (rp)2, m2 NW-P

363 113 -187 2.93×10-10 9×10-10 5.1

363 615 -231 2.93×10-10 9×10-10 1.2
363 1600 -114 2.93×10-10 9×10-10 0.2
343 600 -103 2.16x10-10 9×10-10 0.7
343 2000 -55 2.16×10-10 9×10-10 0.1
383 1150 -162 4.04×10-10 9×10-10 0.3
383 1550 -155 4.04×10-10 9×10-10 0.2
383 2020 -182 4.04×10-10 9×10-10 0.2
403 610 -825 5.03×10-10 9×10-10 2.4

T, K µ, cP DLA-water, m
2/s Deff(LA-water), m

2/s
343 0.404 2.16×10-9 2.16×10-10

363 0.315 2.93×10-9 2.93×10-10

383 0.254 4.04×10-9 4.04×10-10

403 0.204 5.03×10-9 5.03×10-10
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7.1.2.4. Initial reaction rate 

The initial reactions rates were obtained from the experimental data and an over-
view of a number of representative experiments at a range of process conditions is 
given in Table S4.2.

Table S4.2 Assessment of the NW-P criterion for LA. 
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363 113 -187 2.93×10-10 9×10-10 5.1

363 615 -231 2.93×10-10 9×10-10 1.2

363 1600 -114 2.93×10-10 9×10-10 0.2

343 600 -103 2.16×10-10 9×10-10 0.7

343 2000 -55 2.16×10-10 9×10-10 0.1

383 1150 -162 4.04×10-10 9×10-10 0.3

383 1550 -155 4.04×10-10 9×10-10 0.2
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For the selected experiments, the Weisz-Prater number is between 0.1 and 
5.1, indicating that for some of the experiments significant mass transfer limita-
tions of LA inside the catalyst particles occur. 

7.1.3. Assessment of the NW-P criterion for hydrogen

The values for the individual contributions in the N
W-P

 criterion (Eq. S4.1) will be 
discussed below.

7.1.3.1. Radius of the catalyst particle 

See above for LA.

7.1.3.2. Concentration of hydrogen at the catalyst surface 

It is assumed that the concentration of substances at catalyst surface is equal to 
the bulk concentration of substances (C

s
 = C

b
), rationalized by the observation 

that stirring speeds above 1200 rpm do not affect the LA conversion. The bulk 
concentration of H

2
 at the start of the reaction (highest value, worst case sce-

nario) was calculated from the hydrogen pressure in the reactor using the Henry 
law (Eq. S4.3):
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Here, p is the partial pressure of the gas above the solution, atm; C is the concentration of

the dissolved gas, mol/L; and kH is Henry’s law constant for the gas phase component, L·atm/mol.

The temperature dependence of the kH is given by Eq. S4.4.  , =   ,   ×     [−   1 − 1
298

 ] (S4.4)

Where kH,298 is 1282.05 L·atm/mol and C’ is a constant (in Kelvin), 500 K for hydrogen. An

overview of the calculated bulk concentration of hydrogen is given in Table S4.3.

Table S4.3 Calculated bulk hydrogen concentration in the water phase at different temperatures (44.4 atm).

T, K P, atm kH(T), L·atm/mol C(H2), mol/m3

343 44.4 1597.72 28
363 44.4 1730.59 26
383 44.4 1860.53 24
403 44.4 1985.08 22

7.1.3.3. Effective diffusion coefficient  
The diffusion coefficient of hydrogen in water was taken from Verhallen et al. [37] and the

results are given in Table S4.4. The effective diffusion coefficient was set at 10% of the diffusion

coefficient of hydrogen in water.

 (S4.3)

Here, p is the partial pressure of the gas above the solution, atm; C is the con-
centration of the dissolved gas, mol/L; and k
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 is Henry’s law constant for the gas 

phase component, L·atm/mol. The temperature dependence of the k
H 

is given by 
Eq. S4.4.  
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Where k
H,298

 is 1282.05 L·atm/mol and C’ is a constant (in Kelvin), 500 K for hy-
drogen. An overview of the calculated bulk concentration of hydrogen is given 
in Table S4.3. 
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Table S4.3 Calculated bulk hydrogen concentration in the water phase at different tempera-

tures (44.4 atm).

T, K P, atm kH(T), L·atm/mol C(H2), mol/m3

343 44.4 1597.72 28

363 44.4 1730.59 26

383 44.4 1860.53 24

403 44.4 1985.08 22

7.1.3.3. Effective diffusion coefficient 

The diffusion coefficient of hydrogen in water was taken from Verhallen 
et al. [37] and the results are given in Table S4.4. The effective diffusion coeffi-
cient was set at 10% of the diffusion coefficient of hydrogen in water.

Table S4.4 Calculated effective diffusion coefficient for hydrogen in water.

T, K DH2,m
2/s Deff (H2), m

2/s

343 12.1×10-9 1.21×10-9

363 16.1×10-9 1.61×10-9

383 19.5×10-9 1.95×10-9

403 23×10-9 2.3×10-9

7.1.2.4. Initial reaction rate 

The initial rates were obtained from the experimental data and an overview of 
a number of representative experiments at a range of process conditions is given 
in Table S4.5.

Table S4.5 Assessment of the NW-P criterion for H2. 

T, K CH2, mol/m3 R0, mol/m3 s Deff(H2-water), m
2/s (rp)2,m2 NW-P

363 26 -87 1.61×10-9 9×10-10 1.9

363 26 -108 1.61×10-9 9×10-10 2.3

363 26 -53 1.61×10-9 9×10-10 1.1

343 28 -48 1.24×10-9 9×10-10 1.3

343 28 -26 1.24×10-9 9×10-10 0.5

383 24 -230 1.95×10-9 9×10-10 4.4

383 24 -76 1.95×10-9 9×10-10 1.5

383 24 -85 1.95×10-9 9×10-10 1.6

403 22 -385 2.3×10-9 9×10-10 6.9

For all selected experiments, the Weisz-Prater number is between 0.5 and 6.9, 
indicating the presence of significant mass-transfer limitations of H

2
 inside the 

catalyst particles even at the lowest reaction temperatures. 

7.2. Development of a heterogeneous reactor model

Table S4.6 Overview of experiments used for the heterogeneous reactor model.

Run, № T, K P(H2), bar (CLA(L))t=0, mol/m3

2 363 45 2351

3 363 45 481

4 363 45 2048

5 363 45 1731

6 363 45 1598

7 363 45 1248

8 363 45 909

9 363 45 615

11 363 45 289

13 363 45 1733

14 363 45 2162

15 363 45 2164

36 363 30 597

37 363 60 2002

35 363 60 577

24 403 45 1430

25 383 45 1947

26 403 45 1944

27 403 45 1980

28 383 45 1958

29 403 45 1805

30 343 45 599

31 383 45 595

32 403 45 594

33 383 45 597

39 383 30 569

40 383 60 561

41 403 30 562

42 403 60 573
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7.3. Development of a homogeneous reaction model

7.3.1. General considerations

A kinetic model for the conversion of LA to GVL using Ru/C as the catalyst in 
water was developed based on two consecutive reactions being i) the hydroge-
nation of LA to 4-HPA and ii) the intramolecular esterification of 4-HPA to GVL 
(Scheme S4.1). 

Scheme S4.1 Proposed and modeled reaction network for the hydrogenation of LA to GVL.

The hydrogenation reaction is described by a Langmuir Hinshelwood model 
(Eq. S4.5).
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reaction is an equilibrium reaction which occurs in the bulk water phase and is catalyzed by a

Brönsted acid [24],[27] (Eq. S4.6 and S4.7). The latter assumption is justified by individual studies

using Brönsted acids and is in line with recent data from Bond [24].  =                (S4.6)   =             (S4.7)

Two acids, LA and 4-HPA, are present in the reaction mixture and it is assumed that both

catalyze the esterification reaction. The proton concentration for a mixture of two acids in different

concentrations can be approximated by:   =       ,  +         ,      (S4.8)

Where Ka,LA and Ka,4-HPA are dissociation constants of levulinic acid (10-4.6) and 4-

hydroxypentanoic acid (10-5.7), respectively [32].

7.3.2. Reactor modeling in batch 
For a batch reactor set-up, the concentration of the individual species as a function of time

for the proposed kinetic model in Scheme S4.1 are represented by the following set of ordinary

differential equations:       = −         (S4.9)
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Where mcat is the catalyst intake, g; and VL the liquid volume in the reactor, L. The

expressions for r1
’, r2 and r-2 are given in Eq. S4.5, S4.6 and S4.7, respectively.

7.3.3. Modeling results 

7.3.3.1. Isothermal reactor modeling at 363 K  
In the isothermal modeling phase, the concentration-time profiles for LA, 4-HPA and GVL of

experiments carried out at 363 K were modeled. The experiments used for modeling were obtained

at various initial LA concentrations (300-2500 mol/m3) and a fixed pressure of 45 bar and stirring

speed of 2000 rpm. In addition, the experiments performed at a range of hydrogen pressures (10-60

bar) were incorporated. This led to a total of 15 experiments consisting of 417 concentration-time
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latter assumption is justified by individual studies using Brönsted acids and is in 
line with recent data from Bond [24].
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Two acids, LA and 4-HPA, are present in the reaction mixture and it is as-
sumed that both catalyze the esterification reaction. The proton concentration 
for a mixture of two acids in different concentrations can be approximated by: 
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tions (300-2500 mol/m3) and a fixed pressure of 45 bar and stirring speed of 
2000 rpm. In addition, the experiments performed at a range of hydrogen pres-
sures (10-60 bar) were incorporated. This led to a total of 15 experiments consist-
ing of 417 concentration-time data points (for LA, GVL and 4-HPA). The values 
for the kinetic parameters k

1
 (1.6 × 10-3 (± 1.6 × 10-4)) and a K

LA
 (1.52 (± 0.42)) were 
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modelling results are given in Table S4.7. 
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Table S4.7 Kinetic parameters for the hydrogenation of LA in water using Ru/C at 363K.

Parameter Value Dimension

k1 
a 0.0016±1.6×10-4 mol/(gcat·min·bar)

KLA
a 1.519±0.421 L/mol

K4-HPA 0.446±0.06 L/mol

KGVL 0.79±0.08 L/mol

k4-HPA 24±1.4 L/mol·min

kGVL 2.4±0.6 L/mol·min

a Value taken from the initial rate studies

A good fit between experimental data and model was obtained (Figure S4.1, 
R2 of 0.97), as well as acceptable values of confidence interval for all estimated 
parameters. 

Figure S4.1 Parity plot of experimental data and model predictions ( : conversion of LA, ○: 

yield of 4-HPA, : yield of GVL).

A number of representative experimental profiles including model lines are 
given in Figure S4.2. A good fit between experimental and modeled values is 
observed. 

Figure S4.2 Representative experimental concentration-time profiles and model predictions 

(measured data, : conversion of LA, ○: yield of 4-HPA, : yield of GVL. Lines: calculated ac-

cording to the model of this work).

7.3.3.2. Non-isothermal reactor modeling at for temperatures between 
343 and 403 K 

In the final stage, a non-isothermal reactor model was the developed for exper-
iments performed in a range of temperatures between 343 and 403 K. A total of 
29 experiments were modeled consisting of 831 concentration-time data points. 
The temperature dependency of the kinetic constants k

1
, k

gVL
 and k

4-HPA
 were 

modeled using modified Arrhenius equations (Eq. S4.12-S4.14).
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  =       ∗                    (S4.12)

      =           ∗                       (S4.13)

    =         ∗                     (S4.14)

The reference temperature was set at 363 K. The temperature dependence of the adsorption

equilibrium constants (KLA, K4-HPA and KGVL) was not considered as this leads to an extended range of

fit parameters and as such reduces the accuracy. The modeling results are given in Table S4.8.

 (S4.12)
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Figure S4.3 Representative experimental profiles for experimental data and model predic-

tions (measured data, : conversion of LA, ○: yield of 4-HPA, : yield of GVL. Lines:  calculated 

according to the model of this work).

Figure S4.4 Parity plots for the non-isothermal model for the hydrogenation of LA using Ru/C 

(: conversion of LA, ○: yield of 4-HPA, : yield of GVL).
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The reference temperature was set at 363 K. The temperature dependence of 
the adsorption equilibrium constants (K

LA
, K

4-HPA
 and k

gVL
) was not considered 

as this leads to an extended range of fit parameters and as such reduces the 
 accuracy. The modeling results are given in Table S4.8. 

Table S4.8 Activation energies for the 3 main reactions.

Parameter Value Dimensions

EaLA 34.1 ± 0.1 kJ/mol

Ea4-HPA 62.5 ± 3.6 kJ/mol

EaGVL 65.7 ± 6.8 kJ/mol

The concentration time profiles for a number of experiments are given in 
Figure S4.3 and reveal that agreement between experimental data and model 
is good. This is also confirmed by the RSME (0.056) and the low value of the 
standard deviations for the activation energies. A parity plot also confirms this 
statement (Figure S4.4).

7.4. Derivation of a relation for the H+ concentration in solution 
(explanation of Eq. 4.24)

Starting from the dissociation equilibrium of LA and 4-HPA: 

157

Figure S4.4 Parity plots for the non-isothermal model for the hydrogenation of LA using Ru/C (: conversion of 

LA, ○: yield of 4-HPA, : yield of GVL).
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the charge balance:

[  ] = [   ] + [    ] + [   ] (S4.18)

and the component balances:    = [   ] + [  ] (S4.19)    = [    ] + [   ] (S4.20)

we end up with a system of 6 equations for 6 unknown concentrations. The equations can

easily be solved given the overall acid concentrations, CLA and C4-HPA, and the dissociation constants.

However, the simple approximate solution   =       ,  +         ,      (4.24)

was found to be very adequate here, with a maximum difference of 0.6% in CH+ for all acid

loadings encountered during the experiments, when compared to the solution obtained by solving

the system of 6 equations above.
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for all acid loadings encountered during the experiments, when compared to 
the solution obtained by solving the system of 6 equations above. 

7.5. TEM image

Figure S4.5 TEM image of fresh Ru/C (3 wt.% Ru) catalyst.
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Abstract

γ-Valerolactone (GVL) has been identified as a sustainable platform chemical 
for the production of carbon-based chemicals. We here report an experimental 
study on the catalytic hydrogenation of levulinic acid (LA) in water to GVL in 
a packed bed reactor using supported Ru catalysts (carbon, alumina, and titania) 
with particle sizes in the millimeter range (C

LA,0
 = 1.2 mol/L, LA feed = 1 mL/min, 

H
2
 feed = 30 mL/min, 90°C, 45 bar, and WHSV = 30 g

feed
/g

cat
·h). Intraparticle dif-

fusion limitations for hydrogen and LA were confirmed by performing LA hy-
drogenation experiments with different catalyst particle sizes (0.5 wt.% Ru/C) 
and supported by calculations. The best performance was obtained with Ru/C, 
showing high LA conversion during 6 h on stream with negligible deactivation. 
Ru/Al

2
O

3
 was found to be less active, and stability was also considerably reduced 

due to the reactivity of the support. Ru/TiO
2
 was considerably less reactive, 

though stability was better than that for the alumina based counterpart. A long 
duration test (52 h) for Ru/C (0.5 wt.% of Ru) showed a small though significant 
reduction in LA conversion (from 95 to 82 mol.%). Catalyst characterization 
studies showed a significant decrease in the specific surface area of the catalyst 
(from 1110 m2/g to 390 m2/g) and sintering of the Ru particles (TEM-HAADF).

Keywords: levulinic acid hydrogenation, γ-valerolactone, Ru-catalysts, packed 
bed reactor, flow chemistry

1. Introduction

The conversion of biomass into platform molecules with a broad application 
range has attracted a great deal of attention in the last 15 years [1]. γ-valerolac-
tone (GVL) is an example of a platform molecule and has large potential to serve 
as a feed for renewable chemicals like solvents, for bulk chemicals like methyl-
pentenoates and adipic acid, as an intermediate in fine chemicals synthesis and 
for fuel (additives), commonly referred to as “valeric biofuels” [2]-[5]. 

The catalytic hydrogenation of levulinic acid (LA) is an effective synthetic 
methodology for the synthesis of GVL. The latter can be obtained by the de-
hydration of C6-sugars in acidic media  [6],[7]. The catalytic hydrogenation of 
LA involves a two-step sequence: a metal-catalyzed hydrogenation of LA to 
4-hydroxypentanoic acid (4-HPA) followed by an acid-catalyzed intra molecular 
esterification to GVL (Scheme 5.1). 

Scheme 5.1 Proposed reaction scheme for the catalytic hydrogenation of LA to GVL.

Extensive research has been performed on the hydrogenation of LA to GVL 
using homogeneous  [8]-[11] and heterogeneous  [12]-[27] catalysts. Especially, 
supported metal catalysts have received high attention. Manzer  [17] screened 
the catalytic activity of Ir, Rh, Pd, Ru, Pt, Re and Ni supported on activated car-
bon (5 wt.% Ru) and showed that Ru was the most active and selective for GVL 
formation. An overview of the performance of Ru catalysts on various supports 
in batch set-ups is given in Table S5.1 (Appendices). Most studies involve the 
use of Ru on a carbon support in various solvents (among others water, diox-
ane, alcohols, DMSO, and various solvent combinations), and excellent yields 
of GVL have been reported (> 99%). The addition of a solid acid (e.g. amberlyst, 
sulphated zirconia) was shown to be beneficial in some cases. Other supports 
have been tested as well, and examples include silica, alumina, niobia, titania, 
ZSM-5 and hydroxyapatite. Significant support effects were observed, though 

Piskun, A.S.; de Haan, J.E.; Wilbers, E.; van de Bovenkamp, H.H.; Tang, Z.; Heeres, H.J. Hydro-

genation of Levulinic Acid to γ-Valerolactone in Water Using Millimeter Sized Supported Ru 

Catalysts in a Packed Bed Reactor. ACS Sustainable Chem. Eng. 2016, 4(6), 2939-2950.
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a proper comparison is difficult as most studies are focused on one support only 
and systematic studies are generally lacking. 

Besides batch studies, the catalytic hydrogenation of LA to GVL using sup-
ported catalysts has also been reported in continuous set-ups, and an overview 
is given in Table 5.1. In the Table, not only the performance of Ru catalyst are 
provided, but data for bimetallic Ru catalysts (with Re, Sn) and monometallic 
Rh, Pd and Pt are given as well. A wide variety of supports, solvents and reaction 
conditions were tested. Most of the reactions were performed in water and typi-
cal reaction conditions are between 50 and 265°C with hydrogen pressures rang-
ing 4-60 bar, though in some cases formic acid was used as the hydrogen source. 
WHSV’s are between 0.5-1500 g

feed
/g

cat
·h, typically between 0.5 and 5, and both 

up- and down flow reactor configurations have been applied. LA conversions 
were in general excellent (90% plus), with GVL selectivity’s between 4 and 99%.   

However, most studies describe the use of heterogeneous catalysts with 
small particle sizes (d

p 
≤ 100 μm). Typical particle sizes for packed bed reactors 

in commercial operation are normally in the mm range to avoid excessive pres-
sure drop. Only a few studies were performed with particles sizes > 100 μm, 
see Table  5.1 for details. Lange and co-workers, used 1% Pt/TiO

2
 extrudates 

(1.6 mm) [41] for the hydrogenation of LA with GVL as the solvent (200°C and 
40 bar of H

2
). High LA conversion (> 85%), high selectivity to GVL (> 95%) and 

a low level of deactivation for 100 h on stream (conversion of LA decreased 
from 98 to 85%) were observed. In very recent paper, Moreno- Marrodan re-
ported the catalytic activity of a bifunctional Ru on DOWEX (gel-type resin) 
in water at mild conditions (70°C, 5 bar H

2
)  [36]. Catalysts with two different 

bead sizes (84 ± 8 and 276 ± 2 μm) were prepared and tested. The catalyst with 
smaller particle diameters resulted in a ca. 10% higher LA conversion under 
otherwise similar conditions. This indicates that intra-particle mass transfer 
limitations play a role for larger catalyst particles, suggesting that the time 
scale of the intrinsic kinetics are similar or faster than intra-particle mass 
transfer rates. This is an important finding as optimization strategies for hy-
drogenations performed in the kinetic regime are different for those in the 
mass transfer limited regime.  

We here report an experimental study on the catalytic hydrogenation of LA 
with Ru based catalysts on various supports with particle sizes in the millimeter 
range in a continuous packed bed reactor. Such systematic studies on represen-
tative Ru catalyst particles in the millimeter range have not been reported in the 
literature (Table 5.1). Initial experiments in the packed bed reactor were carried 
out using Ru/C, the benchmark catalyst of this study. Process conditions like 

Table 5.1 Literature overview on LA hydrogenation in continuous set-ups using heteroge-

neous catalysts.

Catalyst Solvent Reaction conditions
WHSV, 

gfeed/gcat.h
LA con-

version, %
GVL selec-

tivity, %
Ref

Catalyst powder (dp ≤ 100 μm)
Ru/C
(5 wt.% Ru)

H2O
Packed-bed (upflow), 150°C, 
H2 (35 bar)

32
Start: 90
106 h: 68

Start: 96
106 h: -

[28]

Ru/C
(5 wt.% Ru)

H2O
Packed-bed (downflow), 150°C, 
FA + H2 (35 bar)

- 35 > 98 [29]

Ru/C
(5 wt.% Ru) 
(dp=45-90 μm)

H2O
Packed-bed (upflow), 50-150°C, 
H2 (4-41 bar)

50°C-5
150°C-1500

50°C-99
150°C-3

50°C-4
150°C-81

[30]

Ru/C
(5 wt.% Ru)

1-Butanol/
H2O

Packed-bed (downflow), 180°C, 
H2 (35 bar)

0.9 91 97.8 [31]

Ru/C
(5 wt.% Ru)

Dioxane
Packed-bed (downflow), 265°C, 
H2 (1-25 bar)

0.5 100 > 96 [32] 

Ru/C
(5 wt.% Ru)

2-sec bu-
tylphenol

Fixed-bed (upflow), 180°C, 
H2 (35 bar)

3.6 - 77 [33]

RuRe(3:4)/C
(15 wt.% RuRe)

H2O Packed-bed (downflow), 150°C, 
FA + H2 (35 bar)

- 15-40 > 95 [29]

Ru-Sn(1:4)/C GVL Packed-bed (upflow), 180-260°C, FA 0.36-2.4 - - [34]
RuSn (3,6:1)/C
(5 wt.% RuSn)

2-sec-bu-
tylphenol

Packed-bed (upflow), 220°C, 
H2 (35 bar)

2.2 98 96
[35]

1.5 46 93

RuxSny/C
2-sec bu-
tylphenol

Fixed-bed (upflow), 180°C, 
H2 (35 bar)

1.2 - 73-100 [33]

Ru/DOWEX
(0.87 wt.% Ru) 
(dp=84 μm)

H2O
Fixed-bed (concurrent flow), 70°C, 
H2 (5 bar)

0.52 100 99 [36]

Pd/C
(10 wt.% Pd)
Ru/C 
(5 wt.% Ru)

-
Packed-bed (downflow), 180°C, 
FA + butylformate + H2 (35 bar)

0.9 96 99 [31]

Zr/Beta-100
sec- 
alcohols

Fixed-bed (downflow), 118°C, 
2-pentanol

- 100 > 96 [37]

Rh/SiO2

(4 wt.% Rh)
H2O

Tubular-flow reactor, 80°C, 
H2 (60 bar)

- 100 77
[38]

Rh-MoOx/SiO2

(4 wt.% Rh)
- 100 35

Mo2C/CNT
(20 wt.% Mo)

H2O
Trickle-bed reactor, 200°C, 
H2 (30 bar)

LHSV=3 h-1 100 > 90 [39]

Catalyst particles (dp ≥ 100 μm)

Ru/DOWEX 
(0.87 wt.% Ru) 
(dp=276 μm)

H2O
Fixed-bed (concurrent flow), 70°C, 
H2 (5 bar)

0.47 90 99 [36]

Pt/SiO2

(0.8 wt.% Pt)
(dp=1.6 mm)

H2O/GVL
Packed-bed (upflow), 200°C, 
H2 (40 bar)

2
15 h: 85

460 h: 22
15 h: 92

460 h: 83
[40]

Pt/TiO2

(1 wt.% Pt)
(dp=1.6 mm)

GVL Packed-bed, 200°C, H2 (40 bar) 9
Start: 98
100 h: 85

> 95 [41]
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temperature and initial concentration of LA were varied, and the effects on the 
LA conversion and GVL selectivity were determined. Effects of mass-transfer 
on catalyst performance and particularly intraparticle hydrogen and LA mass 
transfer were assessed experimentally by performing experiments with different 
particle sizes. The findings are supported by the determination of relevant mass 
transfer limitation criteria. Finally, support effects and Ru loading (Ru/Al

2
O

3
, 

0.3 and 0.5 wt.% Ru; Ru/TiO
2
, 1 wt.% Ru; and Ru/C, 0.5, 2, and 5 wt.% Ru) were 

probed at benchmark conditions. Catalyst performance at longer runtimes was 
investigated, and the catalysts were analyzed in detail (TEM-HAADF, BET) after 
reaction to gain insight into possible deactivation pathways.

2. Experimental section

2.1. Materials

Levulinic acid (purity > 98%, less than 1 wt.% H
2
O) and dioxane (purity > 99%) 

were purchased from Acros Organics. Deuterium oxide (purity 99.9%) and 
RuCl

3
·xH

2
O (35-40 wt.% Ru) were purchased from Sigma-Aldrich. Hydrogen 

and nitrogen gas were from Linde Gas (purity 99.9%). All chemicals were used 
without purification. 

All catalysts/supports were provided in the mm range and, when required, 
were crushed and  sieved to particle diameters between 1.25-2.5 mm. Ru/C 
(0.5 wt.% Ru, 3.98 wt.% H

2
O and 2 wt.% Ru, 1.3 wt.% H

2
O) and Ru/γ-Al

2
O

3
 

(0.5 wt.% Ru, 2.2 wt.% H
2
O) were obtained from Johnson Matthey, Ru/C (5 wt.% 

Ru, 43.6 wt.% H
2
O) from (Evonik) and Ru/γ-Al

2
O

3
 (0.3 wt.% Ru, < 5 wt.% H

2
O) 

from BASF. The TiO
2
 support (Ti 1100E, anatase phase) was obtained from BASF. 

Ru/TiO
2
 (1 wt.% Ru) was prepared by a wet impregnation procedure in water 

using RuCl
3
·xH

2
O as the precursor (50°C for 24 h). The catalyst was reduced at 

450°C for 4 h in a H
2
/N

2 
flow (10% H

2
). 

2.2. Catalyst characterization

TEM on catalyst samples was performed uisng an electron microscope CM12 
(Philips, Eindhoven, The Netherlands) operating at 120 keV. Samples were made 
by ultra-sonication in ethanol and dropping the suspension onto carbon coated 
400 mesh copper grids. Images were taken on a slow scanning CCD camera. At 

least 100 nanoparticles were measured to determine the average Ru nanoparti-
cle size diameter.

Nitrogen physisorption experiments (BET) were carried out in a  Micromeritics 
ASAP 2020 at -196.2°C. The samples were degassed in vacuum at 200°C for 10 h. 
The surface area was calculated using the standard BET method (SBET). The 
 single point gas adsorption pore volume (VT) was calculated from the amount 
of gas adsorbed at a relative pressure of 0.98 in the desorption branch. The pore 
size distributions (PSD) were obtained from the BJH method using the adsorp-
tion branch of the isotherms. The mean pore size (ФBJH) is given by the position 
of the PSD maximum. The t-plot method was employed to quantify the microp-
ore volume (V

m
).

2.3. Description of the hydrogenation set-up

The hydrogenation set-up is schematically depicted in Figure 5.1 and is con-
structed from stainless steel 316L. The set-up consists of a feeding section, 
a preheating section (ID = 0.6 cm, L = 13.5 cm), a reaction section (ID = 0.6 cm, 
L = 13.5 cm) and a gas-liquid separator. The liquid feed is fed to the setup  using 
a piston pump (Williams P250 V225), the hydrogen is fed from a cylinder, the 
pressure and flow rate are controlled by a Brooks 5866 pressure controller and 
Bronkhorst F-211-C-FA-11-V flow controller. The reactor and pre-heater are 
 heated electrically. After the reactor, a back pressure valve (Tescom 26-1726-24) 
is installed to reduce the pressure to atmospheric values. Subsequently, the 
liquid and gas phases are separated in a gas-liquid separator. The gas, mainly 
hydrogen, is mixed with nitrogen and vented. The liquid phase is collected and 
weighed. Temperature and pressure are monitored at various locations; viz. at 
the entrance and exit of the reactor (temperature), and before the preheating 
section and after the reactor section (pressure).   

2.4. Experimental procedure for the packed bed set-up

All experiments were carried out in the hydrogenation setup as described in 
the previous section. The following ranges of process conditions were tested: 
 reactor temperatures between 90 and 150°C, a LA feed concentration in water 
between 0.1 and 11.2 M and catalyst intakes between 2 and 5 g. 
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Figure 5.1 Schematic representation of the continuous reactor set-up.

The aqueous LA feed solution at the desired concentration was prepared by di-
luting pure LA with deionized water (Milli-Q water). During all experiments, the vol-
umetric feed flow rate was kept constant (1 mL/min). All catalysts were used without 
a preliminary reduction/activation step, and fresh catalyst was used for each ex-
periment. Typically, 2 g of catalyst was charged into the reactor. Subsequently, the 
aqueous LA solution was fed to the reactor and the pressure was increased to 45 bar. 
The reactor was heated to the pre-determined temperature (between 90 and 150°C), 
and the hydrogen flow was started. After the temperature of the liquid reactor exit 
reached 85°C, the outlet valve of the gas-liquid separator was closed, and this mo-
ment was set as the beginning of the reaction (t = 0 h). Liquid samples were taken 
every 15 minutes by emptying the content of the gas-liquid separator.

2.5. Analytical procedure

The composition of a reaction mixture (LA, 4-HPA and GVL) was determined 
quantitatively by 1H-NMR. A sample (approximately 200 µL) was weighed, 
dissolved in D

2
O and dioxane (internal standard, IS, 10 µL) was added. All 

spectra were integrated using MestReNova software. The number of moles of 

a component in a sample was calculated using Eq. 5.1:

168
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where Na is the number of moles of a in the sample, NIS the known amount of moles of the internal

standard in the sample, Ia is the peak area of the methyl group of component A (δ 2.1 ppm for LA, δ

1.03 ppm for 4-HPA and δ 1.3 ppm for GVL, IIS peak area of the CH2 groups in dioxane at δ 3.6 ppm

and HIS and Ha are the number of H atoms corresponding with the relevant NMR peak (3 for Ha and 8

for HIS). The concentrations of LA, GVL and 4-HPA in the samples were calculated using Eq. 5.2:  =
    ×             (5.2)

where Vt is the liquid volume in the NMR tube and Df the dilution factor, which was calculated using

Eq. 5.3.  =
           ℎ         +              +                                      ℎ             (5.3)

2.6. Mole balance closure 
The mole balance closure for the continuous runs was evaluated by comparing the sum of

the amounts of products (4-HPA and GVL) and unconverted LA with the initial intake of LA. Mole

balance closure at steady state operation of the set-up was very good and was between 97.8 and >

99.9%.

2.7. Definitions 
The conversion of LA, the yield and the selectivity of 4-HPA and GVL were calculated

according to Eq. 5.4-5.7:    =
   , −       , × 100 % (5.4)

    =
   , −    −          , × 100 % (5.5)

      =
   , −    −        , × 100 % (5.6)

  =
     × 100% (5.7)

where XLA is the conversion of LA (mol.%); CLA,0 the inlet concentration of LA (mol/L); CLA the

concentration of LA in the exit stream (mol/L); YGVL the yield of GVL (mol.%); Y4-HPA the yield of 4-HPA

(mol.%) and Si the selectivity to GVL or 4-HPA (mol.%).

 (5.1)

where N
a
 is the number of moles of a in the sample, N

IS
 the known amount of 

moles of the internal standard in the sample, I
a
 is the peak area of the methyl 

group of component A (δ 2.1 ppm for LA, δ 1.03 ppm for 4-HPA and δ 1.3 ppm 
for GVL, I

IS 
peak area of the CH

2
 groups in dioxane at δ 3.6 ppm and H

IS 
and H

a
 

are the number of H atoms corresponding with the relevant NMR peak (3 for H
a
 

and 8 for H
IS

). The concentrations of LA, GVL and 4-HPA in the samples were 
calculated using Eq. 5.2:
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where V
t
 is the liquid volume in the NMR tube and D

f
 the dilution factor, which 

was calculated using Eq. 5.3.
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where X
LA

 is the conversion of LA (mol.%); C
LA,0

 the inlet concentration of LA 
(mol/L); C

LA
 the concentration of LA in the exit stream (mol/L); Y

GVL
 the yield of 

GVL (mol.%); Y
4-HPA

 the  yield of 4-HPA (mol.%) and S
i
 the selectivity to GVL or 

4-HPA (mol.%).
The space time yield (STY g

LA
/g

Ru
·h) was calculated using Eq. 5.8. 
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The space time yield (STY gLA/gRu·h) was calculated using Eq. 5.8.   =
(   , −    ) ×  ×                   (5.8)

where φ is the volumetric flow rate of the feed (L/h); MLA the molar mass of LA (g/mol); mRu the mass

of ruthenium in the catalyst in the packed bed reactor (g).

3. Results and discussion 

3.1. Catalyst characterization 
The catalysts were characterized using nitrogen physisorption (BET surface area) and TEM.

The latter was used to determine the average metal nanoparticle size distribution, which is an

important characteristics for catalyst performance. An overview of the data is given in Table 5.2.

Representative TEM images are given in Figure 5.2.

Table 5.2 Overview of catalysts characterization studies.

Catalyst Ru loading, wt.% BET surface area, m2/g Average diameter of Ru nanoparticles, nm 
Ru/C 0.5 1110 8.4a

Ru/C 2 950 6.5
Ru/C 5 1030 9.2
Ru/γ-Al2O3 0.3 180 1.9
Ru/γ-Al2O3 0.5 102 5.8
Ru/TiO2 1 96 2.0

a Strongly agglomerated nanoparticles

Considerable differences in the average Ru nanoparticle sizes were observed (between 1.9

and 9.2 nm). The ruthenium particle sizes for the C based catalysts are at the high end of the range

and all above 6.5 nm. However, the particles for the Ru/C (0.5 wt.% Ru) are strongly agglomerated,

and the individual particles are by far smaller. The particles sizes for the two alumina based catalysts

differ considerably (5.8 and 1.9 nm).

The highest catalyst surface area was detected for the Ru/C catalysts and varied in range 950-

1110 m2/g; the exact value depends on ruthenium loading. The smallest surface areas (around 100

m2/g) were found for the Ru/γ-Al2O3 (0.5 wt.% Ru) and Ru/TiO2 (1 wt.% Ru) catalysts.

 (5.8)

where Φ is the volumetric flow rate of the feed (L/h); M
LA

 the molar mass of LA 
(g/mol); m

Ru
 the mass of ruthenium in the catalyst in the packed bed reactor (g). 
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The catalysts were characterized using nitrogen physisorption (BET surface 
area) and TEM. The latter was used to determine the average metal nanoparticle 
size distribution, which is an important characteristics for catalyst performance. 
An overview of the data is given in Table 5.2. Representative TEM images are 
given in Figure 5.2.

Table 5.2 Overview of catalysts characterization studies.

Catalyst Ru loading, wt.% BET surface area, m2/g Average diameter of Ru nanoparticles, nm

Ru/C 0.5 1110 8.4a

Ru/C 2 950 6.5

Ru/C 5 1030 9.2

Ru/γ-Al2O3 0.3 180 1.9

Ru/γ-Al2O3  0.5 102 5.8

Ru/TiO2 1 96 2.0

a Strongly agglomerated nanoparticles

Figure 5.2 Representative TEM images for Ru/C (5 wt.% Ru) (left) and Ru/TiO2 (1 wt.% Ru) 

(right).

Considerable differences in the average Ru nanoparticle sizes were observed 
(between 1.9 and 9.2 nm). The ruthenium particle sizes for the C based catalysts 
are at the high end of the range and all above 6.5 nm. However, the particles for 
the Ru/C (0.5 wt.% Ru) are strongly agglomerated, and the individual particles 
are by far smaller. The particles sizes for the two alumina based catalysts differ 
considerably (5.8 and 1.9 nm).

The highest catalyst surface area was detected for the Ru/C catalysts and var-
ied in range 950-1110 m2/g; the exact value depends on ruthenium loading. The 
smallest surface areas (around 100 m2/g) were found for the Ru/γ-Al

2
O

3
 (0.5 wt.% 

Ru) and Ru/TiO
2

 (1 wt.% Ru) catalysts.

3.2. Initial screening studies with a mm sized Ru/C catalyst

Initial experiments were performed using a mm sized Ru/C (0.5 wt.% Ru) cata-
lyst average particle diameter of 1.88 mm) for a 6 h runtime. Benchmark reaction 
conditions are given in Table 5.3. 

The concentrations versus runtime profiles for the three main components 
(LA, 4-HPA, and GVL) for a representative run are given in Figure 5.3. The ex-
periment was carried out in triplicate, and the average value as well as the error 
bars are given. Clearly, the experiments are reproducible, with relatively low 
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errors in the LA and GVL concentrations. The error in the 4-HPA concentration 
is slightly higher, likely due to analytical issues related to the thermal sensitivity 
of 4-HPA and its conversion to GVL upon storage.

Table 5.3 Benchmark conditions for a continuous experiment.

LA inlet concentration 1.2 mol/L

LA feed rate 1 ml/min

H2 feed rate 30 ml/min

Temperature 90 °C

Hydrogen pressure 45 bar

WHSV 30 gfeed/gcat·h

Time on stream 6 h

Figure 5.3 Exit concentrations versus runtime profiles for a continuous LA hydrogenation ex-

periment using Ru/C (0.5 wt.% Ru) catalyst. Conditions: see Table 5.3.

It is evident that steady state is achieved after about 1-2 h on stream. In the 
steady state regime, the LA conversion was high (92%), and negligible deacti-
vation was observed after 6 h on stream. The selectivity toward GVL was about 
77%, the remainder being 4-HPA. Other byproducts like hydrogenation prod-
ucts of GVL (methyl-tetrahydrofuran and pentanoic acid) were not observed, 
and the selectivity toward the sum of 4-HPA and GVL was close to quantitative. 
The ratio GVL/4-HPA after the 6 h runtime is 8.0, which is far from the equilib-
rium constant for the intramolecular esterification reaction of 4-HPA to GVL in 

water at 90°C (17-19)  [42]. This suggests that equilibrium is not attained under 
the prevailing experimental conditions.

3.3. Effect of pre-reduction of the catalyst

The catalytic hydrogenation described above was carried out using a catalyst 

as received, i.e., without a pre-reduction step before reaction. To determine 
the  effect of a pre-reduction step with hydrogen, an experiment was carried 
out using the Ru/C catalyst (0.5 wt.% Ru) at conditions given in Table 5.3, with 
pre-reduction of the catalyst in the reactor at 350°C for 4 h (250 mL/min gas 
flow consisting of 10 vol.% H

2
 in 90 vol.% N

2
 at 20 bar pressure). The results of 

the experiment are given in Figure 5.4 and reveal that the pre-activation step 
has a negative effect on catalyst performance. LA conversion (average value in 
the steady state) dropped from 95% to 75% after the activation step. A possi-
ble explanation involves an increase in the average Ru-nanoparticle size by the 
reduction step, which is known to affect the rate of the hydrogenation reac-
tion [43],[44]. As such, the catalysts after reaction were analyzed using TEM, and 
the results are given in Figure 5.5.

Figure 5.4 Conversion of LA with as received and pre-reduced Ru/C catalysts (0.5 wt.% Ru).  

Conditions: see Table 5.3.
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Figure 5.5 TEM images of a Ru/C catalyst (0.5 wt.% Ru) after a hydrogenation reaction with-

out (left) and with (right) prior catalyst activation. Reaction conditions: see Table 5.3.

The average ruthenium nanoparticle size after reaction differs slightly for 
both samples and is 1.5 nm at standard conditions and 1.9 nm when using a re-
duction step. As such, the observed reduced activity after the reduction step 
may be due to a slightly higher Ru-nanoparticle size. This increase could be due 
to some sintering of the Ru-nanoparticles during the activation step. However, 
other factors may play a role as well, for example, differences in the extent of Ru 
leaching during a run (vide infra).

3.4. Effect of LA feed concentration

When considering process economics, the use of an external solvent should be 
avoided to reduce workup and solvent recycle costs. DSM recently reported [14] 
the hydrogenation of LA with molecular hydrogen and Ru/C (5 wt.% Ru) in 
batch setups using highly concentrated LA solutions (130°C, 20.6 bar of hydro-
gen pressure). This shows that operation at high LA concentrations is possible. 
Al-Shaal et al. also reported experiments in neat LA, and quantitative LA con-
version was observed within 40 min in a batch set up [20]. In this study, consid-
erably higher temperatures (190°C) and Ru/C with a small average particle size 
(< 100 μm) were used.

We have performed a number of experiments at benchmark conditions (Ta-
ble  5.3), using a Ru/C catalyst (0.5 wt.% Ru) with different inlet LA concentra-
tions (0.1 to 11.2 mol/L) to determine the effect of initial LA concentration on the 
conversion and selectivity and to assess whether operation with an undiluted 
LA feed is feasible in a continuous setup. A summary of the average steady state 
conversion for 6 h on stream experiments with different inlet LA concentrations 
is shown in Table 5.4.

Table 5.4 Overview of LA hydrogenation experiments with different LA inlet concentrations.a 
# Inlet LA concentration, mol/L Average LA conversionb, mol.% STY, gLA/gRu·h

1 0.1 100 77

2 0.5 100 369

3 1.1 92 770

4 5.8 20 1033

5 11.2 5 367

a Reaction conditions: see Table 5.3. b Average conversion for a 6 h run.

The inlet LA concentration has a remarkable effect on the LA conversion 
(Table 5.4). Quantitative LA conversion is possible only at low initial LA con-
centrations (0.1 and 0.5 mol/L). With increasing inlet LA concentration, the LA 
conversion decreases and is less than 6% at 11.2 mol/L (pure LA).

The STY versus the inlet LA concentration is given in Figure 5.6 and shows 
an optimum at a LA concentration of about 6 mol/L. Possible explanations for 
the observed reduction in activity at high LA concentration are medium effects 
(solvent properties of water and LA differ considerably), which will affect both 
the intrinsic catalyst activity as well as the rate of mass transfer, which plays 
a major role in the packed bed reactors with larger catalyst particles (vide infra).

To enhance the LA conversion at high LA inlet concentrations, two  additional 
experiments were performed. The first was carried out at a higher reaction tem-
perature (150°C instead of 90°C), higher hydrogen flow rate (120 mL/min instead 
of 30 mL/min), and higher catalyst intake (5 g instead of 2 g); see Table 5.5 for 
details. The LA conversion increased to 54% (compared to 5% at standard con-
dition; Table 5.4, entry 3).
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Figure 5.6 Effect of inlet LA concentration on the STY for 6 h experiments with the Ru/C 

(0.5 wt.% Ru) catalyst. Conditions: see Table 5.3.

Table 5.5 Catalyst performance for LA hydrogenation in the continuous set up at different 

temperatures using Ru/C.a 

# T, °C H2 feed, ml/min mcat, g
Inlet LA
concentration, mol/L

XLA
b, 

mol.%
WHSV, 
gfeed/gcat·h

STY, gLA/gRu·h

1 90 30 2 1.2 92 30 770

2 130 30 2 1.2 99 30 830

3 130 30 1.4 1.3 75 48 990

4 150 30 1.4 1.4 84 48 1240

5 150 120 5 11.2 54 12 1685

aAll experiments were performed using Ru/C (0.5 wt.% Ru), 45 bar Hydrogen pressure, a LA 

feed rate of 1 ml/min. b Average LA conversion for the 6 h run.

The second experiment was performed at a higher catalyst intake (4.75 g in-
stead of 2 g) and hydrogen flow rate (200 mL/min instead of 30 mL/min) at 90°C. 
During this experiment, the feed mass flow rate was slowly reduced, and the re-
sults are given in Figure 5.7. The LA conversion increased from 30% at the high-
est flow rate to 70% at the lowest. Higher LA conversion could not be attained 
as the flow rate could not be reduced below 0.2 g/min (lower limit of the pump). 
Thus, higher LA conversions when using concentrated LA feeds are possible by 
tuning reaction conditions, though quantitative LA conversion for a high LA 
 inlet concentration was not possible at the experimental window of operation.

Figure 5.7 LA hydrogenation using a concentrated LA feed versus runtime and feed mass 

flow rate for a Ru/C catalyst (0.5 wt.% Ru, CLA,0 = 8.9 mol/L, LA feed = 1 – 0.2 g/min, H2 

feed = 200 ml/min, 90°C, 45 bar, mcat = 4.75 g).

Figure 5.8 Conversion of LA with the Ru/C (0.5 wt.% Ru) catalyst for reactions at 130 and 

150°C. Conditions: see Table 5.5, entries 3 and 4.

3.5. Catalyst performance of the Ru/C catalyst (0.5 wt.% Ru) at 
elevated temperatures

The performance and particularly the stability of the Ru/C catalyst at elevated 
temperature was determined by performing additional experiments with the 
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Ru/C catalyst at 130 and 150°C (Table 5.5, entries 3 and 4). The results are provid-
ed in Figure 5.8. Catalyst activity at the start of the run is higher at 150°C (84%) 
than at 130°C (75%). This difference is relatively small, rationalized by consid-
ering that the overall reaction rate is also affected by mass transfer effects (vide 
infra), which are by far less temperature sensitive than intrinsic kinetics. The 
LA conversion is a function of the runtime, indicative for some catalyst deacti-
vation at these temperatures. The stability at 150°C is lower than that at 130°C, 
which is evident from the slope of the conversion versus time profiles. Thus, it 
appears that some catalyst deactivation occurs for runs at elevated temperature 
for runtimes of 6 h.

3.6. Mass transfer effects on observed reaction rates

In a three phase hydrogenation reaction (gas-liquid-solid), the observed rate of 
reaction depends on the intrinsic reaction rate and the rate of mass transfer of 
hydrogen and LA to the active sites on the catalyst surface. In the extreme case, 
mass transfer limitation determines the observed rate, for instance when using 
large catalyst particles, poorly soluble gases, and inappropriate mixing. In the 
case of pure hydrogen, mass transfer of soluble hydrogen in the liquid phase to 
the surface of the catalyst, as well as intraparticle hydrogen transport may be 

limiting, and the same holds for LA.
The experimental data allow the assessment of possible intraparticle mass 

transfer limitations using the criteria defined by Weisz and Prater (Equation 5.9).
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Figure 5.8 Conversion of LA with the Ru/C (0.5 wt.% Ru) catalyst for reactions at 130 and 1500C. Conditions: see

Table 5.5, entries 3 and 4.

3.6. Mass transfer effects on observed reaction rates 
In a three phase hydrogenation reaction (gas-liquid-solid), the observed rate of reaction

depends on the intrinsic reaction rate and the rate of mass transfer of hydrogen and LA to the active

sites on the catalyst surface. In the extreme case, mass transfer limitation determines the observed

rate, for instance when using large catalyst particles, poorly soluble gases, and inappropriate mixing.

In the case of pure hydrogen, mass transfer of soluble hydrogen in the liquid phase to the surface of

the catalyst, as well as intraparticle hydrogen transport may be limiting, and the same holds for LA.

The experimental data allow the assessment of possible intraparticle mass transfer

limitations using the criteria defined by Weisz and Prater (Equation 5.9).    =
−    ×      ×     ≤ 0.3 (5.9)

Here, Rexp = experimentally observed reaction rate (mol/m3
cat·s); rp = radius of catalyst

particle (m); Cs = concentration of the component at the catalyst surface (mol/m3); Deff = effective

diffusion coefficient of the component (m2/s).

The criteria were determined for the experiments reported in Table 5.5, and the data are

provided in Tables S5.5 and S5.9 (see Appendices). Strong intraparticle mass transfer limitations of

both hydrogen and LA, mainly due to the high reaction rates in combination with the relatively large

particle sizes, were found. Thus, the experiments with Ru/C were all performed in the regime where

the reaction rate is determined by both intrinsic kinetics of the reaction and the rate of mass transfer

of particularly hydrogen to the active sites. As such, the experimental reaction rates (in terms of STY)

are not the intrinsic reaction rates. Moreover, the catalyst deactivation rates reported later on, not

only for Ru/C but also for the other catalysts, are not the intrinsic catalyst deactivation rates but are

 (5.9)

Here, R
exp

 = experimentally observed reaction rate (mol/m3
cat

·s); r
p
 = radius of 

catalyst particle (m); C
s
 = concentration of the component at the catalyst surface 

(mol/m3); D
eff

 = effective diffusion coefficient of the component (m2/s).
The criteria were determined for the experiments reported in Table 5.5, and 

the data are provided in Tables S5.5 and S5.9 (see Appendices). Strong intra-
particle mass transfer limitations of both hydrogen and LA, mainly due to the 
high reaction rates in combination with the relatively large particle sizes, were 
found. Thus, the experiments with Ru/C were all performed in the regime where 
the reaction rate is determined by both intrinsic kinetics of the reaction and the 
rate of mass transfer of particularly hydrogen to the active sites. As such, the 

experimental reaction rates (in terms of STY) are not the intrinsic reaction rates. 

Moreover, the catalyst deactivation rates reported later on, not only for Ru/C but 
also for the other catalysts, are not the intrinsic catalyst deactivation rates but 
are also biased by mass transfer. Thus, catalyst performance trends cannot be 
related solely to intrinsic catalyst features (size of the Ru nanoparticles, BET sur-
face area, and so on).

3.7. Experimental verification of mass transfer effects

First, experimental evidence that mass transfer limitations indeed occur to a sig-
nificant extent were obtained from experiments with the Ru/C catalyst with dif-
ferent Ru loading at otherwise similar conditions (Table 5.6, entries 1-3). The 
conversion of LA was shown to be essentially independent of the Ru loading 
(0.5, 2, and 5 wt.% Ru on the carbon carrier). This confirms that mass transfer 
limitations play a major role and that the particle effectiveness factor for the cat-
alysts are by far less than 1.

Furthermore, continuous experiments were carried out using the Ru/C cata-
lysts with extremes regarding Ru loading (0.5 and 5 wt.% Ru) at variable LA inlet 
concentrations at standard conditions (Table 5.3), and the results are given in 
Figure 5.9.

Table 5.6 Catalyst performance and product distribution for the various catalysts in the 

packed bed reactor.a

# Catalyst
Ru load-
ing wt.%

LA conversionb, 
mol.%

GVL 
selectivity, %

4-HPA 
selectivity, %

STY, 
gLA/gRu·h

1 Ru/C 0.5 92 78 22 770

2 Ru/C 2 96 63 36 195

3 Ru/C 5 98 83 15 80

4 Ru/γ-Al2O3 0.3 31 31 69 420

5 Ru/γ-Al2O3 0.5 26 62 38 195

6 Ru/TiO2 1 26 54 47 105

a see Table 5.3 for reaction conditions. Concentration versus runtime profiles are given in Fig-

ures S5.1-S5.5 (see Appendices). b Average steady state conversion

Clearly, the catalytic performance for the Ru/C catalyst with 5 wt.% of Ru load-
ing is about similar to that for Ru/C with 0.5 wt.% of Ru, again a strong indication 
for mass transfer limitations. Further support for this statement was obtained 
by performing a number of experiments with the Ru/C catalyst (0.5 wt.% Ru) 
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Figure 5.9 Effect of initial LA concentration on average LA conversion over 6 hours on stream 

for two Ru/C catalysts with extremes toward Ru loading. Conditions: see Table 5.3.

with different particle sizes. For this purpose, the millimeter sized catalyst was 
crushed and sieved to obtain a fraction with particle sizes between 0.5 and 
0.6 mm. The smaller catalyst particles result in a considerably higher LA conver-
sion (34% higher than for the larger particles; see Figure S5.6, Appendices). As 
such, the experiments with the millimeter sized catalyst particles were not  carried 
out in the kinetic regime, where the intrinsic kinetics of the reaction determine 
the overall reaction rate, but in a regime where mass transfer plays a major role. 
The positive effect of the use of smaller catalyst pellets for LA  hydrogenations 
has already been reported in the literature. For instance, a Ru/DOWEX catalyst 
showed a 10% higher LA conversion when decreasing the catalyst particle size 
from 276 to 84 μm [36]. 

3.8. Support effects on catalytic performance for Ru based 
catalysts

Profound support effects on the catalytic performance of Ru based catalysts 
have been reported when using small particles (< 100 μm). In this study, a num-
ber of continuous LA hydrogenation experiments was carried out using mil-
limeter sized Ru particles on various supports (C, γ-Al

2
O

3
, and TiO

2
 ) and with 

different Ru loadings. All experiments were performed at benchmark reaction 
conditions (Table 5.3), and the results are given in Table 5.6. The Weisz-Prater 
criteria for the experiments reported in Table 5.6 were determined and reveal 

strong intraparticle mass transfer limitations of both hydrogen and LA, main-
ly due to the relatively large particle sizes (see Appendices, Tables S5.6 and 
S5.10). Thus, we can conclude that the observed support effects on catalyst 
performance cannot be solely ascribed to differences in intrinsic catalyst fea-
tures (Ru-nanoparticle size, surface area, etc.) but are biased by mass transfer 
effects. As such, it is not possible to draw sound conclusions regarding catalyst 
structure-performance relationships. The LA conversion varied between 25 and 
98%, and in all cases, the sole products were GVL and 4-HPA. The Ru/C catalysts 
showed the highest activity (LA conversion between 92 and 98%) and GVL yield. 
The LA conversion for the alumina (26-31%) and titania supported catalysts 
(26%) was  significantly lower. However, direct comparison is cumbersome as 
the metal loadings for each catalyst are different. As such, it is better to compare 
the STY for the catalyst on a gram Ru basis (Table 5.6). Again, the Ru/C catalyst 
with a 0.5 wt.% Ru loading is by far more active than all other catalysts (STY: 770 
g

LA
/g

Ru
·h), which is in line with literature data [3],[5],[20].

An overview of the reported STY’s of different ruthenium catalysts in contin-
uous reactors is given in Table 5.7. The STY’s obtained with the millimeter sized 
Ru catalysts in this study are at the high end when compared to the best results 
obtained so far (780 g

LA
/g

Pt
·h for 1% Pt/TiO

2
 [41]). However, in the latter case, the 

hydrogenation was performed at 200°C, which is much higher than our bench-
mark temperature (90°C).

The home-made Ru/TiO
2
 mm sized catalyst (anatase phase with a BET surface 

area of around 100 m2/g) was the least active of all catalysts. These findings are in 
contrast to a screening study in our group using smaller catalyst particle sizes in 
a batch set-up. Here, Ru/TiO

2
 (1 wt.% Ru) showed comparable results with Ru/C 

(1 wt.% Ru) and full LA conversion was achieved within 4 h with 90% selectivity 
to GVL  [43]. Experiments in batch systems by other groups also reported excel-
lent activity for Ru/TiO

2 
in water [20],[43] as well as in organic solvents [25]. 

A possible explanation for the low activity of the Ru/TiO
2
 catalyst in the  current 

study using a continuous set-up is the occurrence of significant intra-particle 
mass transfer effects for the mm sized particles used in this study compared to the 
smaller sized ones in most batch studies (vide infra). However, also the support 
structure and the preparation method of the catalyst may affect catalyst activity 
and play a role. For instance, Al-Shaal et al. reported support structure effects 
for LA hydrogenation experiments in ethanol-water mixtures for TiO

2
  supports 

in a batch set-up  [20]. The use of TiO
2
 with a rutile structure resulted in inac-

tive catalysts whereas TiO
2 

containing both rutile and anatase phases gave 81% 
LA conversion under the same reaction conditions (130°C, 12 bar H

2
, 160 min). 
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Table 5.7 Overview of STY’s for the hydrogenation of LA to GVL in continuous set-ups.

Catalyst Reaction conditions STY, gLA/gmetal·h Ref

dp ≥ 100 μm

Ru/C (0.5 wt.% Ru) 90°C, 45 bar H2, H2O 770 This work

Ru/C (2 wt.% Ru) 90°C, 45 bar H2, H2O 190 This work

Ru/C (5 wt.% Ru) 90°C, 45 bar H2, H2O 80 This work

Ru/Al2O3 (0.3 wt.% Ru) 90°C, 45 bar H2, H2O 420 This work

Ru/Al2O3 (0.5 wt.% Ru) 90°C, 45 bar H2, H2O 195 This work

Ru/TiO2 (1 wt.% Ru) 90°C, 45 bar H2, H2O 106 This work

Ru/DOWEX (0.87 wt.% Ru)
(dp=276 μm)

70°C,  7 bar H2, H2O 60 [36]

Pt/SiO2 (0.8 wt.% Pt)
(dp=1.6 mm)

200°C, 40 bar H2, H2O 15h: 210 [40]

Pt/TiO2 (1 wt.% Pt)
(dp=1.6 mm)

200°C, 40 bar H2, H2O Start: 780 [41]

dp ≤ 100 μm

Ru/C (5 wt.% Ru) 
(dp=45-90 μm)

50-150°C, 4-41 bar H2, H2O
50°C - 100

[30]
150°C - 900

RuSn(3.6:1)/C (5 wt.% Ru) 220°C, FA, alkylphenol 55 [35]

Ru/DOWEX (0.87 wt.% Ru)
(dp=84 μm)

70°C, 7 bar H2, H2O 60 [36]

Mo2C/CNT (20 wt.% Mo) 150°C, 30 bar H2, H2O 15 [39]

Table 5.8 Ruthenium leaching levels, surface area and pore volume for fresh and spent cat-

alysts.

# Catalyst
CLA.0, 
mol/L

T, °C
Leached 
Ru, mga

Leached 
Ru, wt.%

Surface area, 
m2/gb

Pore volume, 
cm3/g

1
Ru/γ-Al2O3 

(0.3 wt.% Ru)
1.2 90 2.7 45

180 (F)
215 (S)

0.6 (F)
0.67 (S)

2
Ru/γ-Al2O3 
(0.5 wt.% Ru)

1.2 90 4.2 42
102 (F)
104 (S)

0.22 (F)
0.23 (S)

3
Ru/TiO2 
(1 wt.% Ru)

1.2 90 0.02 0.1
96 (F)
105 (S)

0.28 (F)
0.29 (S)

4
Ru/C 
(0.5 wt.% Ru)

1.2 90 0.08 0.8
1110 (F)
850 (S)

0.48 (F)
0.33 (S)

5
Ru/C 
(0.5 wt.%)

11.8 150 0.3 1.2
1108 (F)
792 (S)

0.48 (F)
0.30 (S)

6
Ru/C
(2 wt.% Ru)

1.2 90 1.8 4.5
950 (F)
590 (S)

0.34 (F)
0.22 (S)

7
Ru/C
(5 wt.% Ru)

1.2 90 0.22 0.02
1030 (F)
940 (S)

0.39 (F)
0.35 (S)

a On the basis of a liquid sample taken at the end of a run. b F: fresh, S: spent 

All catalysts appear to be stable under the prevailing conditions (90°C) in 
the continuous reactor (Table 5.3), and a clear reduction in the LA conversion 
was not observed after a 6 h runtime. However, catalyst deactivation may oc-
cur to some extent, though it will not be clearly visible in the profiles, as the 
experiments were carried out in the regime where mass transfer limitations 
play a major role. To gain insights into structural changes in the catalysts during 
reaction, some of the catalysts were analyzed before and after reaction (XRD 
and BET surface area). In addition, the level of Ru leaching was determined by 
analyzing the liquid product phase in the outlet at various stages of the run 
(5 samples in total, after 15, 30, 75, 195, and 345 min). The results are compiled in 
Table 5.8.The extent of leaching for the Ru/C catalysts with 0.5 and 5 wt.% of Ru 
at benchmark conditions was below 1 wt.% after the 6 h run. ICP measurement 
of samples taken at different runtimes showed that, particularly at the start of 
the run, some Ru leaching occurred, presumably loosely bound Ru at the outer 
surface of the particles. An experiment with LA at higher concentrations and 
temperature (Table 5.8, entry 5) using Ru/C (0.5 wt.% Ru) gave a slightly higher 
extent of leaching (1.2 versus 0.8 wt.%) than an experiment at 90°C and using 
a more diluted feed.

Remarkably, higher Ru leaching levels (4.5 wt.%) were observed for Ru/C 
with 2 wt.% of Ru, again by far the most at the start of the reaction. Apparently, 
the catalyst preparation procedure for this particular catalyst was different from 
that for the two others, which could be related to the type of Ru precursor, the 
calcination, and reduction procedures [45].

All Ru/C catalysts showed a significant reduction in the specific surface area 
and total pore volume after 6 h on stream. Similar observations were made by 
Chalid et al. for batch experiments with Ru/C [46]. This reduction in surface area 
does not have a dramatic effect on the catalytic activity, as no significant deac-
tivation was observed for the 6 h run. This is (partly) due to significant mass 
transfer limitations of particularly hydrogen which obscure intrinsic catalyst 
deactivation rates (vide supra). However, changes in the texture of the catalyst, 
e.g., micropore blockage by small amounts of solids (coke), may also play a role.

For both Ru/γ-Al
2
O

3
 catalysts, high amounts of ruthenium were found in the 

liquid samples taken during the continuous catalytic experiments. Almost half 
of the Ru amount was leached from the catalysts during the first 2 h on stream, 
even before the reactor achieved steady state (Table 5.8). The LA conversion 
versus runtime data (Figure S5.3 and S5.4, Appendices), however, show that 
the LA conversion is about constant in the steady state part of the run (2-6 h). 
Thus, it appears that considerable irreversible loss of Ru occurs at the start of 
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the reaction but that this does not affect the steady state conversion. This effect 
may be partly due to mass transfer limitations. In this regime, the observed cat-
alyst activity is not the intrinsic activity of the catalyst. However, it also is very 
possible that the observed steady state LA conversion for Ru/γ-Al

2
O

3
 is that of 

a catalyst with a significant reduced Ru content.
Ru leaching may be associated with irreversible changes in the structure of 

the alumina support. It is well established that γ-Al
2
O

3
 may rehydrate in the 

presence of water to form boehmite (AlOOH) [47], which is thermodynamically 
favored at temperatures above 150°C. For instance, this transformation was ob-
served in the literature for Ru/γ-Al

2
O

3
 treated with H

2
-saturated water at 200°C 

and 40 atm over 5 h  [48]. Moreover, a hydrothermal treatment of γ-Al
2
O

3
 may 

also lead to (partly) conversion of the support to the α-phase [49]. To get insight 
into changes in the support structure during a run, XRD analysis on fresh and 
spent catalysts was performed (Appendices, Figure S5.7), and both are remark-
ably similar and show peaks corresponding to the γ-Al

2
O

3
 phase  [49]. Clear re-

flections from boehmite or α-Al
2
O

3
 were not observed. Thus, the alumina sup-

port did not change significantly during the 6 h on stream, presumably due to 
the relatively low reaction temperature of 90°C.

Another possible explanation for the loss of Ru is (partly) dissolution of the 
alumina support in the rather acidic aqueous media with the concomitant dis-
solution of Ru. This was investigated by determination of the Al content in the 
liquid phase at various runtimes. The results are shown in Table 5.9.

Clearly, a considerable amount of Al is leached from the catalysts. The extent 
of leaching is a function of the runtime, with higher leaching level at the start of 
the run. A possible explanation for the observation that only a limited amount 
of Al (< 2 wt.%, Table 5.9) compared to Ru (42-25 wt.%, Table 5.8) is leached is

Table 5.9 Aluminum content of liquid samples taken at different runtimes for LA hydrogena-

tion experiments with Ru/γ-Al2O3 catalysts.a 

Catalyst Time on stream, min Concentration of Al, mg/L Total leached Al, wt.%

Ru/γ-Al2O3 (0.3 wt.% Ru)

15
30
195
345

320
255
120
105 1.6

Ru/γ-Al2O3 (0.5 wt.% Ru)

15
30
195
345

130
90
45
35 0.6

a For conditions, see Table 5.3

an anisotropic distribution of Ru in the millimeter sized catalyst particles with 
relatively large amounts of Ru present on the external surface of the catalyst 
(egg shell catalyst). This is commonly observed for millimeter particles and is 
related to catalyst preparation procedures. Further studies using TEM-HAADF 
analysis will be required to confirm this statement.

The BET surface area and the pore volume of both the Ru on alumina cata-
lysts are slightly higher for the spent catalyst than for the fresh one. This may be 
the results of excessive Ru leaching and/or partly opening/widening of the pores 
due to partly dissolution of the structure by acids, as observed experimentally 
(see above).

The Ru/TiO
2

 catalyst was also analyzed before and after reaction (Table 5.8). 
The specific surface area and total pore volume for this particular catalyst were 
not reduced after the 6 h run as for the carbon and the alumina support. In addi-
tion, no titanium was found in the liquid phase. This observation suggests that 
the low activity of the Ru/TiO

2
 catalyst is not due to the leaching of active metal 

from the catalyst particles but more likely due to a poor radial ruthenium dis-
tribution on the catalyst pellets. To optimize the catalytic performance of the 

Ru/TiO
2

 catalyst, an alternative synthesis method is required, e.g., preparation 
of catalyst in powder and subsequent pelletizing, which is beyond the scope of 
this study.

3.9. Experimental studies with Ru/C at prolonged runtimes

As shown in the previous paragraph, the most promising catalyst when con-
sidering activity and stability is Ru on carbon. However, stability was only so 
far assessed for a 6 h run. To determine the long-term stability, a 52 h run was 
carried out with the Ru/C (0.5 wt.% Ru) catalyst at benchmark conditions (Ta-
ble 5.3). The concentrations of LA, GVL, and 4-HPA versus run time are given in 
Figure 5.10.

The LA conversion at the start of the run was about 95%, and the main prod-
ucts were, as for the short runs, 4-HPA and GVL. Mass balance closure through-
out the experiment was very good, indicating that significant amounts of prod-
ucts others than GVL and 4-HPA were not formed. Clearly, a small, though 
significant, increase in the concentration of LA in the outlet was observed after 
a runtime of 52 h (Figure 5.10), and the initial LA conversion (95%) decreased to 
82%. Thus, some deactivation was observed during the run. These findings are in 
line with literature data for LA hydrogenation using Ru/C catalysts in the form of
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Figure 5.10 Reaction profile for a continuous LA hydrogenation experiment over Ru/C 

(0.5 wt.% Ru) catalyst. Conditions: see Table 5.3.

small particles (d
p
 < 100 μm). For instance, Serrano-Ruiz et al. performed exper-

iments in a packed bed reactor (8.6 mol/L LA, 150°C, and WHSV = 32 gf
eed

/g
cat

·h) 
using the Ru/C (5 wt.% of Ru) catalyst in powder form [28]. Here, a drop in the 
LA conversion from 90% to 68% after 106 h on stream was observed. Despite 
different reaction conditions, the extent of reduction of the LA conversion (ap-
proximately 0.2% per h) was similar to our experiments. Braden et al. used Ru/C 
(5 wt.% of Ru) powder in a packed bed at 150°C and 35 bar H

2
 with a feed con-

sisting of 0.3 mol/L of both LA and FA [29]. A steady decrease in LA conversion 
over 50 h on stream was reported. In the group of Dumesic, a number of studies 
were performed to increase the stability of Ru/C catalyst for LA hydrogenation 
reaction in the presence and absence of acids (formic and sulfuric) [31],[33],[35]. 
The addition of tin to a Ru/C catalyst (5 wt.% Ru and Ru/Sn molar ratio of 3.6:1) 
led to improved catalyst stability [35], and stable performance was observed for 
runs exceeding 230 h. In a very recent paper, Abdelrahman et al. observed that 
the TOF’s for the hydrogenation of LA using a Ru/C (5 wt.% Ru) catalyst dropped 
to 20-30% of the initial values after 48-72 h on stream [30]. 

Literature findings, as well as the experimental data for the 6 h runs (vide 
supra), indicate that the loss of activity may be due to Ru leaching and loss of 
surface area due to, among others, coke deposition. As such, liquid samples 
 taken during the 52 h run were analyzed with ICP-OES to determine the extent 
of ruthenium leaching. The results are given in Figure 5.11. A total of 0.37 mg Ru 
was leached, corresponding to 3.47 wt.% on total Ru intake.

Figure 5.11 Ruthenium leaching level during experiment with Ru/C (0.5 wt.% Ru) catalyst over 

52 h on stream. Conditions: see Table 5.3.

Only a minor amount of ruthenium leached from the Ru/C catalyst was ob-
served in the initial phase of the experiment(< 45 min). The amount of ruthe-
nium in the liquid phase was below the detection limit (ICP) for a sample taken 
after 45 min on stream. Similar behavior was observed for this catalyst during 
the catalyst screening study, indicating good reproducibility. As such, rutheni-
um leaching to the liquid is not the reason for the decrease in LA conversion 
upon longer runtimes.

Nitrogen physisorption experiments were performed on fresh and spent cat-
alysts to determine changes in the surface area and pore volume. A significant 
decrease in the specific surface area (from 1110 to 390 m2/g) and pore volume 
(from 0.48 to 0.21 cm3/g) was observed after 52 h on stream. The reduction in 
specific surface area is 3 times higher than that measured for this catalyst after 
a 6 h run (vide supra). As already discussed, this decrease in specific surface area 
is probably caused by the formation of coke on the catalyst surface and/or sin-
tering of the ruthenium particles.

To get insight into structural changes in the catalyst during reaction, the fresh 
and spent Ru/C were analyzed using TEM-HAADF (Figure S5.8 in the Appendi-
ces). An increase in the diameter of the Ru nanoparticles is visible after 52 h on 
steam, though quantification is difficult. This indicates the occurrence of con-
siderable sintering of Ru nanoparticles on the catalyst surface, which is likely 
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also an important contributor for the reduction in catalyst activity for the 52 h 
run. Sintering is typically considered a high temperature phenomenon; however, 
water can facilitate particle agglomeration even close to room temperature [50]. 
These observations are supported by the works of Abdelrahman, who  reported 
Ru cluster growth for the hydrogenation of LA in water at 50°C from roughly 
3.6 to 6.8 nm after 65 h on stream [30]. In addition, similar effects were found by 
Davis for the aqueous phase hydrogenation of glucose over Ru/SiO

2
 at 100°C [51].

Thus, we can conclude that both Ru sintering and reduction in the specific 
surface area of the catalyst are the most likely causes for catalyst deactivation. 
Future efforts aimed toward a rational design of stable supported LA hydroge-
nation catalyst based on Ru should consider strategies for maintaining high Ru 
dispersions in the support phase. A possible solution is the use of bimetallic cat-
alysts. For instance, RuSn alloys were already shown to perform better in this 
respect, and negligible deactivation was observed for 300 h on stream [33]. How-
ever, despite a higher stability, the GVL production rate decreased from 0.5 to 
0.1 mmol/min·g when Sn was added.

4. Conclusions

An experimental study on the catalytic hydrogenation of LA with Ru catalysts on 
various supports (Al

2
O

3
, TiO

2
, and C) with particle sizes in the millimeter range in 

a continuous packed bed reactor is reported. For these millimeter sized catalyst 
particles, intraparticle mass transfer limitation of both hydrogen and LA occurs 
to a significant extent, as was proven by calculations and experimental studies. 
As such, the experimental data are strongly biased by mass transfer limitations, 
limiting conclusions regarding the intrinsic activity and stability of the catalysts. 
The highest activity (STY up to 770 g

LA
/g

Ru
·h at 90°C and a LA inlet feed concen-

tration of 1.2 mol/L) and stability were observed for the Ru catalyst (0.5 wt.%) on 
the carbon support. It was also shown that highly concentrated LA feeds may be 
used (> 11 mol/L), though this goes at the expense of LA conversion. Long dura-
tion experiments (52 h) for the Ru/C (0.5 wt.% Ru) catalyst reveal the occurrence 
of a small though significant reduction in catalyst performance (from 95 to 82% 
LA conversion), mainly caused by the loss of surface area (BET), likely by coke 
deposition, and Ru sintering (TEM-HAADF), whereas Ru leaching (below 3% on 
intake) appears to be of minor importance. However, the latter is of prime impor-
tance for further scale up, as loss of expensive Ru metal is highly undesirable and 
will have a strong negative effect on the techno-economic viability of the process. 

Further catalyst development will be required to reduce Ru leaching levels, e.g., by 
optimization of the catalyst synthesis procedure and the addition of promotors. 
In addition, coke removal strategies need to be developed, for instance by (mild) 
oxidation using air. This will require detailed insights in the nature of the coke, to 
avoid oxidation of the actual carbon support due to the regeneration step.

Finally, reactor modeling activities to identify optimum reactor configura-
tions, given the fact that mass transfer plays an important role, are in progress 
and will be reported in due course.

5. Appendices

5.1. Figures and Tables

Figure S5.1 Reaction profiles of LA hydrogenation over Ru/C (2wt.% Ru). CLA,0 = 1.2 mol/L, 

LA feed = 1 ml/min, H2 feed = 30 ml/min, Pcolumn = 45 bar, temperature = 90°C, mcat = 2 g, 

WHSV = 30 gfeed/gcat·h, 6 h.
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Figure S5.2 Reaction profiles of LA hydrogenation over Ru/C (5wt.% Ru). CLA,0 = 1.2 mol/L, 

LA feed = 1 ml/min, H2 feed = 30 ml/min, Pcolumn = 45 bar, temperature = 90°C, mcat = 2 g, 

WHSV = 30 gfeed/gcat·h, 6 h

Figure S5.3 Reaction profiles of LA hydrogenation over Ru/Al2O3 (0.3wt.% Ru). CLA,0 = 1.2 mol/L, 

LA feed = 1 ml/min, H2 feed = 30 ml/min, Pcolumn = 45 bar, temperature = 90°C, mcat = 2 g, 

WHSV = 30 gfeed/gcat·h, 6 h.

Figure S5.4 Reaction profiles of LA hydrogenation over Ru/Al2O3 (0.5wt.% Ru). CLA,0 = 1.2 mol/L, 

LA feed = 1 ml/min, H2 feed = 30 ml/min, Pcolumn = 45 bar, temperature = 90°C, mcat = 2 g, 

WHSV = 30 gfeed/gcat·h, 6 h.

Figure S5.5 Reaction profiles of LA hydrogenation over Ru/TiO2 (1 wt.% Ru). CLA,0=1.2 mol/L, 

LA feed = 1 ml/min, H2 feed = 30 ml/min, Pcolumn = 45 bar, temperature = 90°C, mcat = 2 g, 

WHSV = 30 gfeed/gcat·h, 6 h
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Figure S5.6 Reaction profiles for the continuous hydrogenation of LA in water using a Ru/C 

catalyst (0.5 wt.% Ru) with different catalyst particle diameters (left): 1.25-2.5 mm particles, 

(right): 0.5-0.6 mm particles. Conditions: see Table 5.3 in manuscript

Figure S5.7 XRD pattern of the Ru/γ-Al2O3 (0.5 wt.% Ru) catalyst:  (left) - fresh; (right) – spent

Figure S5.8 TEM-HAADF images of fresh 0.5% Ru/C catalyst (left) catalyst and catalyst after 

52 hours on stream of reaction (right). The white dots represented the Ru-particles.

Table S5.1 Literature overview on LA hydrogenation in batch set-ups using Ru-based cata-

lysts.

Catalyst Add. Solvent T, °C
P(H2), 
bar

Time, 
h

LA con-
version, %

GVL selec-
tivity, %

Ref

Carbon support

Ru/C 
(5 wt.% Ru)

- H2O 180 30 12 100 57 [12]

Ru/C 
(3 wt.% Ru)

- H2O 90 45 1 100 98 [13]

Ru/C 
(5 wt.% Ru)

-
H2O 
(0.08 wt.%)

130 20.6 49.5 51 > 99 [14]

Ru0.9Ni0.1/OMCa

(0.56 wt.% Ru
0.08 wt.% Ni)

- H2O 150 45 2 99 97 [15]

Ru/C 
(5 wt.% Ru)

-
H2O 70 30 3

48 98
[16]

A 70b 100 99

Ru/C 
(5 wt.% Ru)

- Dioxane 150 55 2 80 92 [17]

Ru/C 
(5 wt.% Ru)

- Methanol 130 12 2.7 92 99 [18]

Ru/C 
(5 wt.% Ru)

-

Methanol

130 12 2.7

93 99

[19] 

1-Butanol 0 0

Benzaldehyde 0 0

DMSO 0 0

Dioxane 4 0
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Catalyst Add. Solvent T, °C
P(H2), 
bar

Time, 
h

LA con-
version, %

GVL selec-
tivity, %

Ref

Ru/C
(5 wt.% Ru)

-

Methanol

130 12 2.7

99 85

[20]

Ethanol 76 81

1-Butanol 49 82

Dioxane 99 98

Methanol+H2O 96 88

Ethanol+H2O 99 90

Butanol+H2O 99 76

Ru/Starbon
(5 wt.% Ru)

- Ethanol+H2O 100 10 2.2 > 99 < 5 [21]

Ru/C
(5 wt.% Ru)

[BMIm-SH]
[HSO4]

Methanol 130 34.5 2

99 68

[22]
A 15c 99 14

SO4-ZrO2 99 18

Other supports

Ru/SiO2

(5 wt.% Ru)
scCO2 H2O 200 100 - 98 >99 [23]

Ru/SiO2

(5 wt.% Ru)
Ethanol

130 12 2.7
83 93

[20]
Ethanol+H2O 98 77

Ru/Al2O3 
(5 wt.% Ru)

scCO2 - 150 145 99 99 [24]

Ru/Al2O3

(5 wt.% Ru)
Ethanol

130 12 2.7
38 86

[20]
Ethanol+H2O 95 80

Ru/Al2O3

(5 wt.% Ru)
-

H2O 70 30 3
24 96

[16]
A 70b 57 98

Ru/Nb2O5

(1 wt.% Ru)
- Dioxane 200 40 4 72 86 [25]

Ru/TiO2 (rutile) 
(5 wt.% Ru)

Ethanol
130 12 2.7

0 -
[20]

Ethanol+H2O 0 -

Ru/TiO2 (P25)
(5 wt.% Ru)

Ethanol
130 12 2.7

68 92
[20]

Ethanol+H2O 81 88

Ru/TiO2 
(1 wt.% Ru)

- Dioxane 200 40 4 100 92 [25]

Ru/ZSM-5-11.5 
(1 wt.% Ru)

- Dioxane 200 40 4 100 50 [25]

Ru/Beta-12.5
(1 wt.% Ru)

- Dioxane 200 40 4 100 60 [25]

Ru/HAPd

(5 wt.% Ru)
-

H2O

70 5 4

99 99

[26]
Ethanol 92 76

Ethanol+H2O 92 82

Toluene 30 92

Ru/SPESe 
(2 wt.% Ru)

- H2O 70 30 2 88 99 [27]

 a OMC - ordered mesoporous carbon; b A70 - Amberlyst 70; c A15 - Amberlyst 15; d HAP - hy-

droxiapatite; e SPES - polyethersulfone

5.2. Calculations of intraparticle diffusion of LA and hydrogen 

5.2.1. Introduction

The extent of intra-particle diffusion limitation for a component may be  assessed 
using the Weisz-Prater criterion (N

W-P
), see Eq. S5.1 for details [52].  According to 

this criterion, a value 0.3 for a reaction order in substrate of 2 or less implies that 
mass transfer limitation of a component is negligible. 
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−    ×      ×     ≤ 0.3            (S5.1)

Here: Rexp is the initial reaction rate, mol/m3
cat·s; rp is the radius of catalyst particle, m; Cs is

the concentration of the component at the catalyst surface, mol/m3; Deff is the effective diffusion

coefficient of the component, m2/s.

5.2.2. Assessment of the NW-P criterion for LA 
The values for the individual contributions in the NW-P criterion (Eq. S5.1) will be discussed

below.

5.2.2.1. Radius of the catalyst particle  
All catalysts/supports were provided in the mm range and were crushed and sieved to

particle diameters between 1.25-2.5 mm. As such, an average particle radius of 8.13 x 10-4 m was

taken for the particle radius

5.2.2.2. Concentration of LA at the catalyst surface  
When assuming that external mass-transfer limitations can be neglected, the concentration

of substances at catalyst surface are taken equal to the bulk concentration of substances (Cs = Cb).

The bulk concentration of LA at the start of the reaction (highest value, worst case scenario) is known

for all experiments.

5.2.2.3. Effective diffusion coefficient  
 The diffusion coefficient for LA in water was estimated using the Wilke-Chang equation [53]

(Eq. S5.2):    =
7.4 × 10  ×  × (Ф   ) /     . × μ   (S5.2)

 (S5.1)

Here: R
exp

 is the initial reaction rate, mol/m3
cat

·s; r
p
 is the radius of catalyst parti-

cle, m; C
s
 is the concentration of the component at the catalyst surface, mol/m3; 

D
eff

 is the effective diffusion coefficient of the component, m2/s.

5.2.2. Assessment of the NW-P criterion for LA

The values for the individual contributions in the N
W-P

 criterion (Eq. S5.1) will be 
discussed below.

5.2.2.1. Radius of the catalyst particle 

All catalysts/supports were provided in the mm range and were crushed and  
sieved to particle diameters between 1.25-2.5 mm. As such, an average particle 
radius of 8.13 × 10-4  m was taken for the particle radius

5.2.2.2. Concentration of LA at the catalyst surface 

When assuming that external mass-transfer limitations can be neglected, the 
concentration of substances at catalyst surface are taken equal to the bulk con-
centration of substances (C

s
 = C

b
). The bulk concentration of LA at the start of 

the reaction (highest value, worst case scenario) is known for all experiments. 
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5.2.2.3. Effective diffusion coefficient 

The diffusion coefficient for LA in water was estimated using the Wilke-Chang 
equation [53] (Eq. S5.2):
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5.2.2.2. Concentration of LA at the catalyst surface  
When assuming that external mass-transfer limitations can be neglected, the concentration

of substances at catalyst surface are taken equal to the bulk concentration of substances (Cs = Cb).

The bulk concentration of LA at the start of the reaction (highest value, worst case scenario) is known

for all experiments.

5.2.2.3. Effective diffusion coefficient  
 The diffusion coefficient for LA in water was estimated using the Wilke-Chang equation [53]

(Eq. S5.2):    =
7.4 × 10  ×  × (Ф   ) /     . × μ   (S5.2) (S5.2)

where all symbols with indicator A are for solute (LA), with B – for solvent (H
2
O):

DAB - diffusivity of LA in very dilute solution in H
2
O, cm2/s

MB - molecular weight of H
2
O, g/mol

T - temperature, K
µ - viscosity of H

2
O, cP (1cP = 0.001Pa*s)

VbA - LA molar volume at its normal boiling point, cm3/mol
ФB – association factor of H

2
O (2.26)

The effective diffusion coefficient (D
eff

) was taken as 10% of the diffusion co-
efficient, as calculated from the Wilke-Chang equation. The results are given in 
Table S5.2.

Table S5.2 Calculation of the effective diffusion coefficient of LA in water.

T, K μ, cP DLA-water, m
2/s Deff(LA-water), m

2/s

363 0.315 2.93×10-9 2.93×10-10

383 0.254 4.04×10-9 4.04×10-10

403 0.204 5.03×10-9 5.03×10-10

423 0.181 5.95×10-9 5.95×10-10

5.2.2.4. Experimental reaction rates 

The experimental reaction rates (STY, in g
LA

/g
cat

·h)  were determined from the 
measured in and outlet molflow rates of levulinic acid and the catalyst intake. 
This is the average reaction rate in the packed bed reactor. The reaction rate 
was converted to g

LA
/m3

cat
·s) by using a catalyst bulk density. The catalyst bulk 

 density for different catalysts are:
•	 Ru/C  (0.5, 2 and 5 wt.% Ru) – 350000 g/m3

•	 Ru/Al
2
O

3
 (0.3 and 0.5 wt.% Ru) – 3980000 g/m3

•	 Ru/TiO
2
 (1 wt.% Ru) – 3970000 g/m3

For the experimental data reported in Table 5.5 in the manuscript (using 
Ru/C catalyst with 0.5 wt.% Ru), the experimental reaction rates are presented 
in Table S5.3.

Table S5.3 Calculation of the experimental reaction rates for experiments reported in Ta-

ble 5.5 in the manuscript.

# Catalyst T, K CLA, mol/m3 STY, gLA/gcat·h Ro, gLA/m3
cat·s

1 Ru/C (0.5 wt.% Ru) 363 1200 3.85 3.22

2 Ru/C (0.5 wt.% Ru) 403 1200 4.14 3.47

3 Ru/C (0.5 wt.% Ru) 403 1300 4.96 4.15

4 Ru/C (0.5 wt.% Ru) 423 1400 6.21 5.20

5 Ru/C (0.5 wt.% Ru) 423 11200 8.42 7.05

For the experimental data reported in Table 5.6 in the manuscript (using 
Ru-based catalysts on different supports), the experimental reaction rates are 
 presented in Table S5.4.

Table S5.4 Calculation of the experimental reaction rates for experiments reported in  Table 5.6 

in the manuscript.

# Catalyst T, K CLA, mol/m3 STY, gLA/gcat·h Ro, gLA/m3
cat·s

1 Ru/C (0.5 wt.% Ru) 363 1200 3.85 3.22

2 Ru/C (2 wt.% Ru) 363 1150 193 3.23

3 Ru/C (5 wt.% Ru) 363 1120 77 3.21

4 Ru/γ-Al2O3 (0.3 wt.% Ru) 363 1150 422 12.05

5 Ru/γ-Al2O3 (0.5 wt.% Ru) 363 1110 195 9.30

6 Ru/TiO2 (1 wt.% Ru) 363 1150 104 9.89

5.2.2.5. Resuls

For the experimental data reported in Table 5.5 in the manuscript (using Ru/C 
catalyst with 0.5 wt.% Ru), see Table S5.5 below, the Weisz-Prater number of LA 
is considerably higher than 0.3, indicating significant mass transfer limitations 
of LA inside the catalyst particles for all catalysts. 
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Table S5.5 Calculation of Weisz-Prater number of LA for experiments from Table 5 in the 

manuscript.

# T, K CLA,s, mol/m3 M cat, g Ro, mol/m3cat·s XLA, mol.% DLA-water, m
2/s NW-P, LA

1 363 1200 2 3.22 92 2.93×10-10 6.11

2 403 1200 2 3.47 99 5.03×10-10 3.79

3 403 1300 1.4 4.15 75 5.03×10-10 4.13

4 423 1400 1.4 5.2 84 5.95×10-10 4.15

5 423 11200 5 7.05 54 5.95×10-10 0.69

For the experimental data reported in Table 5.6 in the manuscript (using 
Ru-based catalysts on different supports), see Table S5.6 below, the Weisz- 
Prater number of LA is considerably higher than 0.3, indicating significant mass- 
transfer limitations of LA inside the catalyst particles for all catalysts. 

Table S5.6 Calculation of Weisz-Prater number of LA for experiments from Table 5.6 in the 

manuscript. Conditions: T = 423K, m(cat) = 2 g.

# Catalyst CLA,s, mol/m3 Ro, mol/m3cat·s XLA, mol.% DLA-water, m
2/s NW-P, LA

1 Ru/C (0.5 wt.% Ru) 1200 3.22 92 2.93×10-10 6.11

2 Ru/C (2 wt.% Ru) 1150 3.23 96 2.93×10-10 6.40

3 Ru/C (5 wt.% Ru) 1120 3.21 98 2.93×10-10 6.53

4 Ru/γ-Al2O3 (0.3 wt.% Ru) 1150 12.05 31 2.93×10-10 23.9

5 Ru/γ-Al2O3 (0.5 wt.% Ru) 1110 9.30 26 2.93×10-10 19.3

6 Ru/TiO2 (1 wt.% Ru) 1150 9.89 26 2.93×10-10 19.6

5.2.3. Assessment of the NW-P criterion for hydrogen

The values for the individual contributions in the WP criterion (Eq. S5.1) will be 
discussed below.

5.2.3.1. Radius of the catalyst particle 

See above for LA.

5.2.3.2. Concentration of hydrogen at the catalyst surface 

The concentration of substances at the catalyst surface are equal to the bulk con-
centration of substances (C

s
 = C

b
) when assuming the absence of external mass 

transfer limitations.  The bulk concentration of H
2
 at the start of the reaction 

(highest value, worst case scenario) was calculated from the hydrogen pressure 
in the reactor using the Henry law (Eq. S5.3):
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of substances (Cs = Cb) when assuming the absence of external mass transfer limitations. The bulk

concentration of H2 at the start of the reaction (highest value, worst case scenario) was calculated

from the hydrogen pressure in the reactor using the Henry law (Eq. S5.3): =   ×    (S5.3)

Here, p is the partial pressure of the gas above the solution, atm; C is the concentration of

the dissolved gas, mol/L; and kH is Henry’s law constant for the gas phase component, L·atm/mol.

The temperature dependence of the kH is given by Eq. S5.4.  , =   ,   ×     [−   1 − 1
298

 ] (S5.4)

where kH,298 is 1282.05 L·atm/mol and C’ is a constant (in Kelvin), 500 K for hydrogen. An

overview of the calculated bulk concentration of hydrogen is given in Table S5.7.

Table S5.7 Calculated bulk hydrogen concentration in the water phase at different temperatures (44.4 atm).

T, K P, atm kH(T), L·atm/mol C(H2), mol/L C(H2), mol/m3

363 44.4 1730.59 0.026 26
383 44.4 1860.53 0.024 24
403 44.4 1985.08 0.022 22
423 44.4 2109.50 0.021 21

5.2.3.3. Effective diffusion coefficient of hydrogen  
The diffusion coefficient of hydrogen in water was taken from Verhallen et al. [54] and the

results are given in Table S5.8. The effective diffusion coefficient was set at 10% of the diffusion

coefficient of hydrogen in water.

Table S5.8 Calculated effective diffusion coefficient for hydrogen in water.

T, K DH2 , m2/s Deff (H2), m2/s
363 16.1×10-9 1.61×10-9

383 19.5×10-9 1.95×10-9

403 23×10-9 2.3×10-9

423 26×10-9 2.6×10-9

5.2.3.4. Results  
For the experimental data reported in Table 5.5 in the manuscript (using Ru/C catalyst with

0.5 wt.% Ru), see Table S5.9 below, the Weisz-Prater number of hydrogen is considerably higher than

0.3, indicating significant mass-transfer limitations of LA inside the catalyst particles for all catalysts.

 (S5.3)

Here, p is the partial pressure of the gas above the solution, atm; C is the con-
centration of the dissolved gas, mol/L; and k

H
 is Henry’s law constant for the gas 

phase component, L·atm/mol. The temperature dependence of the k
H 

is given by 
Eq. S5.4.  
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 (S5.4)

where k
H,298

 is 1282.05 L·atm/mol and C’ is a constant (in Kelvin), 500 K for hy-
drogen. An overview of the calculated bulk concentration of hydrogen is given 
in Table S5.7. 

Table S5.7 Calculated bulk hydrogen concentration in the water phase at different tempera-

tures (44.4 atm).

T, K P, atm kH(T), L·atm/mol C(H2), mol/L C(H2), mol/m3

363 44.4 1730.59 0.026 26

383 44.4 1860.53 0.024 24

403 44.4 1985.08 0.022 22

423 44.4 2109.50 0.021 21

5.2.3.3. Effective diffusion coefficient of hydrogen 

The diffusion coefficient of hydrogen in water was taken from Verhallen et 
al. [54] and the results are given in Table S5.8. The effective diffusion coefficient 
was set at 10% of the diffusion coefficient of hydrogen in water. 
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5.2.3.4. Results 

For the experimental data reported in Table 5.5 in the manuscript (using Ru/C 
catalyst with 0.5 wt.% Ru), see Table S5.9 below, the Weisz-Prater number of 
hydrogen is considerably higher than 0.3, indicating significant mass-transfer 
limitations of LA inside the catalyst particles for all catalysts. 

For the experimental data reported in Table 5.6 in the manuscript (using 
Ru-based catalysts on different supports), see Table S5.10 below, the Weisz-Prater 
number of hydrogen is considerably higher than 0.3, indicating significant 
mass-transfer limitations of LA inside the catalyst particles for all catalysts. 

For all experiments, the Weisz-Prater number for hydrogen is much higher 
than 0.3, indicating the presence  of significant mass-transfer limitations of H

2
 

inside the catalyst particles even at lower  reaction temperatures

Table S5.8 Calculated effective diffusion coefficient for hydrogen in water.

T, K DH2 , m
2/s Deff (H2), m

2/s

363 16.1×10-9 1.61×10-9

383 19.5×10-9 1.95×10-9

403 23×10-9 2.3×10-9

423 26×10-9 2.6×10-9

Table S5.9 Calculation of Weisz-Prater number for hydrogen for experiments from Table 5.5 

in the manuscript.

# T, K CH2, mol/m3 M cat, g Ro, mol/m3cat·s XLA, mol.% DH2-water, m
2/s NW-P, H2

1 363 26 2 3.22 92 1.61×10-9 51

2 403 23 2 3.47 99 2.3×10-9 45

3 403 23 1.4 4.15 75 2.3×10-9 54

4 423 21 1.4 5.2 84 2.6×10-9 63

5 423 21 5 7.05 54 2.6×10-9 85

Table S5.10 Calculation of Weisz-Prater number for hydrogen for experiments from Table 5.6 

in the manuscript. Conditions: T = 423K, m(cat) = 2 g.

# Catalyst CH2, mol/m3 Ro, mol/m3cat·s XLA, mol.% DLA-H2, m
2/s NW-P, H2

1 Ru/C (0.5 wt.% Ru) 26 3.22 92 1.61×10-9 51

2 Ru/C (2 wt.% Ru) 26 3.23 96 1.61×10-9 51

3 Ru/C (5 wt.% Ru) 26 3.21 98 1.61×10-9 51

4 Ru/γ-Al2O3 (0.3 wt.% Ru) 26 12.05 31 1.61×10-9 190

5 Ru/γ-Al2O3 (0.5 wt.% Ru) 26 9.30 26 1.61×10-9 145

6 Ru/TiO2 (1 wt.% Ru) 26 9.89 26 1.61×10-9 156
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Summary

Biomass is the only abundant and concentrated source of non-fossil carbon 
available on earth. The conversion of biomass to bio-based chemicals and bio-
fuels has been the focus of intense research and development activities in the 
past decade, with the major objectives to develop effective and environmen-
tally benign technologies, as well as to stimulate the agricultural sector by for 
instance promoting the use of agricultural and forestry residues as input. Recent 
studies predict that the market share of bio-based chemicals in the global chem-
ical industry will increase to 22% in 2025.

Levulinic acid (LA), accessible from C6-sugars, present in a wide variety of 
biomass sources (e.g. lignocellulosic biomass and starch), is considered a very 
attractive platform molecule in current and future biorefinery schemes. The 
use of LA as a resin, plasticizer, textile additive, animal feed, coating material 
and as antifreeze was already recognized long ago. Recently, its potential appli-
cation range has been extended and LA has been proposed as a solvent, food 
flavoring agent and as a starting material for the preparation of a variety of 
chemicals and pharmaceutical intermediates. The presence of both a ketone 
and carboxylic acid group results in high reactivity and interesting modification 
options. Of particular interest is the LA hydrogenation platform, producing in-
teresting chemicals like γ-valerolactone (GVL), pentanoic acid, 1,4-pentanediol 
and methyltetrahydrofuran. GVL is considered as one of the most interesting LA 
derivatives due to its attractive properties. GVL is renewable, easy and safe to 
store and transport, has a low melting point (-31°C), high boiling point (207°C) 
and open cup flash (96°C) point, and is miscible with water. All these properties 
make GVL an ideal sustainable liquid. However, GVL also can be converted to 
interesting derivatives using catalytic technologies. 

GVL is typically prepared from LA by a hydrogenation reaction. The reaction 
has been investigated since the 1930’s and a wide range of catalysts has been 
investigated, both homogeneous and heterogeneous ones. However, the focus 
has been mainly on exploratory catalyst screening studies in particularly batch 
set ups, and more applied studies are close to absent. 

The primary objective of this thesis is to bridge the gap between fundamental 
studies on molecular level and those required for the efficient design of reactors 
and processes for GVL synthesis. The majority of the studies were performed in 
water, an example of an environmentally benign solvent, which has shown to be 
a particularly good solvent for LA hydrogenation in combination with Ru, the 
benchmark catalyst for LA hydrogenation.  
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In Chapter 2, a systematic experimental study on the catalytic hydrogenation 
of LA with a number of mono- and one bimetallic Ru catalysts (1 wt.% Ru) on 
various supports in water in a batch set up is reported (90°C, 45 bar of H

2
, 2 wt.% 

catalyst on LA). Eight monometallic catalysts were tested on carbon (C, CNT) 
and inorganic supports (Al

2
O

3
, TiO

2
, ZrO

2
, SiO

2
, Nb

2
O

5
 and Beta-12.5). For all cat-

alysts, GVL and 4-hydroxypentanoic acid (4-HPA) were the main products and 
over hydrogenation product were not observed. The best result was found for 
Ru/Beta-12.5 with almost quantitative LA conversion (94%) and 66% of GVL 
yield after 2 h reaction, the remainder being 4-HPA, see Figure 6.1 for details. 
In addition, also very promising results were obtained for Ru/TiO

2
, giving 93% 

LA conversion with 85% of GVL yield and 14% of 4-HPA. Catalyst activity for 
a bimetallic RuPd/TiO

2
 catalyst was by far lower than for the monometallic Ru 

catalyst (9% conversion after 2 h). 

Figure 6.1 Conversion of LA and yield of GVL and 4-HPA after 2 h batch time. Reaction condi-

tions: 90°C, 45 bar H2, CLA,0 = 0.6-0.7 mol/L, mcat = 0.06 g, stirring rate = 2000 rpm.

The catalytic activity was found to be a strong function of the support and 
the highest activity (TOF up to 2.4 mol

LA
/mol

Ru
·s) was observed for Ru/Beta-12.5. 

Relevant catalyst properties were determined (average Ru nanoparticle size, BET 

surface area, micropore area and total acidity) and used to determine correla-
tions between catalyst activity and catalyst properties. It was found that TOF 
values of the catalysts are essentially independent of the catalyst properties 
for Ru/C, Ru/Al

2
O

3
 and Ru/TiO

2
, indicative for a structure insensitive reaction. 

However, the Ru-Beta-12.5 catalyst is a clear exception and the TOF for this 
catalyst is by far higher (factor 5) than for the others (Figure 6.2). This implies 
that the use of very acidic, highly porous supports leads to dramatic changes in 
 support-Ru nanoparticle interactions and has a major (positive) impact on activ-
ity. The exact reason for the high activity of the Ru-Beta-12.5 catalyst needs to 
be established, e.g. by carrying out an experimental study on LA hydrogenation 
using a wider range of zeolite based Ru catalysts with different acidity and other 
structural properties.      

Figure 6.2 Dependence of TOF on catalyst specific surface area (left) and micropore surface 

area (right).

In Chapter 3 a detailed study on the effects of catalyst synthesis parameters 
(Ru-precursor, calcination and/or reduction conditions) on the performance of 
Ru/TiO

2
 (anatase) catalysts was performed. Catalyst performance was evaluated 

in a batch reactor at a hydrogen pressure of 45 bar and using either water (90°C) 
or dioxane (150°C) as solvent. Remarkable differences in catalyst activity was ob-
served for the three precursors (RuCl

3
, RuNO(NO

3
)

3
 and Ru(NH

3
)

6
Cl

3
), with the 

trends in activity being the same in both solvents. The catalyst prepared with 
RuCl

3 
was the most active in both cases and considerably lower LA conversions 

were seen after 4 h for RuNO(NO
3
)

3
 and Ru(NH

3
)

6
Cl

3
. In all cases, GVL was the 

major product, with, as expected, minor amounts of the intermediate 4-HPA for 
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Figure 6.3 Effect of the hydrogen amount in the reduction gas on the Ru particle size diam-

eter for Ru/TiO2 catalysts prepared with RuCl3 precursor with and without a calcination step.

  

the reactions performed in water. The partial pressure of hydrogen during the 
catalyst reduction step has a profound influence on activity. Again the order of 
activity was the same for both solvents, with the best results obtained with the 
catalyst reduced at 10 vol.% of H

2
. The TEM results showed the same particle 

 sizes of around 2.2 nm for the reduction with 10 and 50 vol.% H
2
, while 100 vol.% 

H
2
 leads to agglomeration and an average particle size of 8.4 nm (Figure 6.3).
A negative effect of an intermediate calcination step during catalyst prepa-

ration on the catalytic activity in water for the catalysts prepared with the RuCl
3
 

precursors was found (Figure 6.4). The activity for the calcined catalysts was in 
all cases lower than for the non-calcined ones. Thus, it can be concluded that 
an intermediate calcination step has a clear negative effect on the performance 
of the Ru/TiO

2
 catalysts. A possible explanation is an increase in the average Ru 

nanoparticle sizes when an intermediate calcination step is added to the syn-
thesis protocol. This indeed proved to be the case, see Figure 6.3 for details.

Catalyst characterization studies showed that the different preparation pro-
tocols lead to catalysts with differences in average Ru particle sizes. It was shown 
that catalyst activity (TOF and initial rates) in both water and dioxane is strongly 
correlated with the average Ru particle size, and an optimum activity was found 
for average Ru particle sizes of about 2 - 4 nm (Figure 6.5).

This implies that LA hydrogenation in water using the titania support is 
structure sensitive. The fact that catalysts with similar particle sizes though 
prepared with different precursors show different TOF values suggest that addi-
tional factors than particle size-dependent structure sensitivity must play a role.

Figure 6.4 Effect of the composition of the reduction gas and the use of an intermediate 

calcination step on the initial rate for the catalytic hydrogenation of LA in water for various 

Ru/TiO2 catalysts (prepared using RuCl3 as the precursor) under standard reactions conditions.

.

Figure 6.5 Initial rate and TOF for LA hydrogenation in water versus the average Ru-nanopar-

ticle for the Ru/TiO2 catalysts prepared in this study according to TEM. 

 A possible factor is the difference in amounts of charged and neutral ruthenium 
species, as observed for some selected samples by XPS. Taken together, the data 
suggests that the Ru nanoparticle size is of prime importance for catalytic activ-
ity and that these depend on the various synthesis protocols. 

Comparison of the LA conversion after 4 h reaction time for both water and 
dioxane in the form of a parity plot is provided in Figure 6.6. A reasonable fit 
was obtained, showing that the performance in water and dioxane follow a sim-
ilar trend. As such, the effect of Ru particle size distribution on catalytic activity 
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Figure 6.6 Parity plot with the LA conversion after 4 h reaction time in water and dioxane.

as shown for water, seems to be valid for dioxane as well. In addition, it suggests 
that the molecular mechanism for the hydrogenation reactions in both solvents 
is similar.

A detailed kinetic study on the conversion of LA to GVL using a benchmark 
Ru/C (3 wt.% Ru) catalyst in water is reported in Chapter 4. Reaction conditions 
like temperature, hydrogen pressure and initial LA concentration were varied in 
a systematic manner. A large number of experiments was performed in a tem-
perature range of 70-130°C, a hydrogen pressure range from 30-60 bar and initial 
LA concentrations between 300 and 2500 mol/m3. Only 4-HPA was observed 
as an intermediate in all experiments. In some of the cases,  particularly at low 
temperatures and low initial LA concentrations, the amount of 4-HPA showed 
a clear optimum, see Figure 6.7 (right) for details. These observations indicate 
that the conversion of LA to GVL involves two consecutive reactions: the hydro-
genation of LA to 4-HPA followed by intramolecular esterification of 4-HPA to 
GVL (Scheme 6.1). 

Scheme 6.1 Proposed and modeled reaction network for the hydrogenation of LA to GVL.

Figure 6.7 Experimental and model data for two selected experiments (left: run 7, 90°C, 

45 bar; right: run 11, 90°C, 45 bar).

Kinetic modelling activities revealed that particularly intra-particle diffusion 
limitation of both LA and hydrogen affect the overall reaction rates. As such, 
a heterogeneous model was developed incorporating both diffusion and reac-
tion rates. The intrinsic kinetics of the hydrogenation reaction of LA to 4-HPA 
was successfully modelled using a Langmuir-Hinshelwood type expressions 
with competitive adsorption of LA and GVL on the surface of catalyst. The sub-
sequent intramolecular esterification of the hydrogenation product 4-HPA to 
GVL was modelled as a homogeneous acid catalyzed equilibrium reaction. Good 
agreement between experimental concentration versus time profiles and the 
model was obtained (Figure 6.7). 

The kinetic parameters extracted from the heterogeneous model were com-
pared with that of a homogeneous model, which assumes the absence of diffusion 
limitations. The main difference between both models is the activation  energy 
for the hydrogenation reaction, which was by far lower for the homogeneous 
model. The modelling activities indicated that the hydrogenation of LA with hy-
drogen in water using Ru/C is a fast reaction, for which diffusion limitations and 
particularly intra-particle limitations of both LA and hydrogen play a significant 
role, even with the relatively small catalyst particle sizes (d

p
 = 60 × 10-6 m) and 

the low catalyst hold-up used in this study. As such, experimental data on LA hy-
drogenations in water using supported Ru catalysts should be considered care-
fully as the reported conversion rates may have been affected by intra-particle 
diffusion limitation. The kinetic model developed here may be used for further 
reactor engineering studies and particularly for selection of the most suitable 
reactor configuration (e.g. packed bed versus slurry reactors) and reactor sizing.  
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In Chapter 5 an experimental study on the catalytic hydrogenation of LA to 
GVL in a continuous packed bed reactor is reported. Ru catalysts on various sup-
ports (C, γ-Al

2
O

3
, TiO

2
) with particle sizes in the mm range were examined in 

water (90°C, 45 bar oh hydrogen, WHSV = 30 g
feed

/g
cat

·h, 2 g of catalyst). 
For millimeter sized catalyst particles, intraparticle mass transfer limitation 

of both hydrogen and LA occurred to a significant extent, as was proven by cal-
culations and experimental studies (Figure 6.8). As such, the experimental data 
are strongly biased by mass transfer limitations, limiting conclusions regarding 
the intrinsic activity and stability of the catalysts. 

Figure 6.8 Effect of initial LA concentration on average LA conversion over 6 hours on stream 

for two Ru/C catalysts with extremes toward Ru loading. 

Within the range of ruthenium catalysts, the Ru/C showed the highest ac-
tivity (LA conversion between 92 and 98%) and GVL yield for 6 h on stream 
with negligible deactivation. Ru/Al

2
O

3
 was found to be less active (26-31% of LA 

conversion) and stability was also considerably reduced due to reactivity of the 
support. Ru/TiO

2
 was considerably less reactive (26% of LA conversion), though 

stability was better than for the alumina based counterpart.
 Long duration experiments (52 h) for the Ru/C (0.5 wt.% Ru) catalyst revealed 

the occurrence of a small though significant reduction in catalyst performance 
(from 95 to 82% LA conversion), as shown in Figure 6.9. This deactivation is 
mainly caused by the loss of surface area (BET, from 1110 m2/g to 390 m2/g), 
 likely by coke deposition, and Ru sintering (TEM-HAADF), whereas Ru leaching 
(below 3% on intake) appears to be of minor importance. However, the latter is 
of prime importance for further scale up, as loss of expensive Ru metal is highly 

undesirable and will have a strong negative effect on the techno-economic vi-
ability of the process. Further catalyst development will be required to reduce 
Ru leaching levels, e.g., by optimization of the catalyst synthesis procedure and 
the addition of promoters. In addition, coke removal strategies need to be de-
veloped, for instance by (mild) oxidation using air. This will require detailed in-
sights in the nature of the coke, to avoid oxidation of the actual carbon support 
due to the regeneration step.

Figure 6.9 Reaction profile for a continuous LA hydrogenation experiment over Ru/C (0.5 wt.% 

Ru) catalyst. 

The catalytic hydrogenation described above was carried out using a cata-
lyst as received, i.e., without a pre-reduction step before reaction. To determine 
the effect of a pre-reduction step with hydrogen, an experiment was carried 
out using the Ru/C catalyst (0.5 wt.% Ru) with pre-reduction of the catalyst 
in the reactor at 350°C for 4 h (250 mL/min gas flow consisting of 10 vol.% H

2
 

in 90 vol.% N
2
 at 20 bar pressure). The results of the experiment are given in 

Figure 6.10 and reveal that the pre-activation step has a negative effect on cat-
alyst performance. LA conversion (average value in the steady state) dropped 
from 95% to 75% after the activation step. The observed reduced activity after 
the reduction step may be due to a slightly higher Ru-nanoparticle size, what 
was proven by TEM-analysis. This increase could be due to some sintering of 
the Ru-nanoparticles during the activation step. However, other factors may 
play a role as well, for example, differences in the extent of Ru leaching during 
a run.
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Figure 6.10 Conversion of LA with as received and pre-reduced Ru/C catalysts (0.5 wt.% Ru).  

Figure 6.11 Effect of inlet LA concentration on the STY for 6 h experiments with the Ru/C 

(0.5 wt.% Ru) catalyst. 

Effect of LA feed concentration was investigated in a range of concentrations 
0.1-11.2 mol/L using Ru/C (0.5 wt.% Ru) catalyst. Quantitative LA conversion is 
possible only at low initial LA concentrations (0.1 and 0.5 mol/L). With increas-
ing inlet LA concentration, the LA conversion decreases and is less than 6% at 
11.2 mol/L (pure LA). The STY versus the inlet LA concentration is given in Fig-
ure 6.11 and shows an optimum at a LA concentration of about 6 mol/L. 

Higher LA conversions when using concentrated LA feeds were achieved by tun-
ing reaction conditions, such as temperature (150 instead of 90°C), hydrogen flow 
(120 instead of 30 ml/min) and catalyst intake (5 instead of 2 g). At these optimized 
reaction conditions, an average LA conversion achieved 54% during 6 h on stream.

Samenvatting

Biomassa is de enige geconcentreerde bron van niet-fossiele koolstof die op 
aarde rijkelijk aanwezig is. De omzetting van biomassa naar groene chemicaliën 
en biobrandstoffen is in de laatste tien jaar het onderwerp van vele onderzoeks- 
en ontwikkelingsactiviteiten geweest. De belangrijkste doelstellingen zijn om 
efficiënte en milieuvriendelijke technologieën te ontwikkelen en de landbouw-
sector te stimuleren door bijvoorbeeld restproducten uit de land- en bosbouw te 
gebruiken als grondstof. Recente studies voorspellen dat het marktaandeel van 
groene chemicaliën in de chemische industrie wereldwijd zal toenemen tot 22% 
in 2025. 

Levulinezuur (LA) kan gemaakt worden vanuit C6 suikers, aanwezig in een 
groot aantal verschillende biomassa bronnen (bijvoorbeeld houtachtige bio-
massa en zetmeel), en wordt gezien als een zeer aantrekkelijke basis molecuul 
in plannen voor huidige en toekomstige bio-raffinaderijen. De toepassingen 
van LA als hars, weekmaker, in textiel, in diervoeders, als coating en als an-
tivries zijn reeds lang bekend. Recentelijk zijn nieuwe toepassingen aan deze 
lijst toegevoegd en LA is voorgesteld als oplosmiddel, als smaakstof en als uit-
gangsmateriaal voor de fabricage van diverse chemicaliën en farmaceutische 
halffabricaten. De aanwezigheid van zowel een keton als een carbonzuur in een 
molecuul LA zorgt voor een hoge reactiviteit en interessante mogelijkheden voor 
modificaties. Van bijzonder belang is de hydrogenatie van LA, wat interessante 
chemicaliën oplevert zoals y-valerolacton (GVL), pentaanzuur, 1,4-pentanediol 
en methyl tetrahydrofuran. GVL wordt gezien als een van de meest interessante 
LA derivaten door zijn aantrekkelijke eigenschappen. GVL is hernieuwbaar, 
gemakkelijk en veilig op te slaan en te transporteren, het heeft een laag smelt-
punt (-31°C), een hoog kookpunt (207°C) en open cup flash point (96°C) en het is 
mengbaar met water. Al deze eigenschappen maken van GVL een ideale duur-
zame vloeistof. GVL kan echter ook omgezet worden in interessante afgeleiden 
door middel van katalytische technologieën.

GVL wordt gewoonlijk gemaakt van LA door hydrogenatie. Deze reactie is 
onderzocht sinds de jaren 30 en een breed scala aan katalysatoren is onder-
zocht, zowel homogene als heterogene. Echter, de focus is voornamelijk gericht 
geweest op exploratieve katalytische vergelijkingsstudies, vooral in batch op-
stellingen, en meer toegepaste studies zijn zo goed als afwezig.

Het belangrijkste doel van deze thesis is om de kloof te overbruggen tussen 
fundamentele studies op moleculair niveau en het onderzoek dat nodig is voor 
een efficiënt reactor- en procesontwerp voor de synthese van GVL. Het grootste 
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deel van de studies zijn uitgevoerd in water, een voorbeeld van een milieuvrien-
delijk oplosmiddel, wat een bijzonder goed oplosmiddel voor LA hydrogenatie 
is gebleken in combinatie met ruthenium (Ru), de referentie katalysator voor LA 
hydrogenatie.

In Hoofdstuk 2 wordt een systematische experimentele studie naar de kat-
alytische hydrogenatie van LA beschreven. Een aantal mono en bimetallische 
Ru katalysatoren (1 wt.% Ru) op verschillende dragers zijn gebruikt in water in 
een batch opstelling (90°C, 45 bar H

2
, 2wt.% katalysator op LA). Acht monome-

tallische katalysatoren zijn getest op koolstof- (C, CNT) of anorganische dragers 
(Al

2
O

3
, TiO

2
, ZrO

2
, SiO

2
, Nb

2
O

5
 en Beta-12.5). Bij alle katalysatoren waren GVL en 

4-hydroxy pentaanzuur (4-HPA) de voornaamste producten en producten van 
over-hydrogenatie zijn niet gevonden. Het beste resultaat werd behaald met 
Ru/Beta-12.5 dat na 2 uur reactie een bijna kwantitatieve LA conversie (94%) gaf 
en een 66% opbrengst aan GVL, de rest is 4-HPA. Zie Figuur 6.1 voor de details. 
Daarnaast werden ook veelbelovende resultaten behaald met Ru/TiO

2
, welke 

een LA conversie van 93% gaf met een opbrengst van 85% GVL en 14% 4-HPA. 
De activiteit van een bimetallische RuPd/TiO

2
 katalysator was veel lager dan die 

van de monometallische Ru katalysator (9% conversie na 2 uur).

Figuur 6.1 Conversie van LA en opbrengst van GVL en 4-HPA na 2 uur reactie tijd. Rectie om-

standigheden: 90°C, 45 bar H2, CLA, 0 = 0.6-0.7 mol/L, mcat = 0.06 gr., roersnelheid = 2000 rpm.

De activiteit van de katalysator is sterk afhankelijk van de drager en de hoog-
ste activiteit (TOF tot 2.4 mol

LA
/mol

Ru
·s) werd gevonden bij Ru-Beta-12.5. Rel-

evante eigenschappen van de katalysatoren werden bepaald (de gemiddelde 
grootte van de Ru nanodeeltjes, BET oppervlakte, de oppervlakte van de micro-
poriën en de totale zuurgraad) en werden gebruikt om verbanden tussen de acti-
viteit van de katalysatoren en hun eigenschappen vast te stellen. Het is gebleken 
dat voor Ru/C, Ru/Al

2
O

3
 en Ru/TiO

2
 de TOF waarden in principe onafhankelijk 

waren van de katalysator eigenschappen. Dit geeft aan dat de reactie niet beïn-
vloed wordt door de structuur van de drager. De Ru-Beta-12.5 katalysator is een 
duidelijke uitzondering en de TOF van deze katalysator is veel hoger (met een 
factor 5) dan die van de anderen (Figuur 6.2). Dit geeft aan dat het gebruik van 
zeer zure, hoog poreuze dragers tot dramatische veranderingen in de interactie 
tussen de drager en de Ru-nanodeeltjes leidt en een (positief) effect heeft op de 
activiteit. De exacte reden voor de hoge activiteit van de Ru-Beta-12.5 moet nog 
worden bepaald, bijvoorbeeld door een experimentele studie naar de hydroge-
natie van LA met een grotere serie van op zeolieten gebaseerde Ru katalysatoren 
met verschillende zuurgraden en andere structurele eigenschappen.

Figuur 6.2 De relatie tussen de TOF en specifieke oppervlakte (links) en de oppervlakte van 

de micro poriën (rechts).

In Hoofdstuk 3 is een gedetailleerde studie naar de effecten van katalysa-
tor synthese parameters (de Ru-bron, calcinatie en/of reductie condities) op de 
prestaties van Ru/TiO

2
 (anatase) katalysatoren uitgevoerd. De werking van de 

katalysator is bestudeerd in een batch reactor met 45 bar waterstofdruk, met 
water (90°C) of dioxane (150°C) als oplosmiddel. Opmerkelijke verschillen in de 
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Figuur 6.3 Het effect van de hoeveelheid waterstof in het reduceergas op de diameter van 

de Ru deeltjes voor Ru/TiO2 katalysator geprepareerd vanuit RuCl3 precursor met en zonder 

calcinatie stap. 

activiteit van de katalysatoren werden waargenomen voor de drie verschillende 
uitgangsmaterialen (RuCl

3
, RuNO(NO)

3
 en Ru(NH

3
)

6
Cl

3
) met de trend in activiteit 

gelijk in beide oplosmiddelen. De katalysator gemaakt vanuit RuCl
3
 is de meest 

actieve in beide gevallen. Aanzienlijk lagere LA conversies werden waarge-
nomen na 4 uur voor RuNO(NO)

3
 en Ru(NH

3
)

6
Cl

3
). In alle gevallen was GVL het 

belangrijkste product, zoals verwacht, met kleine hoeveelheden van het tussen-
product 4-HPA wanneer de reactie in water uitgevoerd werd. De concentratie 
waterstof tijdens het reduceren van de katalysator heeft een groot effect op de 
activiteit. De orde van activiteit is hetzelfde voor beide oplosmiddelen en de 
beste resultaten werden verkregen met de katalysator gereduceerd met 10 vol.% 
H

2
. De TEM resultaten laten dezelfde deeltjesgrootte van ongeveer 2.2 nm. zien 

voor de reductie met 10 en 50 vol.% H
2
, terwijl 100 vol.% H

2
 tot samenklonter-

ing leidt en een gemiddelde deeltjesgrootte van 8.4 nm. (Figuur 6.3)
Een negatief effect van een tussentijdse calcinering stap tijdens de preparatie 

van de katalysator op de katalytische activiteit in water voor de katalysatoren 
gemaakt met de RuCl

3
 precursors werd gevonden (Figuur 6.4). De activiteit van 

de gecalcineerde katalysatoren was in alle gevallen lager dan die van de niet ge-
calcineerde. De conclusie kan dus getrokken worden dat een tussentijdse cal-
cinerings stap een duidelijk negatief effect heeft op de werking van de Ru/TiO

2
 

katalysatoren. Een mogelijke verklaring is een toename in de gemiddelde afmet-
ingen van de Ru nanodeeltjes wanneer een tussentijdse calcinerings stap 

Figuur 6.4 Effect van de samenstelling van het reductie gas en het gebruik van een tussen-

tijdse calcinerings stap op de initiële reactiesnelheid voor de katalytische hydrogenatie van 

LA in water voor verschillende Ru/TiO2 katalysatoren (gemaakt met RuCl3) onder standard 

reactiecondities.

Figuur 6.5 Initiële reactie snelheid en TOF voor LA hydrogenatie in water vs. de gemiddelde 

grootte van Ru nanodeeltjes voor de Ru/TiO2 katalysator gemaakt in deze studie volgens 

TEM.

is toegevoegd aan het synthese protocol. Dit is inderdaad waar gebleken. Zie 
Figuur 6.3 voor details.

Onderzoek naar de eigenschappen van de katalysatoren toonde aan dat de 
verschillende manieren van preparatie katalysatoren opleveren met Ru deeltjes 
die verschillen in gemiddelde grootte. Het was aangetoond dat de katalysator ac-
tiviteit (TOF en initiële snelheid) in zowel water als dioxane sterkt gecorreleerd 
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Figuur 6.6 Pariteitsdiagram met de conversie van LA na 4 uur reactie tijd in water en dioxane.

is met de gemiddelde Ru deeltjes grootte en een optimum in activiteit werd 
gevonden voor een gemiddelde deeltjesgrootte van 2-4 nm (Figuur 6.5).

Dit geeft aan dat de LA hydrogenatie in water afhankelijk is van de  structuur 
van de titania dragers. Het feit dat katalysatoren met vergelijkbare deeltjes-
grootte, maar gemaakt vanuit andere precursoren, verschillende TOF waarden 
laten zien suggereert dat additionele factoren dan deeltjesgrootte afhankelijke 
structuur gevoeligheid een rol moeten spelen. Een mogelijke factor is het ver-
schil in de hoeveelheden geladen en neutrale ruthenium soorten zoals gezien is 
bij geselecteerde monsters met XPS. Alles tezamen suggereert de data dat de af-
meting van de Ru nanodeeltjes zeer belangrijk is voor de katalytische activiteit 
en dat deze afhangt van de verschillende synthese protocollen.

Een vergelijking voor de omzetting van LA na 4 uur reactietijd in zowel water 
als dioxane in de vorm van een pariteitsdiagram is gegeven in Figuur 6.6. Een 
redelijke fit was verkregen, die laat zien dat de prestaties in water en dioxane een 
gelijke trend volgen. Het effect van de Ru-deeltjesgrootte verdeling op de kataly-
tische activiteit zoals gevonden in water lijkt ook geldig voor dioxane. Daarnaast 
suggereert het dat het moleculaire mechanisme voor de hydrogenatiereactie in 
beide oplosmiddelen gelijk is.

Een gedetailleerde kinetische studie naar de conversie van LA naar GVL met 
een benchmark Ru/C (3 wt.% Ru) katalysator is beschreven in Hoofdstuk 4. Reac-
tie condities zoals temperatuur, waterstofdruk en initiële LA concentratie werden 
in een systematische manier gevarieerd. Een groot aantal experimenten werd 
uitgevoerd in een temperatuur bereik van 70-130°C, een waterstofdrukbereik 

van 30-60 bar en initiële LA concentraties tussen de 300 en 2500 mol/m3. In alle 
experimenten is alleen 4-HPA gezien als tussenproduct. In sommige gevallen, 
met name bij lage temperaturen en lage initiële LA concentraties, laat de hoev-
eelheid 4-HPA een duidelijk optimum zien, zie Figuur 6.7 (rechts) voor details. 
Deze waarnemingen indiceren dat de conversie van LA naar GVL uit twee opeen-
volgende reacties bestaat. De hydrogenatie van LA tot 4-HPA gevolgd door intra 
moleculaire esterificatie van 4-HPA naar GVL (Schema 6.1).

Uit de ontwikkeling van een kinetisch model kwam naar voren dat voor-
namelijk diffusielimitatie van zowel LA als waterstof binnen de deeltjes de to-
tale reactiesnelheid beïnvloed. Hierom werd een heterogeen model ontwikkeld 
dat zowel de diffusie- als de reactiesnelheden meenam. De intrinsieke kinetiek 
van de hydrogenatie reacties van LA naar 4-HPA was succesvol gemodelleerd 
met Langmuir-Hinshelwoord expressies met competitieve adsorptie van LA en 
GVL op het oppervlak van de katalysator. De opvolgende intra-moleculaire es-
terificatie van het hydrogenatieproduct 4-HPA naar GVL was gemodelleerd als 
een homogene, zuur gekatalyseerde, evenwichtsreactie. Goede overeenkomsten 
tussen experimentele tijd-concentratie profielen en het model zijn verkregen 
(Figuur 6.7).

Schema 6.1 Voorgesteld en gemodelleerd reactie netwerk voor de hydrogenatie van LA naar GVL.

Figuur 6.7 Experimentele en model data voor twee geselecteerde experimenten (links, run 7, 

90°C, 45 bar, rechts: run 11, 90°C, 45 bar)
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De kinetische parameters verkregen van het heterogene model zijn verge-
leken met die van een model waar de afwezigheid van diffusielimitatie werd 
verondersteld. Het belangrijkste verschil tussen de beide modellen is de activer-
ingsenergie voor de hydrogenatie reactie, welke veel lager was voor het model 
zonder diffusie limitatie. Het modelleer werk laat zien dat de hydrogenatie van 
LA met waterstof in water met Ru/C een snelle reactie is, voor welke diffusielim-
itatie en dan met name limitatie binnen de deeltjes voor zowel LA en waterstof 
een belangrijke rol speelt, zelfs met de in deze studie gebruikte relatief kleine 
deeltjesgrootte (dp = 60×10-6 m) en de lage katalysator hold-up. 

Experimentele data van LA hydrogenatie in water met gedragen Ru katalysa-
toren moet zorgvuldig bekeken worden omdat de gerapporteerde conversiesnel-
heden mogelijk beïnvloed worden door diffusielimitatie binnen de deeltjes. 
Het kinetische model dat hier ontwikkeld is kan gebruikt worden voor verdere 
reactie engineering studies en in het bijzonder voor de selectie van de meeste 
geschikte reactor configuratie (bijv. gepakte bedden versus slurry reactoren) en 
schaal.

In Hoofdstuk 5 is een experimentele studie naar de katalytische hydro-
genatie van LA naar GVL in een continue gepakt bed reactor beschreven. Ru 
katalysatoren op verschillende dragers (C, γ-Al

2
O

3
, TiO

2
) met deeltjesgrootte 

in de orde van millimeters zijn onderzocht in water (90°C, 45 bar waterstof, 
WHSV = 30 g

feed
/g

cat
·h, 2 gram katalysator)

Bij millimeter katalysator deeltjes speelt massatransportlimitatie binnen de 
deeltjes voor zowel LA als waterstof een belangrijke rol. Dit is bewezen door 
berekeningen en experimentele studies (Figuur 6.8). Doordat de experimentele 
data sterk wordt beïnvloed door massatransportlimitatie, is het moeilijk om 
conclusies te trekken aangaande de intrinsieke activiteit en stabiliteit van de 
katalysator.

Van alle onderzochte ruthenium katalysatoren had Ru/C de hoogste activi-
teit (LA conversie tussen 92 en 98%) en GVL opbrengst voor 6 uur in operatie 
met verwaarloosbare deactivatie. Ru/Al

2
O

3
 is minder actief gevonden (26-31% 

conversie) en de stabiliteit was ook aanzienlijk minder door de reactiviteit van 
de drager. Ru/TiO

2
 was aanzienlijk minder reactief (26% LA conversie) maar de 

stabiliteit was beter dan die van de op alumina gebaseerde tegenhanger.
Lange duur experimenten (52 uur) voor de Ru/C (0.5 wt.% Ru) katalysator 

lieten een kleine maar duidelijke afname in de werking van de katalysator zien 
(van 95 naar 82% LA conversie). Dit is te zien in Figuur 6.9. Deze deactivatie is 
voornamelijk veroorzaakt door het verlies van actief katalysator oppervlak (BET 
van 1100 m2/g naar 390 m2/g). Dit is waarschijnlijk veroorzaakt door afzetting 

Figuur 6.8 Het effect van de begin concentratie LA op de gemiddelde LA conversie over 6 uur 

voor twee Ru/C katalysatoren met de uitersten aan katalysator belading. 

Figuur 6.9 Reactie profiel voor een continue LA hydrogenatie experiment met Ru/C (0.5 wt.% 

Ru) katalysator.

van coke en sintering van Ru (TEM-HAAFD). Het uitlogen van Ru (minder dan 
3%) lijkt minder belangrijk. Dit laatste is echter zeer belangrijk voor verdere op-
schaling omdat het verlies van kostbaar Ru metaal ongewenst is en een sterk 
negatief effect zal hebben op de techno-economische levensvatbaarheid van 
het proces. Verdere ontwikkeling van de katalysator is nodig om te zorgen dat 
er minder Ru uitloogt. Dit kan bijvoorbeeld door optimalisatie van de katalysa-
tor synthese procedure en de toevoeging van promotor. Daarnaast moeten strat-
egieën ontwikkeld worden voor het verwijderen van coke, bijvoorbeeld door 
(milde) oxidatie in lucht. Dit vereist gedetailleerde inzichten in de aard van de 
coke om oxidatie van de koolstofdrager in de regeneratie stap te vermijden. 
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Figuur 6.10 Conversie van LA met de katalysator zoals ontvangen en de pre-reduceerde Ru/C 

katalysator (0.5 wt.% Ru).

Figuur 6.11 Het effect van LA inlaat concentratie op de STY voor 6 uur experimenten met de 

Ru/C (0.5 wt.% Ru) katalysator.

De katalytische hydrogenatie zoals hierboven is beschreven werd  uitgevoerd 
met de katalysatoren ‘zoals ontvangen’, dat wil zeggen zonder deze voor de re-
actie te reduceren. Om het effect van een reductie stap met waterstof te onder-
zoeken is een experiment uitgevoerd met de Ru/C katalysator (0.5 wt.% Ru) 
waarbij de katalysator van te voren in de reactor werd gereduceerd bij 350°C 
voor 4 uur (250 ml/min gas stroom bestaande uit 10 vol.% H

2
 in 90 vol.% N

2
 

bij 20  bar). De resultaten van dit experimenten zijn weergegeven Figuur 6.10 
en laten zien dat de pre-activatie stap een negatief effect heeft op de werking 
van de katalysator. De LA conversie (gemiddelde waarde in de steady state) viel 

terug van 95% tot 75% na de activatie stap. De geobserveerde verminderde acti-
viteit na de reductie stap kan veroorzaakt worden door iets grotere afmetingen 
van de Ru-nanodeeltjes, wat was bewezen door TEM analyse. Deze toename kan 
 veroorzaakt worden door sintering van de Ru-nanodeeltjes tijdens de activatie 
stap. Echter, andere factoren kunnen ook een rol spelen, zoals verschillen in de 
mate van Ru-uitloging gedurende een experiment.

Het effect van de concentratie van de LA voeding was onderzocht in een 
 concentratiebereik van 0.1 - 11.2 mol/L met Ru/C (0.5 wt.% Ru) katalysator. 
Volledige LA omzetting is alleen mogelijk bij lage initiële LA concentraties 
(0.1 en 0.5 mol/L). De LA conversie daalt met toenemende LA concentraties 
tot minder dan 6% bij 11.2 mol/L (puur LA). De STY is tegen de begin concen-
tratie uitgezet in Figuur 6.11 en laat een optimum zien van LA concentratie van 
ongeveer 6 mol/L.

Hogere LA conversies met geconcentreerde LA voedingen werden bereikt 
door de reactiecondities af te stellen, zoals temperatuur (150 i.p.v. 90°C), 
 waterstof stroom (120 i.p.v. 30 ml/min) en de hoeveelheid katalysator (5 i.p.v. of 
2 gram). Met deze geoptimaliseerde reactieomstandigheden werd een gemiddel-
de conversie van 54% bereikt gedurende 6 uur in operatie.
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