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1. Fossil resources and possible alternatives

In the last century global energy consumption showed a rapid increase and ac-
tually doubled from 25.5 × 1010 Gigajoules in 1973 to 56.7 × 1010 Gigajoules in 
2013. The consumption is expected to increase further, potentially up to 34% 
between 2014 and 2035 [1,2]. Fossil fuels (81.4%) are the main source for en-
ergy, with a main share from petroleum (31%) [1]. Besides the energy sector, 
the chemical industry is also heavily dependent on petroleum. Over 90% (by 
tonnage) of all organic chemicals are derived from it [3]. Examples of base 
chemical produced from petroleum are ethylene, propylene, C4-olefines, and 
BTX (the aromatics benzene, toluene and xylene) [4]. 

However, the limited availability of fossil fuels is a major concern, and for 
instance by the end of 2014, the oil reserves were estimated to be depleted in 
about 52 year [5]. This grim picture is a major driving force for the development 
of alternative renewable resources. In addition, fossil fuels are the main source 
of Green House Gas (GHG) emissions, which are expected to have a major im-
pact on our global climate. The concentration of CO2 in the atmosphere has 
increased with 1.9 ppm per year in the period 1995 to 2005 [6]. It is predicted 
that the global average concentration of CO2 will increase rapidly from 379 ppm 
in 2005 till 730 - 1020 ppm in 2100 [6]. 

Renewable energy resources are available on large scale; examples are hy-
dropower, wind, solar, biomass, and geothermal energy (Figure 1.1) [7]. Of all 
renewable energy sources, solar energy for electricity generation has shown 
the highest growth rate in recent years [7]. Biomass is the only renewable re-
source that can provide green carbon for transportation fuels and chemicals [8]. 
Substitution of fossil fuels with biofuels will have a large positive effect on CO2 
emission, and in combination with CO2 capture and storage even carbon neg-
ative results can be obtained [9,10]. Replacement of 2% of the fossil fuels with 
biofuels is predicted to give a 1.8% reduction in CO2 emissions, while a 100% 
replacement will lead to a reduction of 90% [11].

Figure 1.1. Global energy consumption in 2013. Data from [7]
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Recently, the term bio-based economy has been introduced [12,13]. The term 
encapsulates a vision of a future society that no longer is wholly dependent on 
fossil fuels for energy and industrial raw materials and preferably uses renew-
able feedstocks like biomass. The European Commission published a document 
entitled “Strategy for a sustainable bio-economy to ensure smart green growth 
in Europe” in February 2012 promoting a more innovative, low-emission econ-
omy which reconciles demands for sustainable agriculture and fisheries, food 
security and the sustainable use of renewable biological resources for industrial 
purposes, while also ensuring biodiversity and environmental protection [14].

2. Biorefinery concepts

An important valorisation concept in the bio-based economy involves the use 
of biorefineries. According to the International Energy Agency (IEA) Bioenergy 
Task 42, biorefinering is the sustainable processing of biomass into a spectrum 
of marketable products and energy (Figure 1.2). This means that a biorefinery 

Figure 1.2. A biorefinery in action. 
Redrawn from [15].

Table 1.1. Typical biomass feedstocks for biorefineries including recycle times and productivities [16].

Feedstock Recycle time Biomass yielda 
tons/ha

Biomass production 
tons/(ha year)

Algae 1 month 9.0 11.25
Agricultural crops 3 month – 1 year 4.5 2.93
Temperate grasses 1 year 7.2 2.70
Savannah 1 year 18.0 4.05
Shrubs 1 – 5 years 27.0 3.15
Tropical forest 5 – 25 years 202.5 9.90
Tropical season forest 5 – 25 years 157.5 7.20
Boreal forest 25 – 80 years 90.0 3.60
Temperate deciduous 10 – 50 years 135.0 5.40
Temperate evergreen 10 – 80 years 157.5 5.85
Oil, gas and coal 280 million years (38.4 × 1027 J) (0)

aamount of biomass on a mass basis per unit surface area 
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can be a facility, a process, a plant, or even a cluster of facilities [15]. Individual 
conversion processes in biorefineries are biomass pretreatment, thermochemical 
conversions, chemical conversions, enzymatic conversions, and microbial con-
versions [8,15]. The biomass input in a biorefinery can be from dedicated crops, 
residues or wastes from industries and households, woody biomass, and aquatic 
biomass. Examples of typical biomass feeds are given in Table 1.1. The biomass 
is subsequently converted into both intermediates and final products (food, feed, 
materials, chemicals) which are marketable; and energy such as fuels, power, 
and heat [8,15].

3. Biofuels

Transportation fuels like gasoline and diesel are mostly derived from crude oil 
and as such the transportation sector is a major contributor to CO2 emissions 
(33.6% in 2013) [1]. It is predicted that the consumption of liquid fuels in the 
transportation sector will increase by an average of 1.1% per year [17]. The lim-
ited oil reserves [5] and environmental issues [6] have been a global driver to 
develop biofuels. 

Plant derived biomass is an important source for biofuels Commercially 
available biofuels (bioethanol and biodiesel) are produced from edible agricul-
tural crops, such as cereals, sugar crops, and oil seeds. These biofuels are gen-
erally referred to as first generation biofuels [18,19]. The main first generation 
biofuel is bioethanol, of which about 80% is produced from sugarcane and corn. 
For biodiesel production, edible vegetable oils, such as sunflower and palm oil, 
are used [19]. First generation biofuels are currently produced commercially in 
large scale facilities.

However, first generation biofuels compete with the food sector for 
input [19,20]. This has spurred the development of the use of non-edible feed-
stock for biofuel production. Particularly ligno-cellulosic biomass, including ag-
ricultural by-products and waste, and non-edible plant oils have attracted large 
attention [20]. Biofuels derived from these feedstocks are designated as second 
generation biofuels [19]. Technologies for the production of second generation 
biofuels are typically more complex than for first generation biofuels. For in-
stance, for the production of second generation bioethanol from woody biomass 
an additional saccharification steps is required [19,20]. In Figure 1.3 some rele-
vant examples of first and second generation biofuels including the major pro-
cessing steps are provided.

Alternative biomass feedstocks for biofuel production are receiving large at-
tention at the moment, and a well-known example is the use of algae [19,21]. 
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Biofuels produced from algae are termed third generation biofuels (Figure 1.4). 
In the case metabolic engineering is applied to the algae to improve produc-
tivity, the biofuels derived thereof are known as fourth generation biofuels [19]. 

Figure 1.3. Examples of first and second generation biofuels. Reproduced from [19] with permission.

Figure 1.4. Third and fourth generation biofuels. Reproduced from [19] with permission.
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However, commercial units using algae as biomass input have not been realised 
yet and significant technological advances are required to reduce production 
cost [21]. 

4. Use of plant oils for biofuel production

The direct use of plant oils in combustion engines or blending with diesel fuel 
has been investigated since 1900 onwards [22]. However, the direct use of plant 
oils has some major drawbacks which are related to the intrinsic properties 
of the plant oils. Examples are a high viscosity, low volatility, in some cases a 
relatively high free fatty acid content (FFA), and the presence of carbon de-
posits [23,24]. Upgrading of the plant oils has been proposed to improve the 
product properties. Examples include pyrolysis, micro-emulsification, catalytic 
hydrotreatment and transesterification. These methods will be discussed in the 
next sections. The main focus will be on biodiesel production by transesterifica-
tion, as this is the technology investigated in detail in this thesis.

4.1. Pyrolysis 

Pyrolysis is an example of a thermochemical conversion technology and in-
volves heating the biomass (here plant oil) to elevated temperatures (400-600°C) 
in the absence of air, possibly in combination with catalysts [25]. Pyrolysis can 
be applied to plant oils, animal fats, natural fatty acids or methyl esters of fatty 
acids [22,26]. Pyrolysis leads to biofuels with higher cetane numbers, lower vis-
cosities and lower water contents than the original plant oil. However, the ash 
content and carbon residue can be high and in some cases the pour points are 
also not on-spec [23].

Thermal pyrolysis is mostly conducted at temperatures between 300 – 500°C 
and involves conversion of the triglycerides to acrolein, fatty acids, and ketenes. 
These are typically not stable at reaction conditions and undergo subsequent 
reactions to final products (Figure 1.5) [26]. Catalytic pyrolysis may also be 
applied and is typically involves the use of acidic zeolites. The triglycerides are 
cracked to hydrocarbons and fatty acids on the surface of the catalysts. These 
products are then converted into light alkenes and alkanes, water, carbon diox-
ide, and carbon monoxide. Highly aromatic, gasoline-type final products have 
been obtained when using catalytic pyrolysis technology [26]. 
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4.2. Microemulsification

Microemulsification is a method to reduce the viscosity of plant oils. It involves 
mixing of low molecular weight alcohols with a biodiesel-diesel mixture using 

Figure 1.5. Thermal decomposition of triglycerides, reproduced from [26] with permission

Figure 1.6. Main reaction path-
way of plant oil catalytic hydro-
treatment according to [29].
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surfactants for stabilization. The resulting micelles are small (10 – 100 nm) re-
sulting in isotropic micro-emulsified fuels [27]. Fuels obtained by microemul-
sification do not require modification of the diesel engine [28] though a major 
drawback is the use of expensive surfactants. 

4.3. Catalytic hydrotreatment

Plant oils can be transformed into liquid alkanes using hydrogen at high pres-
sures and moderate temperatures in the presence of supported metal catalysts, a 
process commonly referred to as hydrotreating [29]. The paraffinic products are 
suitable to be used as diesel and jet fuel and termed Hydrotreated Vegetable Oils 
(HVOs) [29,30]. The main reaction pathways are depicted in Figure 1.6. [29].

Catalytic hydrotreatment has been applied to various plant oils, such as rape 
seed oil [31], palm oil [31,32], Jatropha oil [31,33], sunflower oil [34], and cot-
ton seed oil [35]. Pilot plant scale hydroprocessing has been done for palm oil 
and resulted in a highly paraffinic renewable diesel with an excellent cetane 
index [32]. Application of HVOs in compression ignition (CI) engines was 
shown to lead to a reduction in NOx, PM, HC and CO emissions [30]. HVO 
production has been commercialised by Neste Corporation (Finland) [17].

4.4. Biodiesel

The most important biofuel derived from plant oils is biodiesel. A biodiesel is 
defined as “a mixture of mono-alkyl esters of a long chain fatty acids derived 
from vegetable oils or animal fats which conform to ASTM D6751 specifica-
tions for use in diesel engines”. Biodiesel can be used in common diesel engines 
without major modification, is biodegradable, produces less GHG emissions 
than diesel, has a low toxicity, and comparable performance compared to diesel 
fuel [25,36–40]. It was reported that the use of biodiesel leads to improved com-
bustion performance, resulting in lower hydrocarbon, carbon monoxide and 
smoke emissions compared to fossil diesel [37]. On the other hand, NOx and 
CO2 emissions are higher (12 and 14%, respectively), even though the total net 
CO2 emission to the environment is small when considering the complete life 
cycle. Employment of post treatment exhaust gas cleaning was used to reduce 
the NOx emissions [25,37].

Biodiesel is produced by transesterification, a reaction of a triglyceride with 
methanol (though other alcohols may also be used) in the presence of a cata-
lyst to produce esters with glycerol as the by-product (Figure 1.7). Methyl esters 
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are commonly produced, though ethanol has some advantages (higher reaction 
rates than methanol and easily obtained from renewable resources) [41]. 

The transesterification reaction can be catalysed by acids, bases, or enzymes; 
either in homogenous or heterogeneous form. Inorganic bases are commonly 
used in biodiesel production units due to their low cost and high reactivity at low 
temperatures. Well known examples are sodium and potassium hydroxide [42]. 
Recently, enzymes have been introduced for biodiesel synthesis and shown to 

Figure 1.7. Transesterification of triglycerides

Table 1.2. Biodiesel feedstocks [25]

Country Feedstock

USA Soybeans/waste oil/peanut

Canada Rapeseed/animal fat/soybeans/yellow grease and tallow/mustard/flax

Mexico Animal fat/waste oil

Germany Rapeseed

Italy Rapeseed/sunflower

France Rapeseed/sunflower

Spain Linseed oil/sunflower

Greece Cottonseed

UK Rapeseed/waste cooking oil

Sweden Rapeseed

Ireland Frying oil/animal fats

India Jatropha/Pongamia pinnata (karanja)/soybean/rapeseed/sunflower/peanut

Malaysia Palm oil

Indonesia Palm oil/coconut

Singapore Palm oil

Philippines Coconut/Jatropha

Thailand Palm/Jatropha/coconut

China Jatropha/waste cooking oil/rapeseed

Brazil Soybeans/palm oil/castor/cotton oil

Argentina Soybeans

Japan Waste cooking oil

New Zealand Waste cooking oil/tallow
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have some major advantages compared to acids and bases. These include a bet-
ter compatibility with variations in feedstock quality, good possibilities for reuse, 
tolerance for feeds with high FFA contents and the possibility to reduce the 
number of unit operations due to a less complicated product work-up (no neu-
tralisation step required) [42,43]. On the other hand, low reaction rates, high 
cost, and loss of activity after repeated usage are disadvantages of enzymes [43]. 

The oil feeds can be divided into four categories: (1) edible vegetable oils 
(soybeans, palm oil, sunflower, safflower, rapeseed, coconut, and peanut), (2) 
non-edible vegetable oils (Jatropha, karanja, sea mango, algae, and halophytes), 
(3) waste or recycled oils, and (4) animal fats (tallow, yellow grease, chicken fat, 
and fish oil by-products). Edible vegetable oils are typically used as feedstock 
(Table 1.2), and considered as first generation biodiesel [25]. However, the use 
of edible oils for biodiesel production is in competition with the food sector. As 
such, biodiesel from non-edible oils and waste oils, considered as second gener-
ation biodiesel, is gaining high attention at the moment [23].

Global biodiesel production in 2014 reached 27.9 bln L and is estimated 
to increase with 2.1% per year to 38.6 bln L in 2024 (Figure 1.8). Most of the 
biodiesel is produced in EU countries [44]. The highest increase in biodiesel 
production is estimated for Indonesia, followed by EU countries and Brazil. 
Although non-EU countries have potential feedstock for second generation 
biodiesel (Table 1.2), the production technology has not been implemented on 
large scale [25]. 

Figure 1.8. Global biodiesel production in 2014 and estimated values for 2024 [44].
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4.5. Biodiesel technology 

Batch reactors are commonly used in the biodiesel industry. Most of the larger 
plants, with production capacities more than 4 million litres per year, use con-
tinuous stirred-tank reactors (CSTR), or plug flow reactors [45]. A schematic 
representation of a typical biodiesel production unit using a base catalyst is pre-
sented in Figure 1.9.

Several challenges have been identified regarding biodiesel production. For 
instance, mass transfer limitations between the immiscible oil and alcohol phase 
are known to reduce the overall reaction rates. In addition transesterification is 
an equilibrium reaction which limits the conversion [46]. In order to overcome 
these problems, long reaction times, high alcohol to oil ratios and high catalyst 
concentrations are used. However, this results in high operating costs and en-
ergy consumption, for instance to purify/neutralise the biodiesel and to recover 
the excess of alcohol and catalyst. Significant amounts of waste water are also 
produced in the downstream processing units [46].  

4.6. New developments in biodiesel technology

Process intensification in both the reactor and work-up section has been proposed 
to reduce the manufacturing costs of biodiesel. Examples of intensified technolo-
gies are the use of either novel reactor configurations (static mixers, micro- channel 

Figure 1.9. Overview of a typical alkali catalysed biodiesel process, redrawn from [45].
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reactors, oscillatory flow reactors, cavitational reactors, rotating/spinning tube re-
actors, microwave reactors) or combination of reaction and separation processes 
(membrane reactors, reactive distillation, centrifugal contactors) [46]. Process in-
tensified devices combining reaction and separation are discussed in detail in the 
following sections.

4.6.1. Membrane reactors

Membrane processes involve the use of selective membranes for separation by 
differences in mass transfer rates of components in the membrane [47]. The idea 
of combining membrane separation processes and reaction in a single device 
has attracted substantial interest since the early 90’s as it may lead to substantial 
reductions in capital and processing costs. When combined with a catalytic re-
action, a higher selectivity and yield can be obtained by shifting chemical equi-
librium compositions due to the continuous extraction of products [48]. Two 
basic layouts of membrane reactors are depicted in Figure 1.10.

Membrane reactors are considered attractive for use in the biodiesel indus-
try. It was reported that the use of these reactors allow for separation of the 
glycerol and excess alcohol [49,50], along with unreacted oil [51] from the fatty 
acid alkyl ester (FAAE) product. The recovered alcohol can be recycled into the 
reaction leading to lower alcohol usage [52].

4.6.2. Reactive distillation

Reactive distillation, or catalytic distillation, is a combination of reaction and 
distillation in a single distillation column. The catalytic process can involve both 
homogenous and heterogeneous catalysts [53]. The technology has attracted 

Figure 1.10. Basic layout of 
a conventional (A) and inte-
grated (B) membrane reac-
tor [47].
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high attention because conversion limitations due to equilibrium constraints 
can be overcome by continuous in situ removal of the product [46].

He et al. introduced a novel continuous reactor using the reactive distilla-
tion principle to produce biodiesel from canola oil and methanol. Several ad-
vantages were reported compared to conventional operation, viz. a reduction 
of the methanol usage with 66% and considerably higher reaction times [54]. 
The reactor concept was optimized and biodiesel yields up to 98.9% were re-
ported [55]. The successful application of reactive distillation to produce bio-
diesel from other plant oils such as soybean oil [56] and derivatives (oleic acid) 
has also been reported [57]. 

Poddar et al. performed a techno-economic analysis of biodiesel production 
using reactive distillation and found that production costs and capital expen-
diture using heterogeneous catalysts were lower than when using homogenous 
catalysts. This study also showed that the manufacturing cost of the product was 
slightly higher than the current biodiesel price [58].

4.6.3. Centrifugal contactor separators

A centrifugal contactor separator (CCCS) is a device that combines mixing and 
separation for liquid-liquid extractions in a continuous mode. It consists of a 
cylindrical rotor in a static outer house. The rotor is hollow and acts as a cen-
trifuge. The outer annular zone may be considered as the mixing zone, whereas 
the centrifuge is used for liquid-liquid separation (Figure 1.11) [59,60]. 

A number of studies have been performed to use the device for transesterifi-
cation reactions of plant oils. For instance, Kraai et al. [61] explored the effects 

Figure 1.11. Schematic representation of a centrifugal contactor separator, redrawn from [61].
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of process parameters (catalyst loading, temperature, rotational frequency, and 
flow rates) for biodiesel production from sunflower oil and methanol using a 
base catalyst. At optimized conditions, a reproducible 96% biodiesel yield was 
obtained. In addition, it was shown that the volumetric productivity was slightly 
higher than for conventional batch processes (61 kgFAMEm-3liquidmin-1). Abduh et 
al. [62] studied the transesterification of Jatropha oil with ethanol in the CCCS 
device and 98% product yield at a productivity of 112 kgFAEEm-3liquidmin-1 were 
obtained at optimized conditions.

The CCCS device can be easily coupled to other reactors in a cascade config-
uration to allow for high product yields and productivities in combination with 
in situ phase separation. For instance, a cascade of two CCCS reactors was used 
in an optimisation study for biodiesel synthesis from sunflower oil and metha-
nol by Abduh et al. [63]. The first CCCS acted as the reactor and product sep-
arator, while the second CCCS was used to purify/work-up the crude biodiesel. 
The FAME yield at optimized conditions was 94%. In a subsequent study, Abduh 
et al. [64] combined the CCCS for reaction and product separation followed by 
a conventional work-up section (washing unit and drying column, Figure 1.12) 
for sunflower oil methanolysis. The FAME yield was 98% which is higher than 
reported for their previous study using a cascade of two CCCS devices [63]. 
Refined products from both process options met the ASTM specifications. 

Centrifugal contactor reactors are compact in size, robust, and flexible in op-
eration. These, in combination with high volumetric productivities, make them 
very attractive devices to be used in mobile biodiesel production units [61–64]. 
The units can be deployed in rural areas, especially in developing countries, to 
produce biodiesel to fulfil local energy demands.

Figure 1.12. Schematic representation of a continuous biodiesel bench scale unit using a cascade of a 
CCCS and a conventional work-up section. Reproduced from [64] with permission.
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5. Enzymatic biodiesel synthesis

Inorganic acids and bases are typically used as catalysts in the biodiesel industry. 
Among them, alkaline catalysts are preferred because they are cheap and lead 
to high reaction rates. For instance, the alkaline-catalysed transesterification re-
action rates are nearly 4000 times faster than when using inorganic acids [65]. 
However, several disadvantages have been identified when using alkaline cat-
alysts. Homogenous alkaline catalysts are known to lead to saponification of 
FFAs, generating emulsions which are difficult to break and which lead to seri-
ous issues in downstream processing. Heterogeneous alkaline catalysts still suf-
fer from saponification, are prone to catalyst leaching, and are prepared using 
tedious preparation routes [66].

Enzymes can also be used to convert plant oils into biodiesel [66]. The use of 
enzymes can overcome some of the disadvantages of conventional chemical cat-
alysts. Enzymatic conversions give a higher product purity, require less energy 
input and enable the use of a wider range of feedstocks including FFAs [66,67]. 
On the other hand, enzymes are sensitive to alcohols and (partial) deactivation 
of lipases in methanol and ethanol results in lower product yields [66,67]. In 
general, enzymes are more expensive than base catalysts [66,67].

5.1. Properties of lipases

Lipases (EC 3.1.1.3) are carboxylesterases that catalyse the hydrolysis of, among 
others, triglycerides. They are produced by all living organisms, the molecular 
sizes of lipases range from 19 to 60 kDa and they show a characteristic folding 
pattern known as the α/β-hydrolase fold. Lipases are active in a pH range be-
tween 7.5 and 9, and a temperature range of 35 - 50°C for mesophilic lipases and 
between 60 – 80°C for thermophilic lipases [67,68]. 

An overview of typical reactions catalysed by lipases is given in Figure 1.13 [69]. 
Lipases not only catalyse transesterifications, but also effectively esterify fatty acids. 
This is a major advantage over conventional base catalysts as lipases tolerate sub-
stantially higher amounts of FFAs in the feed [69].

Lipase catalysed reactions typically occur at the lipid-water interface. The hy-
drophobic active site of the enzyme is covered by a peptide lid which will be 
open when exposed to hydrophobic substrates [68].

Plant lipases have been obtained from a wide range of sources, such as pa-
paya latex, rapeseed, oat, and castor seeds; animal lipases can be obtained from 
the pancreas of sheep, hogs, and pigs [70]. Many microorganisms produce li-
pases (Table 1.3). The synthesis of lipases from bacteria is well established, 
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Figure 1.13. Reactions cata-
lysed by lipases

Table 1.3. Lipase-producing microorganisms [67]

Bacteria Filamentous fungi Yeast

Achromobacter lipolyticum
Acinetobacter radioresistens
 A. calcoaceticus
A. pseudoalcaligenes 
Aeromonas hydrophila 
Archaeglobus fulgidus 
Bacillus acidocaldarius 
B. megaterium 
B. pumilus 
Bacillus sp.
B. stearothermophilus 
B. subtilis
B. thermocatenulatus 
B. thermoleovorans 
Burkholderia glumae
Chromobacterium viscosum
 Enterococcus faecalis
Micrococcus freudenreichii 
Moraxella sp.
Mycobacterium chelonae
Pasteurella multocida 
Propionibacterium acnes
P. avidium
P. granulosum 

Proteus vulgaris
Pseudomonas aeruginosa 
P. cepacia
P. fragi
P.mendocina
P. nitroreducens var. ther-
motolerans
Pseudomonas sp.
Psychrobacter immobilis 
Serratia marcescens 
Staphylococcus aureus
S. canosus 
S. epidermidis 
S. haemolyticus 
S. hyicus 
S. warneri 
S. xylosus 
Sulfolobus acidocaldarius 
Vibrio chloreae
Pseudomonas alcaligens 
P. putida
Chromobacterium visosum 
Statphylococcus stolonifera

Alternaria brassicicola
Aspergillus fumigates 
A. japonicas 
A. nidulans 
Candida antarctica 
Mucor miehei
Penicilliumcyclopium 
Rhizomucor miehei 
Rhizopus arrhizus 
R. chinensis
R. microsporous 
R. niveus 
R. nodosus 
R. oryzae
Streptomyces cinna-
momeus S. exfoliates 
S. fradiae 
Streptomyces sp. 
Aspergillus niger
Thermomyces lanuginous
Fusarium heterosporum 
Humicola lanuginose 
Oospora lactis 

Candida deformans 
C. parapsilosis 
C. rugosa
C. quercitrusa
Pichia burtonii 
P. sivicola 
P. xylosa
Saccharomyces lipolytica 
Geotrichum candidum
Yarrowia lipolytica NRRL 
YB-423
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though fungal lipases are easier to produce and handle. Among the fungi de-
rived lipases, Candida and Rhizomucor have been commercialized [67] such as 
Lipozyme® CALB and Palatase® produced by Novozymes Corp., Denmark.

5.2. Biodiesel synthesis using soluble lipases

Batch reactors are considered as the most suitable reactor for biodiesel produc-
tion using soluble lipases (also known as liquid enzyme formulations), however 
some authors described the use of continuous reactors. In the following, the use 
of both reactor configurations will be discussed.

5.2.1. Biodiesel synthesis using soluble lipases in batch reactors

Biodiesel synthesis using soluble lipases in batch reactors has been reported, 
though recovery and recycle of the enzyme is not covered in great detail [71,72]. 
Scale-up studies have been reported by several research groups using a CalleraTM 
Trans L lipase (Novozyme) [73,74] and Eversa Transform lipase (Novozyme) 
liquid formulation [75]. Price et al. [73] performed a modelling study on bio-
diesel production using a liquid lipase formulation in a batch reactor. A simu-
lated biodiesel yield of 90.8 wt% was reported at optimum parameters for the 
model. Another study [74] involved modelling of various feeding strategies in 
fed-batch biodiesel production units using liquid lipase formulations and re-
ported a 37% increase in reactor productivity compared to a conventional batch 
reactor. Nielsen et al. [75] investigated a novel process configuration involving 
a combination of enzymatic biodiesel production in batch using a liquid lipase 
formulation followed by a saponification step to reduce the FFA content to val-
ues less than 0.25%. A biodiesel yield of up to 97% was reported.

5.2.2. Biodiesel synthesis using soluble lipases in continuous reactors

Enzymatic biodiesel production in continuous reactors is considered more 
economical than in batch reactors [76]. However, most studies in continuous 
set-ups focussed on immobilized lipases and literature reports on the use of 
soluble lipase formulations for biodiesel production in continuous reactors are 
scarce. Price et al. [77] studied enzymatic biodiesel production in a continu-
ous mode using a liquid CalleraTM Trans L lipase formulation (Novozyme) [74]. 
Based on the results, it was predicted that a cascade of 5 continuous stirred 
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tank reactors (CSTRs) with a total residence time of 30  hours was required 
to obtain a biodiesel yield of 95.6 wt%. A pilot plant study on the continu-
ous biodiesel production using NS-40116 (a liquid formulation of a modified 
Thermomyces lanuginosus lipase) was reported involving a cascade of 4 CSTRs 
(total volume 16 m3) [78]. The plant output was optimized to reach up to 
852 ton product per year.

5.3. Biodiesel production using immobilized lipases

One way to overcome the high costs of lipases is to immobilise them. 
Immobilization of enzymes, defined as the physical confinement of the en-
zyme, is often performed using an organic or inorganic matrix [79]. Several 
carriers have been reported for commercial immobilized lipases, includ-
ing Lewatit VP OC 1600 (Novozyme® 435), Duolite A568 (Lipozyme® RM 
IM), silica granules (Lipozyme® TL IM), and diatomaceous earth (Lipase PS 
Amano IM) [80]. Advantages of immobilized lipases are the easy of recovery 
and reuse, higher adaptability for continuous operation, less effluent problems 
and a higher thermal stability and lower sensitivity to pH [80]. The use of 
immobilised enzymes has been studied in four reactor configurations: batch 
reactors, continuously stirred tank reactors, fixed bed reactors, and fluidized 
bed reactors [76]. The literature regarding the first two options will be dis-
cussed in detail in the following sections, as these are the most relevant for the 
research described in this thesis.

5.3.1. Use of immobilised enzymes in batch reactors

Small (lab-)scale biodiesel synthesis with immobilised lipases is typically carried 
out in a batch reactor equipped with a mechanically stirrer, usually a propeller 
or Rushton turbine. The catalyst particles are typically dispersed in the substrate 
solution [76]. The batch reactor offers several advantages such as good catalyst 
and substrate dispersion, high mixing intensities, thereby reducing mass transfer 
limitations and simplicity [81]. An issue is a reduction in efficiency due to dis-
ruption of the enzyme carrier due to the high shear induced by the stirrer [81].

Biodiesel synthesis using immobilized enzymes in batch reactors has been 
studied extensively on small scale. Relevant studies using immobilized enzymes 
in batch reactors are summarized in Table 1.4. Most involve exploratory catalyst 
screening studies, optimisation [82–86] and kinetic studies [87–90]. High bio-
diesel yields are possible, not only with methanol but also with higher alcohols.
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Keng et al. [91] successfully scaled up the process from 1.5 L to 50 L using 
a constant impeller tip speed approach. The biodiesel yield was 97.2% after 
5 h reaction time. Large scale industrial applications of batch reactors involv-
ing immobilised enzymes for biodiesel synthesis, though, was reported to be 
not economically feasible due to low volumetric production rates as a result of 
unproductive time required to unload, clean, and reload the reactor. Moreover, 
enzyme activity was shown to decrease after reuse of the catalyst, presumably 
due to shear stress, resulting in the need for longer reaction times to achieve the 
required conversions in subsequent steps. It is considered to be difficult to find a 
suitable compromise between production capacity and catalyst cost [92].

5.3.2. The use of immobilized lipases in continuous stirred tank reactors

In a continuous stirred tank reactor (CSTR), the immobilised enzymes are dis-
persed in the substrates/products. Multiple tanks in series, either with a sep-
aration unit at the end or with intermediate separation units are commonly 
used [71]. Fonseca et al. [93] performed simulations on biodiesel production 

Table 1.4. Overview of biodiesel synthesis by immobilized lipases using batch reactors.

Lipases and supports Substrate Alcohol Highest
Yield Remarks Ref.

Candida sp. 99-125 
on cotton membrane

Vegetable 
oil Methanol 96%

Methanol to oil ratio = 3:1
Temp. 40°C, 170 rpm (recipro-
cation) 
High water content (5 – 20%)

[82]

C. antarctica (CALB), 
T. lanuginosus (TLL), 
and R. miehei (RML) 
on SBA epoxy

Canola oil Methanol
CALB-SBA: 59%
TTL-SBA: 99%
RML-SBA: 95%

Methanol to oil ratio = 3:1
50°C, 250 rpm magnetic stirring [83]

T. lanuginosus 
on silica gel Palm oil Methanol 99% Methanol to oil ratio = 1:3.7

150 rpm (reciprocation) [84]

P. fluorescen 
on porous kaolinite Triolein 1- propa-

nol >99% Propanol to oil ratio = 3:1
50°C, continuous stirring [85]

Candida sp. 99-125 
on cotton membrane

Glycerol 
trioleate Methanol 80.6%

Methanol to oil ratio = 3:1
Temp. 40°C, 180 rpm (recipro-
cation)
Water content 20%

[86]

Rhizomucor miehei 
on macroporous an-
ionic exchange resin

Palm oil Oleyl 
alcohol

1.5 L: 95.8%
50 L: 97.2%

Alcohol to oil ratio = 3:1
Temp. 50°C 
250 rpm, propeller (1.5 L)
106 rpm, propeller (50 L)
Enzyme activity after 15 cycles: 
79%

[91]
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using immobilised enzymes from soybean and palm oil in batch and CSTR re-
actors. They found that a cascade of 3 or more CSTRs is needed to achieve the 
same productivity as for a single batch reactor operated at the same reaction 
time. Moreover, they showed that a single CSTR requires a 373 times higher res-
idence time, compared a batch reactor to achieve 95% productivity. When using 
two CSTRs in series, the residence time could be reduced with a factor of 4.

A major concern when using CISTRs for enzymatic biodiesel synthesis is en-
zyme deactivation which requires that at least part of the catalyst is replaced 
with fresh catalyst during the reaction. Chen and Wu [94] showed that treat-
ment of spent Candida antartica lipase with t-butanol is an interesting approach 
to reactivate the enzyme. The authors demonstrated the concept for biodiesel 
synthesis in a CSTR using soybean oil and methanol as the feed and succeeded 
to maintain a constant conversion level of 70% for 70 days.

A cascade consisting of a CSTR followed by two fixed bed reactors has been 
explored for biodiesel synthesis. Six different oils were used and an immobilized 
Streapsin lipase was used as the catalyst (Figure 1.14). The CSTR was the first 
reactor in the cascade, and acted mainly as a mixer to allow for good dispersion 
of the two immiscible substrates. An average 72% conversion was obtained after 
40 h with a biodiesel productivity of 137.2 g L-1 h-1. This is higher than reported 
for biodiesel synthesis in conventional continuous set ups using immobilized 
enzymes [95]. 

Figure 1.14. Continuous biodiesel 
production in a CSTR-PBR cascade 
system. MeOH: methanol, P: pump, 
J: water circulating jacket, L: immo-
bilized lipase, WB: water bath, CSTR: 
continuous stirred tank reactor, PBR: 
packed bed reactor, D: distillation 
unit, SF: separating funnel, BD: bio-
diesel, G: glycerol layer. Reproduced 
from [95] with permission.
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6. Oil plant seed cake valorisation

After the extraction of the plant oil from plant seeds, a protein rich organic resi-
due remains. The residue, also known as seed cake, is rich in proteins (Table 1.5) 
and has been considered for many applications such as animal feed, fertilizer, 
protein concentrate, and biogas production [96–98]. The press cake has been 
used to produce various microbial enzymes such as proteases, glucoamylases, 
and lipases [96]. In this case, the press cake provides the relevant substrates for 
the microbes to grow [96].

Most of studies on seed cake utilisation were focused on solid-state fer-
mentation (SSF) [101]. Typically SSF involves cultivation of microorganisms 
using a dry or moist solid substrate such as wheat straw as carbon and energy 
source [102]. Major issues on larger scale application have been found despite 
attractiveness of SSF method. It is difficult to maintain a constant micro-envi-
ronment, for instance the temperature can increase rapidly as a result of the 
microbial growth. This is problematic, especially when temperature sensitive 
substances are produced such as enzymes. The use of submerged fermen-
tation (SmF) eliminates some of these issues and is considered a preferred 
method [103].

 7. About this thesis

The research described in this thesis was part of a project titled “Breakthroughs 
in biofuels: Mobile technology for biodiesel production from Indonesian re-
sources” funded by NWO/WOTRO. In this project, the biorefinery concept was 

Table 1.5. Protein content of various oil plant seed cakes

Source plant Protein content (wt%) References
Canola 33.9 [96]
Coconut 25.2 [96]
Cotton 40.3 [96]
Ground nut 49.5 [96]
Mustard 38.5 [96]
Olive 6.3 [96]
Palm 18.6 [96]
Sesame 35.6 [96]
Soybean 47.5 [96]
Sunflower 34.1 [96]
Rubber 19 - 23 [99]
Jatropha curcas 18.3 - 65.6 [100]
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explored for the valorisation of rubber seeds in Indonesia, with an emphasis on 
utilisation of the oil and seed cake. The first objective of the study described in 
this thesis was to provide the proof of principle for continuous biodiesel syn-
thesis using enzymes, both homogeneous as well as heterogeneous, in highly 
intensified process equipment and in particular in CCCS devices. The second 
objective was to define the potential of plant oil seed cakes, the residue after 
seed processing to oil, for the production of enzymes, and in particular lipases 
for the subsequent biodiesel synthesis. Rubber seed oil was not available in suf-
ficient quantities for continuous operation in the first stage of the project and as 
such most experimental studies were carried out using plant oils like sunflower 
and Jatropha oil. An overview of the thesis chapters is given in Figure 1.15.

In Chapter 2, experimental and modelling studies aimed to develop a kinetic 
model for the reaction of a plant oil (sunflower oil) with 1-butanol catalysed by a 
liquid lipase formulation (Rhizomucor miehei) in an aqueous (enzyme/water)-or-
ganic system (oil/hexane) are provided. The reactions were performed in a stirred 
batch reactor. Enzyme concentration, stirring speed, and 1-butanol to oil ratio were 
systematically varied. A kinetic model was developed based on concentration-time 
profiles for the reaction. The experimental data were successfully modelled using 
a Ping Pong Bi Bi mechanism with non-competitive inhibition by 1-butanol and a 
term for irreversible enzyme deactivation during reaction.

In Chapter 3, experimental and modelling studies on the reaction of sun-
flower oil with 1-butanol in a biphasic water/organic system using a liquid en-
zyme formulation (Rhizumucor miehei) are reported in various continuous reac-
tor configurations. The reaction was first optimized in a continuous stirred tank 
reactor (CSTR) focusing on enzyme concentration and residence times as the 

Figure 1.15. Concept outline 
of this thesis
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main variables. A reactor model was developed using the kinetic expression as 
described in Chapter 2. In a second stage of experimentation, a cascade consist-
ing of a CSTR followed by a continuous centrifugal contactor separator (CCCS) 
was used. Product yields and productivities were determined in the cascade and 
recyclability of the lipase was explored.

In Chapter 4, experimental and modelling studies on the enzymatic metha-
nolysis of sunflower oil using an immobilized lipase (TransZyme A) is reported. 
In the initial stage, experiments were carried out in a batch configuration to 
optimize enzyme and buffer concentrations. The results were modelled using 
Michaelis-Menten kinetics. Subsequent experiments were performed in a CSTR 
and CCCS and a reactor model was developed using the kinetic expression ob-
tained in batch as input. In addition, experimental studies were performed in a 
cascade consisting of a CSTR and CCCS and biodiesel yield, enzyme stability, 
and separation performance were evaluated.

In Chapter 5, experimental studies on the use of the Jatropha seed-cake as 
substrate for fungal lipase production will be discussed. The Indonesian indig-
enous fungal strain, Aspergillus niger 65I6, and a well-known lipase producing 
fungus, Rhizomucor miehei CBS 360.62 [7], were selected as fungi of choice. The 
effects of particularly the pre-treatment of the seed-cake with base and the type 
of carbon sources in the growth medium were evaluated in detail.
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Abstract

The kinetics of sunflower oil transesterification with 1-butanol using 
a homogeneous lipase (Rhizomucor miehei) in an aqueous-organic bi-
phasic system were studied in a stirred batch reactor set-up. An ini-
tial screening study was performed to optimize relevant process con-
ditions (enzyme concentration, stirring speed, 1-butanol to oil ratio). 
A kinetic model was developed based on concentration time profiles. 
Important reaction parameters were the oil concentration in n-hexane, 
the enzyme concentration, the 1-butanol to oil molar ratio; the organic 
to aqueous solvent volume ratio, the temperature, the pH setting using 
a phosphate buffer and the agitation rate. The experimental data were 
modelled using the Ping Pong Bi Bi mechanism with non-competitive 
inhibition by 1-butanol and a term for irreversible enzyme deactiva-
tion during reaction. Agreement between model and experiments was 
good (R2 = 0.99, average error 4.2%).

Keywords: biphasic system, biocatalysis, Rhizomucor miehei lipase, 
substrate inhibition, sunflower oil transesterification, modelling
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1. Introduction

Biodiesel is commercially produced by a transesterification reaction of veg-
etable oil with an alcohol, in most cases methanol, in the presence of a cata-
lyst. Alkaline catalysts, such as sodium hydroxide, are commonly used due to 
their low costs and high reaction rates. However, such catalysts also have sev-
eral drawbacks. For instance, the alkaline catalyst has to be removed from the 
product, alkaline waste water requires treatment, and free fatty acids and water 
interfere with the reaction. An alternative for basic catalysts is the use of en-
zymes. Enzymes like triacylglycerol lipase (EC 3.1.1.3) effectively catalyse the 
transesterification of a triglyceride in either aqueous or non-aqueous systems. 
The advantages of enzyme catalysis include a lower reaction temperature, ease 
of glycerol work-up, and the possibility to process oils with a high free fatty acid 
and water content [1,2].

Enzymatic conversions of vegetable oils or acids derived thereof may be car-
ried out in a single phase, using a co-solvent or a biphasic liquid-liquid system. 
Both soluble enzymes as well as immobilized enzymes may be applied. Well 
known examples are lipases from Candida rugosa and Rhizomucor miehei [2]. 
In the research reported here, a biphasic liquid–liquid approach is used using 
a free enzyme. Advantages of the use of free enzymes instead of immobilized 
enzymes are the absence of possible intraparticle mass transfer limitations that 
may limit the overall reaction rate [3] and a lower price [4]. A disadvantage for 
practical applications of free enzymes in terms of reutilization, as compared to 
immobilized enzymes, is the more elaborate recovery of the enzyme. Another 
possible disadvantage of free enzymes is a lower thermostability, both at stor-
age and operating conditions [5]. Generally a higher reaction performance can 
be achieved with immobilized enzymes in non-aqueous media [6]. Despite this, 
under anhydrous conditions the free lipase of Rhizomucor miehei is stable and 
has a high esterification activity as compared to other free lipases [7]. The bi-
phasic aqueous-organic system for enzymatic transesterification of triglycerides 
offers several advantages when compared to a single phase system. The presence 
of water during the transesterification reaction is known to increase the enzyme 
activity and to prevent hydrophobic substrate and/or product inhibition [8–10]. 
However, the use of water may lead to incomplete conversions due to equilib-
rium constraints and the formation of fatty acids. By using a biphasic concept, 
equilibrium constraint may be partly overcome and the rate of hydrolysis may 
be reduced. In addition, the use of a biphasic system also make glycerol and en-
zyme recovery from the reaction mixture easier and increases the possibility of 
reusing the enzyme [10,11].



Chapter 2
Kinetic studies on the transesterification of sunflower oil with 1-butanol catalyzed by Rhizomucor miehei lipase 

40

Kinetics studies on the transesterification of vegetable oils with methanol 
using enzymes have been reported [12–14]. Most of the studies involve the use 
of an immobilized lipase. In some cases, an additional organic solvent is added 
and for these systems also a number of kinetic studies are available [15–17]. Al-
Zuhair et al. studied vegetable oil methanolysis catalysed by R. miehei lipase in 
n-hexane as the organic solvent. The results were modelled using a Ping Pong 
bisubstrate mechanism with competitive inhibition of methanol and oil [17]. 
Confidence factors of this model were not reported.

A limited number of (kinetic) studies on the transesterification of vegeta-
ble oils catalysed by enzymes in oil-water biphasic systems have been reported 
(Table 2.1). The reaction is assumed to involve two-steps, viz hydrolysis of the 
triglyceride to free fatty acids (FFA) followed by a subsequent esterification of 
the FFAs with the alcohol. Competitive inhibition of oil and alcohol were ob-
served [8,18,19]. However, kinetic modelling to obtain rate equations for the 
individual reactions was performed in one case only (Table 2.1). To the authors’ 
best knowledge, studies on the enzymatic transesterification of vegetable oils 
using 1-butanol in a biphasic aqueous-organic system have not been reported 
so far. 

Of relevance for this study are related enzyme catalysed esterification reac-
tions of fatty acids (oleic acid) and short chain acids with alcohols in biphasic 
systems. We have recently reported a kinetic model for the esterification of oleic 
acid 1-butanol using R. miehei lipase in a biphasic n-heptane-water system. The 
data were modelled using a Ping Pong mechanism with alcohol inhibition. The 
model included a constant partition coefficient of 1-butanol over the two phases. 
Parameter estimations were performed with high accuracy [20]. 

Table 2.1. Overview of kinetic studies of biphasic aqueous oil lipase catalysed (trans)esterification 
reactions.

System Reaction Substrates Enzyme Mechanism Model Ref.

Organic solvent Trans-esterification Palm oil, meth-
anol R. miehei lipase Ping Pong yes [17]

Biphasic;  
aqueous-oil Trans-esterification Sunflower oil, 

methanol R. miehei lipase - no [8]

Biphasic; 
 aqueous-oil Trans-esterification Soybean oil, 

methanol NS81006 4 step equi-
librium yes [18]

Biphasic;  
aqueous-oil Trans-esterification Soybean oil, 

ethanol NS81006 - no [19]

Biphasic;  
aqueous-organic Esterification Oleic acid, 

butanol R. miehei lipase Ping Pong yes [20]

Biphasic;  
aqueous-organic Esterification Oleic acid, 

ethanol R. miehei lipase Ordered 
bisubstrate yes [21]

Biphasic;  
aqueous-organic Esterification Butyric acid, 

methanol R. miehei lipase Ping Pong yes [22]
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In this study we report a kinetic study on the sunflower oil transesterifica-
tion with 1-butanol using a free lipase (Rhizomucor miehei) in aqueous-organic 
biphasic system given fatty acid butyl esters (FABE) and glycerol (Figure 2.1). 
1-Butanol is an interesting chemical for transesterification of vegetable oils be-
cause it can be obtained in a sustainable way via fermentation of biomass. This 
way it can also be made available in remote areas in developing countries. From 
a chemical point of view, the use of 1-butanol can be beneficial because of its 
greater solubility in the organic phase thereby facilitating the transesterification 
reaction that is assumed to take place in the organic phase.

In the first exploratory phase, the effect of substrate, product and enzyme 
concentration on the initial rate was determined. In the second stage, a kinetic 
study was performed for the reaction at variable oil intakes with all other pa-
rameters set at optimum values as determined during the exploratory studies. 
The experimental data were modelled using a Ping-Pong Bi-Bi mechanism.

2. Experimental Section

2.1. Materials

Commercial sunflower oil produced by Vandermoortele BV, Belgium was used 
as the substrate. Ethanol (absolute) and acetic acid (100%) were obtained from 
EMSURE®, 1-butanol (99%) and ethyl oleates (98%) were from Sigma-Aldrich. The 
Rhizomucor miehei lipase in solution (≥ 20,000 Unit/g) was obtained from Sigma-
Aldrich. n-Hexane (analytical reagent) was obtained from Lab-Scan. N-methyl-
N(trimethylsilyl)trifluoroacetamide (98.5%), pentadecane (99%), and buffer com-
pounds (Na₂HPO₄.2H₂O, 99% and NaH₂PO₄.7H₂O, 98%) were obtained from 
Sigma-Aldrich. For GC-calibration analytical standards (palmitic, linoleic, oleic 
and stearic acid, ≥ 99%) were obtained from Sigma-Aldrich, as well as ethyl palmi-
tate (≥ 99%), ethyl linoleate (≥ 99%), ethyl oleate (98%), ethyl stearate (≥ 99% for 
capillary GC), 1-oleoyl-glycerol (≥ 99%), 1,3-diolein (≥ 99% for GC) and triolein.
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Figure 2.1. Sunflower oil transesterification with 1-butanol
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2.2. Methods

2.2.1. Experimental set up

Experiments were performed in a 300 mL batch reactor made of glass. The re-
actor was equipped with a heating jacket connected to a temperature controlled 
water bath. Stirring was provided by a twin agitator (Figure 2.2). The reactor 
was pre-heated to 40°C before adding the substrates. Oil, alcohol and organic 
solvent were added to the reactor first, followed by the aqueous enzyme solution. 
The stirring speed was set to 800 rpm based on a previous study [20].

2.2.2. Effect of the enzyme concentration on the initial rates 

Initial experiments were performed to identify the enzyme concentration that 
is most suitable for the kinetic experiments. The conditions were as follows: 
n-hexane (45 mL), aqueous phosphate buffer (15 mL, 50 mM, pH 6 (6.80 g.L-1 
and 1.72 g.L-1 )), sunflower oil (40 g.Lorg-1), 1-butanol (alcohol to oil molar ratio 
of 6) and lipase concentrations of 10, 20, 50 and 200 g.Laq-1. 

2.2.3. Kinetic experiments

Experiments were performed in a biphasic system consisting of n-hexane 
(45 mL) and an aqueous phosphate buffer (15 mL, 50 mM, pH 6.0, with a lipase 
concentration of 20 g.Laq-1). Eight experiments were performed with a variable 

Figure 2.2. Schematic representation of 
the batch reactor set-up.
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1-butanol to oil molar ratio (0 to 12 mol/mol) with a constant oil concentration 
of 40 g.Lorg-1. In addition, eight experiments were performed at different oil con-
centrations (15 to 100 g.Lorg-1) with a constant 1-butanol to oil molar ratio of 6. 
The experimental error in the initial rates for the kinetic experiments was deter-
mined for an experiment performed in triplicate at 40 g.Lorg-1 oil concentration 
and 1-butanol to oil molar ratio of 6. This error was used as estimation for the 
relative error of the other data points. 

To study possible inhibition of the oil, hydrolysis experiments using various 
initial oil concentrations (10 to 100 g.Lorg-1) were performed in the presence of 
lipase (20 g.Laq-1). Glycerol inhibition was investigated by doing experiments 
with initial glycerol concentrations from 0 to 100% mol/mol relative to the 
amount of oil with a constant oil concentration of 40 g.Lorg-1, a constant 1-buta-
nol to oil molar ratio of 6, and a lipase concentration of 20 g.Laq-1. 

Ester inhibition was investigated by performing experiments with initial ethyl 
oleate concentration of 0, 50, and 100 % mol/mol compared to the amount of oil 
using 40 g.Lorg-1 oil, 20 g.Laq-1 enzyme, and a constant alcohol to oil molar ratio 
of 6. In this case, ethanol was used instead of 1-butanol. Experimental errors for 
oil, glycerol and ester inhibition experiments were based on experiments per-
formed in duplicate.

2.2.4. Analytical methods

The composition of the organic phase was determined using GC-FID. Samples 
(1 mL) were taken in duplicate from the reaction mixture at several time inter-
vals with a syringe. These were immediately quenched with absolute acetic acid 
(0.1 mL) to inactive the enzyme. The samples were shaken and centrifuged for 
5 minutes to separate the organic and aqueous layers. For GC sample prepa-
ration, a fixed amount of a pentadecane solution in n-hexane as internal stan-
dard (2000 ppm) was added and MSTFA was used for derivatisation. A sample 
of the organic layer (20 μL) was transferred to an auto sampler vial and penta-
decane solution (80 μL), MSTFA (20 μL) and n-hexane (1500 μL) were added. 
Subsequently the samples were heated to 65°C for 1 hour in an oven.

A Hewlett-Packard (HP) 5890 series II GC equipped with 15 m long J&W 
Select Biodiesel (UltiMetal) column from Agilent Technologies was used for 
the measurements. Helium was used as a gas carrier at a column pressure of 
22.1 kPa. Before injection, the injection needle was washed with hexane for 
3 times and a cold injection of 1 μL was done on-column at room temperature. 
The oven temperature was initially set on 40°C for 1 minute. Temperature was 
increased to 180°C at a rate of 15°C.min-1. Subsequently the rate was increased 
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to 20°C.min-1 until the temperature reached 380°C, this was held for 5 minutes. 
The detector temperature was set on 400°C and the injector temperature was set 
to 40°C. The average relative error was 2.76% based on the standard deviations 
of 115 data points derived from multiple samples and analyses. 

GC measurements with pure components were carried out for product iden-
tification. Sample solutions of glycerol, palmitic, oleic, linoleic and stearic acid 
as well as ethyl palmitate, ethyl linoleate, ethyl oleate, ethyl stearate, 1-oleoyl- 
glycerol, 1,3-diolein, triolein and sunflower oil in n-hexane were prepared 
(100 mg in 10 mL). 20 μL of these solutions were taken and 20 μL MSTFA, 80 μL 
pentadecane solution (2000 ppm) and 1500 μL n-hexane were added. Butyl es-
ters were not measured independently but were identified by their correspond-
ing shifts in retention time compared to the measured ethyl esters. 

The amounts of butyl esters and free fatty acids were quantified using GC. 
For this purpose, sample solutions containing 100 mg oleic acid and ethyl oleate 
in 10 mL of n-hexane were made. A number of GC samples were prepared at 
different concentrations by taking a certain amount of the sample solutions 
(5 - 80 μL) and by subsequently adding 20 μL MSTFA, 80 μL pentadecane solu-
tion in n-hexane (2000 ppm) and 1500 μL n-hexane. Measurements of these 
solutions allowed calculation of the relative response factors (RRF) of oleic acid 
and ethyl oleate. It is assumed that RRF for the different free fatty acids and for 
the butyl and ethyl esters are essentially similar when applying a correction for 
the difference in the number of C-atoms [23]. 

2.2.5. Modelling tools

The first phase of the kinetic study involved evaluation of the initial reaction 
rates for FABE. The initial reaction rate for each experiment was obtained from 
the experimental concentration-time profile by linear regression of the data over 
the first two minutes. For the subsequent development of the kinetic model, ex-
perimental concentration-time profiles were used as input. 

The kinetic equations were fitted to the data points using MATLAB 
Mathworks 2014. The model was solved using the numerical integration tool-
box ode45. Kinetic parameters were estimated by minimization of the sum of 
squared errors between the experimental data and simulated data from the 
model. Error minimization was done using an lsqnonlin toolbox. Confidence 
limits (CF) of the different parameters for the complete fit were calculated.
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3. Results and discussion

3.1. Evaluation of enzyme concentrations on the initial reaction rates 

The effect of enzyme concentration on the initial rate of FABE formation was 
determined by performing a number of experiments at variable enzyme con-
centration (5-200 g.Laq-1) while keeping all other variables at a constant value 
(n-hexane (45 mL); aqueous phosphate buffer (15 mL, pH 6.0); sunflower oil 
(40 g.Lorg-1); 1-butanol to oil molar ratio of 6; stirrer speed of 800 rpm; 40°C). 
The results (Figure 2.3) showed that the initial rates increase linearly with the en-
zyme concentrations when the lipase concentration is below 50 g.Laq-1. 

Higher concentrations of enzyme did not lead to an increase in the initial 
rate and the rate seems to be independent of the enzyme concentration at lipase 
concentrations above 50 g.Laq-1. The observed relationship between the initial 
rate and enzyme concentration indicates that the enzyme becomes saturated at 
a concentration above about 50 g.Laq-1. A possible explanation is the available 
surface area for reaction. The phase ratio (Vorg/Vaq) used in the experiments is 3, 
and as such the system may be regarded as a water-in-organic micro-emulsion 
or reversed micellar system [24]. The enzyme is expected to be present at the 
interface of the two immiscible liquids [10]. It is well possible that at an enzyme 

Figure 2.3. Effect of enzyme concentration on initial rates for fatty acid butyl ester (FABE). Experi-
mental conditions: n-hexane = 45 mL; phosphate buffer = 15 mL, pH 6.0; sunflower oil = 40 g.Lorg-1; 
1-butanol to oil molar ratio of 6; lipase = 5 – 200 g.Laq-1; stirrer speed = 800 rpm; 40°C. Line is for 
illustrative purpose only. 
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concentration of 50 g.Laq-1, the surface is fully covered with enzyme. As such, 
higher enzyme concentrations will not lead to higher rates, as experimentally 
observed. For the kinetic experiments, an enzyme concentration of 20 g.Laq-1 
was used. The concentration was low enough to avoid enzyme saturation and 
the initial reaction rate of FABE using this concentration is in the linear regime 
(Figure 2.3).

3.2. Effect of initial substrate concentrations on initial reaction rate

The influence of 1-butanol to oil ratio on the initial rates of FABE and FFA for-
mation is given in Figure 2.4. According to the reaction stoichiometry, a mini-
mum of 1-butanol to oil molar ratio of 3 is required for the complete conver-
sion of the oil to FABE. The results show that the initial rate of FABE formation 
reaches a maximum at 1-butanol to oil ratios between 3 and 4.5, which coin-
cides with the stoichiometric ratio needed for complete oil conversion. At higher 
amounts of 1-butanol, the initial rates are reduced. A possible explanation is 
inhibition of the enzyme by the alcohol (vide infra). 

Besides the formation of FABE, free fatty acids (FFA) were also observed in 
the course of the reaction (Figure 2.4). Thus, besides transesterification, the en-
zyme also catalyses the hydrolysis reaction of the oil to FFA. The rate of FFA 
formation is highest at low 1-butanol to oil ratios. In the absence of 1-butanol, 

Figure 2.4. Effect of the 1-butanol to oil molar ratio on the initial rate of fatty acid butyl ester (FABE) 
() and free fatty acids (FFA) (). Experimental conditions: n-hexane = 45 mL; phosphate buf-
fer = 15 mL, pH 6.0; sunflower oil = 40 g.Lorg-1; lipase = 20 g.Laq-1; stirrer speed = 800 rpm; 40°C. 
Lines are for illustrative purpose only. See experimental section for error estimation.
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FABE was not formed; hence in this case the FFA initial rate is at its maximum. 
The lowering in the initial rate for FFA with increasing amounts of 1-butanol 
indicates that the formed FFA are converted further into FABE, and reaches 
a minimum value when the FABE initial formation rate reaches its maximum 
value. It appears that the FFA formation is low compared to FBE formation 
when the 1-butanol to oil ratio is between 3 and 6. 

The influence of the oil concentration in the organic phase on the FABE ini-
tial formation rates is given in Figure 2.5. The initial rates increase with increas-
ing oil concentrations between 15 and 40 gr.Lorg-1, and then decrease at higher 
oil concentrations. For all experiments a constant 1-butanol to oil molar ratio 
of 6 was used. Therefore the decrease of the FABE initial formation rate at 
higher oil concentrations can be caused by either a high oil or high 1-butanol 
concentration (see also Figure 2.4). In order to check for enzyme inhibition by 
the oil, another set of experiment using various oil concentration but now with-
out any 1-butanol were conducted, see Figure 2.6. The initial rate of free fatty 
acids (FFA) increased linearly with increasing oil concentrations. As such, these 
findings indicate that the oil does not inhibit the enzyme. Though not proven 
directly, we also assume that FABE, like FFA formation is not inhibited by the 
oil. Based on these results, it can be concluded that lipase inhibition at higher oil 
concentrations is most likely caused by 1-butanol inhibition. 

Previously it was suggested that the enzymatic esterification of fatty acids 
can be described by a Ping Pong Bi Bi mechanism with competitive alcohol 

Figure 2.5. Effect of the oil concentration on the initial reaction rate of FABE. Experimental con-
ditions: n-hexane = 45 mL; phosphate buffer = 15 mL, pH 6.0; 1-butanol to oil molar ratio of 6; li-
pase = 20 g.Laq-1; stirrer speed = 800 rpm; 40°C. Line is for illustrative purpose only, error estimations 
are given in the experimental section.
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inhibition [10,25]. The product formation rate, rP, according to the Ping Pong 
bi-substrate reaction mechanism of substrates S and A with competitive inhibi-
tion of both substrates is described by the following equation:
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In the experiments with variable oil concentrations, a constant initial substrate ratio was used, thus 

CS = x CA. Substitution of the concentration ratio CS / CA = x reduces Eq. 2.2 to Eq. 2.3:  
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From Eq. 2.3 it follows that the rate only depends on the kinetic parameters and the concentration 

ratio x. As these are all constant, the initial reaction rate should also be constant, provided that the 
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substrates concentrations, indicating that the reaction does not follow the competitive inhibition 

mechanism. Instead, the results suggest that inhibition of 1-butanol is non-competitive. This type of 
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by assuming that the reactivity of sunflower oil with 1-butanol and 1-ethanol proceed via a similar 

reaction mechanism.  

The results show that the initial concentration of ester in the form of ethyl oleate has no major 
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Figure 2.6. Effect of the oil concentration on initial formation rate of free fatty acids (FFA). Experimen-
tal conditions: n-hexane = 45 mL; phosphate buffer = 15 mL, pH 6.0; sunflower oil = 0 – 100 g.Lorg-1; 
1-butanol to oil molar ratio of 6; lipase = 20 g.Laq-1; stirrer speed = 800rpm; 40°C. Line is for illustra-
tive purpose only, error estimations are given in the experimental section.
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From Eq. 2.3 it follows that the rate only depends on the kinetic parameters 
and the concentration ratio x. As these are all constant, the initial reaction rate 
should also be constant, provided that the substrates concentrations are high 
and their concentration ratio is constant. However, as illustrated by the exper-
imental results (see Figure 2.4 and 2.5), the initial rates decrease when using 
high substrates concentrations, indicating that the reaction does not follow the 
competitive inhibition mechanism. Instead, the results suggest that inhibition of 
1-butanol is non-competitive. This type of inhibition occurs when the inhibitor 
binds to both the unbound enzyme and the enzyme-substrate complex. Then, 
although the substrate is still able to bind to the enzyme, the main reaction can-
not take place [26].

3.3. Effect of the product concentrations on the initial reaction rates 

The effects of products on the initial rate of reactions were determined by per-
forming experiments with both products (glycerol and ester) present at the be-
ginning of a standard transesterification experiment. The initial FABE forma-
tion rates were plotted against the initial concentrations of ester (Figure 2.7) and 
glycerol (Figure 2.8). The experiments with esters were not performed with a 
FABE mixture but with ethyl oleate as a model compound in ethanol instead of 
1-butanol. Ethyl oleate is readily available, in contrast to n-butyl oleate. These 
choices are rationalised by assuming that the reactivity of sunflower oil with 
1-butanol and 1-ethanol proceed via a similar reaction mechanism. 

Figure 2.7. Effect of the ethyl oleate initial concentrations on initial formation rate of fatty acid ethyl 
ester (FAEE). Experimental conditions: n-hexane = 45 mL; phosphate buffer = 15 mL, pH 6.0; sun-
flower oil = 40 g.Lorg-1, ethanol to oil molar ratio of 6; lipase = 20 g.Laq-1; stirrer speed = 800 rpm; 
40°C. Line is for illustrative purpose only, error estimations are given in the experimental section. 
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The results show that the initial concentration of ester in the form of ethyl 
oleate has no major influence on the initial FABE formation rate, see Figure 2.7. 
Similarly, the effects of the initial glycerol concentration on the initial FABE 
rates are also small, see Figure 2.8, and are assumed to be negligible in the fur-
ther discussions. 

In biphasic systems such as the one used here, the active site of the enzyme 
is expected to be directed towards the organic phase [27]. With this assump-
tion, the absence of glycerol inhibition can be explained, as glycerol dissolves 
preferentially in the water phase and is therefore not present in the same phase 
as the active sites of the enzyme. This conclusion is supported by several studies 
using monophasic organic systems for enzymatic oil transesterification. In these 
studies inhibition effects of glycerol were observed [28–30], rationalised by the 
fact that the glycerol formed is inevitably present in the same (organic phase) as 
the enzyme, or by physical blockage of the enzyme due to surface coverage by 
glycerol.

The product esters potentially can have an inhibiting effect on enzyme activ-
ity, likely by hydrogen bonding with the active site of the enzyme [31]. In our 
study inhibition by esters was not observed, probably because the amounts of 
esters produced here are relatively low and they are highly diluted in the organic 
solvent. 

Figure 2.8. Effect of the initial glycerol concentration on initial formation rate of fatty acid butyl ester 
(FABE). Experimental conditions: n-hexane = 45 mL; phosphate buffer = 15 mL, pH 6.0; sunflower 
oil = 40 g.Lorg-1; 1-butanol to oil molar ratio of 6; lipase = 20 g.Laq-1; stirrer speed = 800 rpm; 40°C. 
Line is for illustrative purpose only, error estimations are given in the experimental section. 
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3.4. Kinetic modelling

A kinetic model was developed for the transesterification of sunflower oil with 
1-butanol catalysed by Rhizomucor miehei lipase. For this purpose, concentra-
tion time profiles for 13 experiments (101 data points) were modelled. A num-
ber of representative experimental profiles is given in Figure 2.9.
The kinetic model was set-up using the following assumptions:

1. The active enzyme is present at the interface of the aqueous and organic 
phases, with the active site of the enzyme directed towards the organic 
phase [27]. Therefore it is assumed that the reaction occurs in the organic 
phase. Thus the concentrations of substrates used in the kinetic modelling 
are all in the organic phase. 

2. The solubility of water, glycerol and enzyme in the organic phase are as-
sumed negligible. Also the solubility of hexane, triglyceride, diglyceride, 
monoglyceride, FFA and FABE in the aqueous phase are assumed negligible. 
1-butanol is distributed over the two phases according to its partition coeffi-
cient P, however since the P value was not determined experimentally, it will 
be integrated into a model parameter (see below). 

3. Based on previous studies of the hydrodynamics of the reactor [20] it is as-
sumed that the aqueous and organic phases are ideally mixed, mass transfer 

Figure 2.9. Representative FABE concentration- time profiles for different sunflower oil concentra-
tions. Symbols: experimental results. Lines: model lines. Experimental conditions: n-hexane = 45 mL; 
phosphate buffer = 15 mL, pH 6.0; sunflower oil = 50, 30, 15 g.Lorg-1 for lines 1 – 3, respectively; 1-bu-
tanol to oil molar ratio of 6; lipase = 20 g.Laq-1; stirrer speed = 800 rpm; 40°C. Error estimations are 
given in the experimental section.
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limitations are absent in either phase so that the concentrations at the inter-
face are equal to the bulk concentrations, and the interfacial area is constant. 
Following these assumptions the enzyme activity is only affected by the sub-
strates or products involved in the reaction. Since the enzymatic reaction is in-
trinsically slow the assumption that mass transfer is much faster than the reac-
tion rate, and therefore mass transfer limitations are absent, is a mild one. Thus 
the observed rates are assumed to be solely dependent on reaction kinetics. 

4. Fatty acid type does not influence the reaction rate. Sunflower oil consists of 
4 major fatty acid types, with oleic and linoleic acid being the most abundant 
ones. It is assumed that the different fatty acids react in the same manner 
and with the same rate. This assumption is supported by the measured rela-
tive amounts of the butyl esters of the various fatty acids present in the sys-
tem. Figure 2.10 shows a typical example of the analysis results, the fractions 
of the different butyl esters are plotted versus the total FABE yield, which is 
defined as:
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Where nAc,0 is the initial amount of reactive acyl groups (mol) and nFABE is the 
amount of butyl esters formed (mol). Although the total amount of a specific 
butyl ester increases with time, and consequently the total yield of FABE, see 
Figure 2.9, the ratio between various fatty acids remains constant. Apparently 
the formation rates of the various FABE’s are approximately equal. Note that 
with the analytical methods employed here it was difficult to distinguish be-
tween oleic and linoleic butyl esters, therefore the sum of these two is shown in 
Figure 2.10. 

Figure 2.10. Relative amounts of butyl oleate/linoleate (1), butyl palmitate (2) and butyl stearate (3) 
formed for different total FABE yields during a single experiment. Lines are for illustrative purposes only.
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5. Instead of considering triglyceride, diglyceride and monoglyceride as differ-
ent components, the total amount of reactive acyl groups, nAc, and alcoholic 
glycerol moieties, nGly, are considered in the kinetic modelling: 
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 Where nAc (mol) is the amount of unreacted acyl groups, nGlyOH (mol) the 
amount of reacted acyl groups and nGly, nMG, nDG and nTG are the amount of 
glycerol, mono-, di- and triglycerides (mol) respectively. The transesterifica-
tion reaction can be written as:
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 Rhizomucor miehei lipase is an sn-1,3-specific enzyme and does not rec-
ognize the sn-2 position significantly, meaning that it only reacts with acyl 
groups on the outer positions of the glycerol moiety. However, acyl migra-
tion can modify the configuration by forming 1,3-DG from 1,2(2,3)-DG 
and 1(3)-MG from 2-MG, allowing full conversion of triglycerides [7]. Acyl 
migration is especially prominent in aprotic hydrophobic solvents such as 
n-hexane, which was used in this research [32]. Because of the favourable 
conditions for acyl migration and the relatively low rate of the RML ca-
talysed transesterification reaction, it is assumed that acyl migration does 
not influence the transesterification rate. The much faster acyl migration, 
as compared to the transesterification, is implicitly incorporated into the 
model here, see Eqs. 2.5 and 2.6, where we assume that all acyl groups of the 
glycerides are equally available for transesterification. 

6. The kinetic modelling only includes measurements with alcohol to oil molar 
ratios above 4. The minimum ratio for full conversion should be at least 3 
because of the reaction stoichiometry. Also, for low alcohol to oil ratios, con-
siderable amounts of FFA are formed as a side product (see Figure 2.4.). For 
ratios 4 and above, formation of FFA can be neglected entirely and is there-
fore excluded from the model. 

7. It is assumed that the enzyme inhibition by alcohol is non-competitive. Oil, 
ester, and glycerol did not inhibit the enzyme according to our results.
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The Ping Pong mechanism with non-competitive inhibition of 1-butanol can 
be expressed by [26]:
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Here subscription S denotes the oil while A denotes 1-butanol. The term in the denominator with 
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where rP is formation rate of fatty acid butyl ester (FABE) (mol.Lorg
-1.min-1), kenz is the kinetic reaction 

constant (mol.Laq.Lorg
-1.g-1.s-1), Cenz,aq is enzyme concentration in water (g.Laq

-1), Km,S is dissociation 

constants of substrate (mol.Lorg
-1), CS,org is substrate concentration in organic solvent (g.Lorg

-1), and nA 

is total number of moles of 1-butanol in the system:  
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A parity plot of the data revealed a systematic deviation of the modelled reac-
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plained by assuming that a slow irreversible deactivation of the enzyme occurs 
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Consequently, a new parameter, ki,enz, was introduced into Eq. 2.11 to incor-
porate the enzyme deactivation into the model. The parameter correlates the 
effective enzyme concentration (Cenz,eff(t)) according to following equation:
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where ki,enz is enzyme deactivation constant. The parity plot of the data fitting 
including irreversible enzyme deactivation (Eq 2.14) is given in Figure 2.12, 
while the final estimated parameters and their confidence limits are presented in 
Table 2.2. The parity plot, Figure 2.12, does not show any systematic deviation 
anymore. The results of several representative experiments were plotted together 
with the accompanying calculated profiles and presented in Figure 2.9. 

With the parameter estimates of Table 2.2, the coefficient of determination 
was obtained as R2 = 0.99, with and average error of 4.2%, which suggests that 
the data are well represented by the model. 

The kinetic parameters estimated in this study are difficult to compare with 
literature data because the enzymatic transesterification of vegetable oils using 
1-butanol in biphasic water-organic systems have not been reported before. In 
Table 2.3 we present a comparison of our kinetic parameters and literature data 
for a number of related (trans-)esterification reactions. In general, the kinetic 

Figure 2.11. Parity plot of 
FABE reaction rate based on 
Eq. 2.11.
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Figure 2.12. Parity plot of 
FABE production rates ob-
tained with Eqs. 2.11 and 
2.14.

Table 2.2. Parameter estimates for rate model Eqs. 2.11 and 2.14 and their 95% confidence limits. 

Parameters Value

kenz (×10-3 mol.Laq.Lorg-1.g-1.s-1) 0.794 ± 0.003

ki,enz (×10-3 mol.Laq.Lorg-1.g-1.s-1) 0.007 ± 0.001 

Km,S (mol.Lorg-1) 0.355 ± 0.003 

PKI,A (mol.Lorg-1) 0.005 ± 0.0003 

R2 0.99

Table 2.3. Comparison of kinetic parameters with related (trans-)esterification reactions.

Reaction
RML trans- 

esterification
[This work]

RML trans- 
esterification 

[17]

RML 
 esterification

[20]

RML 
 esterification

[21]

Substrates Sunflower oil
butanolysis

Palm oil 
 methanolysis

Oleic acid 
 butanolysis

Oleic acid 
 ethanolysis

System Biphasic; 
aqueous-organic Organic solvent Biphasic; 

aqueous-organic
Biphasic; 

aqueous-organic

kenz (×10-3 mol.Laq.Lorg-1.g-1.s-1) 0.794 ± 0.003 0.041 (Vmax)a 7.384 ± 0.001 0.057 (Vmax)b

kienz (×10-3 mol.Laq.Lorg-1.g-1.s-1) 0.007 ± 0.001 - - -

Km,S (×10-1 mol.Lorg-1) 3.351 ± 0.027 4.30 0.678 ± 0.003 18.0

Km,A (×10-1 mol.Lorg-1) - 3.50 2.536 ± 0.011 17.9

KI,A (×10-1 mol.Lorg-1) 0.050 ± 0.003 (PKI,A) 445 1.277 ± 0.004 0.637c

KI,S (×10-1 mol.Lorg-1) - 330 - 0.633c

KA (×10-1 mol.Lorg-1) - - - 3.96

a = Vmax in mol.m-3.min-1; b = Vmax in M.h-1.mg-1; c = KS(Et) and KS(Ol) in mmol.h-1.mg-1.M-1 as used in [21].
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reaction constant kenz is lower for the transesterification reaction than for es-
terification. From this it can be concluded that the enzyme performs the trans-
esterification of oil more slowly than esterification of oleic acid. It should be 
taken into account that in this research a 3:1 organic to aqueous solvent vol-
ume ratio is used compared to a 1:1 ratio in the esterification research by Kraai 
et al. [21]. The value for the oil dissociation constant (Km,S) is within the range 
of most Michaelis Menten constants for enzymes, which is 10-1 to 10-7 M [34]. 
The substrate dissociation constant obtained in this work with butanol, 
Km,S = 3.351 × 10-1 mol.Lorg-1, is comparable to the value obtained with methanol, 
Km,S = 4.30 × 10-1 mol.Lorg-1 [17] although the latter value is obtained in with an 
organic solvent for the oil as opposed to the biphasic system used in this work. 

4. Conclusions

The kinetics of the transesterification of sunflower oil with 1-butanol cata-
lyzed by a soluble R. miehei lipase in an aqueous-organic biphasic system was 
studied and shown to be best described by a Ping-Pong Bi Bi model with non- 
competitive inhibition of 1-butanol. The model is in good agreement with the 
experimental data as is evident from the R2 of 0.99 and an average error of 4.2%. 
Inhibition by the oil, ester or glycerol at the conditions employed here was not 
observed. Consistent with the experimental data, a slow, irreversible deactiva-
tion of the enzyme was incorporated into the model. 

The results from this study can be used as input for reactor modelling of trans-
esterification reactions (a.o. biodiesel) catalysed by free enzymes in biphasic sys-
tems. For example, it will allow reactor modelling of transesterification reactions 
in advanced continuous centrifugal contactor separators (CCCS) [21,35–37].

5. Nomenclature

BuOH  butanol
C  concentration (gr.L-1)
DG  diglyceride
FABE  fatty acid butyl ester
FFA  free fatty acid
Gly  glycerol
GlyOH  glycerol hydroxyl group
k  kinetic reaction constant (mol.Laq.Lorg-1.g-1.s-1)
ki  kinetic deactivation constant (mol.Laq.Lorg-1.g-1.s-1)
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KI  inhibition constant (mol.L-1)
Km  Michaelis Menten constant (mol.L-1)
MG  monoglyceride
n  number of moles (mol)
P  Partition coefficient
R2  coefficient of determination
RML  Rhizomucor miehei lipase
rp  formation rate of fatty acid butyl ester (FABE) (mol.Lorg-1.min-1)
t  time (minute)
V  volume (L)
Vmax  maximum enzyme velocity (mol.Lorg-1.s-1)

Subscripts

A  1-butanol
Ac  acyl
aq  aqueous phase
DG  diglyceride
eff(t)  effective at t
enz  enzyme
FABE  fatty acid butyl ester
MG  monoglyceride
org  organic phase
S  oil
TG  triglyceride
0  initial
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Abstract

Fatty acid butyl esters were synthesized from sunflower oil with 
1- butanol using a homogenous Rhizomucor miehei lipase in a biphasic 
oil (triglyceride, 1-butanol, hexane)/water (with enzyme) system in a 
continuous set-up consisting of a cascade of a stirred tank reactor and 
a Contactor Centrifugal Separator (CCCS) device. Initially, the effect 
of process conditions (enzyme concentration, residence times) in the 
stirred tank reactor operated in a continuous mode was established 
and fatty acid butyl esters in a (non-optimized) yield of 60% was ob-
tained (150 gr.Laq-1 enzyme, 90 minutes residence time, 800 rpm stir-
ring speed, 40°C, organic to aqueous phase ratio 3:1). A significant 
increase in the yield up to 93% was obtained by placing a CCCS de-
vice after the first stirred tank reactor with the additional advantage 
that both liquid phases are separated efficiently in the CCCS. The cas-
cade was run for eight hours without operational problems. Enzyme 
recycling was studied by re-introduction of the water phase from the 
CCCS outlet to the stirred tank reactor. It was found that the product 
yield decreased over time to an average of 50% from the initial value. 
Accumulation of 1-butanol in water phase in combination with loss of 
enzyme due to agglomeration and the formation of a separate phase is 
suspected to be the cause of this decrease in enzyme activity. 

Keywords: biphasic system, biocatalysis, Contactor Centrifugal Separator, 
continuous system, enzyme recycle, Rhizomucor miehei lipase, sunflower 
oil transesterification, modelling
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1. Introduction

Biodiesel has become an important biofuel in recent years. It is renewable and can 
be used in existing compression ignition engines without substantial modifica-
tions [1,2]. The global annual production of biodiesel has increased dramatically 
in the last decade; from 2.4 billion litres in 2004 to 29.7 billion litres in 2014 [3]. 
The biodiesel demand is expected to increase even more in the years ahead. 

Biodiesel is composed of methyl esters of long chain fatty acids and is pro-
duced from vegetable or animal oils and fats [4]. Biodiesel production is typi-
cally performed using a base catalysed transesterification of the oil/fat with an 
alcohol [4–6]. Methanol is the most frequently used alcohol due to its low cost 
and the availability of globally accepted product specifications for methylest-
ers [5,7]. However, recent studies have shown that esters from longer chain alco-
hols such as propanol and butanol may have some advantages compared to es-
ters from methanol or ethanol [7]. For instance, the cetane number of biodiesel, 
a prime fuel quality indicator in diesel engines, increases when using higher al-
cohols instead of methanol [7].

More and more, enzymes are being used for the transesterification of tri-
glycerides as they have certain advantages over basic chemical catalysts. These 
include a better compatibility with feeds with high free fatty acid (FFA) con-
tents; no possibility for soap formation; simplified product work-up and a lower 
energy input [1,4]. However, higher costs and lower reaction rates limit their 
commercial use. One of the methods to allow for the enzymes to be recycled 
and to reduce costs is the use of immobilised enzymes. However, these are in 
general more expensive than the free enzymes and diffusion limitation of reac-
tants/products in the immobilised enzyme matrix may reduce the overall rate of 
individual reactions considerably.

 In this study we have explored the use of a free enzyme in a biphasic aque-
ous-organic system (Figure 3.1). A biphasic approach allows for an efficient re-
cycling of the enzyme after the reaction is complete by a simple separation of 
the organic product phase and the water phase with the free enzyme. The ad-
vantages compared to the use of immobilised enzymes are a potential reduction 
of the production costs and the absence of intra-particle diffusion limitations 
that may have a negative effect on product formation rates. In addition, the 
presence of water during the transesterification reaction is known to increase 
enzyme activity and to prevent hydrophobic substrate and/or product inhibi-
tion [8–10]. However, reactions in water only may lead to incomplete conver-
sions due to equilibrium constraints and the formation of fatty acids. By using 
a biphasic aqueous-organic system, equilibrium constraint may be partly over-
come and the rate of hydrolysis may be reduced [10,11].
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Biodiesel synthesis using homogenous enzymes in biphasic aqueous-organic 
systems has been studied and modelled [8,11–14], however most of the studies 
were performed in a batch reactor set-up. A fed-batch approach has also been 
reported recently with stepwise alcohol addition to minimize alcohol inhibi-
tion of the enzyme [15–17]. Studies on biodiesel synthesis and related fatty acid 
esters using free enzymes in continuous units are limited. Price et al. [17-20] 
in collaboration with Novozymes, performed studies at various process scales 
including in continuous stirred tank reactors using free enzymes for biodiesel 
synthesis. A kinetic model based on the Ping Pong Bi-Bi model was developed 
for biodiesel synthesis from rapeseed oil and methanol using a liquid formula-
tion of the Thermomyces lanuginosus lipase (CalleraTM Trans L) [18]. In further 
studies, the model was used to compare performance between fed batch reac-
tors and continuous stirred tank reactors (CSTRs). The model predicted that a 
cascade of 5 CSTRs are required (with a combined residence time of 30 hours) 
to reach a final biodiesel concentration within 2% of the 95.6 mass % achieved 
in a fed-batch operation, for 24 hours [19]. Finally, an experimental scale up 
study using both fed batch and CSTRs for biodiesel synthesis using liquid 
Thermomyces lanuginosus lipase (NS-40116) was performed successfully [20]. 
These studies clearly show the interest in the use of liquid enzyme formulations 
for biodiesel synthesis.

A continuous centrifugal contactor separator (CCCS) is a device that that in-
tegrates both the intense mixing of two immiscible liquids and the subsequent 
separation (Figure 3.2) [21,22]. The device basically consists of a hollow rotor 

Figure 3.1. Simplified schematic representation of an enzymatic transesterification in an aqueous- 
organic biphasic system.
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positioned in a larger vessel. The two immiscible liquid phases are introduced 
in the annular zone between the outside of the rotor and the inside of the outer 
housing. Here, an efficient and fast mixing between the two phases occurs, 
which is advantageous for a two-phase liquid-liquid catalytic reaction to elim-
inate mass transfer limitations. The mixture is then transferred inside the cen-
trifuge through a hole in the bottom plate, where the two phases are separated 
by centrifugal forces whilst moving upwards, after which they leave the device 
through separate exits making use of an ingenious weir system [23]. As such, 
the device is an interesting example of process-intensification, acting both as a 
mixer and settler for biphasic liquid-liquid systems.

We have reported on the use of the CCCS device for esterification of fatty 
acids and the transesterifications of plant oils with alcohols [23-26]. For exam-
ple, Kraai, et al. [23] used the CCCS device for the transesterification of sun-
flower oil with methanol using an alkaline catalyst. They found excellent bio-
diesel yields and volumetric production rates. Base catalysed biodiesel synthesis 
was further studied in the CCCS device, including optimization studies [24], as 
well as ethyl ester synthesis from Jatropha oil and ethanol [25], and synthesis 
and refining of methyl esters from sunflower oil using a cascade of two CCCS 
devices [26]. In addition to chemo-catalysis, the esterification of a long chain 
fatty acid with 1-butanol in a biphasic organic-water system using an enzyme 
was also reported by us [23]. However, enzyme-catalysed transesterification re-
actions of plant oils with alcohols have not been reported using the CCCS and 
this is the focus of the research reported in this manuscript. Here, we provide 
the proof of concept for the synthesis of butyl esters from sunflower oil and 
1-butanol in a cascade of a continuous stirred-tank reactor and a CCCS device 
using a homogenous Rhizomucor miehei lipase. In this concept, the majority of 
the reaction is performed in the stirred tank reactor, whereas the CCCS device 
acts as a second reactor as well as an efficient liquid phase separator. The concept 

Figure 3.2. Continuous cen-
trifugal contactor separator 
(CCCS). 
Reproduced from [24].
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is of particular interest as it allows for recycling of the enzyme in the aqueous 
phase; potentially making such processes economically more viable (Figure 3.3).

In the first exploratory phase, the effects of the enzyme concentration and 
residence time in a continuous stirred-tank reactor on the ester yield were de-
termined. The results were modelled using a dynamic reactor model incorporat-
ing enzyme kinetics as they have recently been determined by our group [27]. 
In the second part, cascade reactions using the continuous reactor and the 
CCCS in series were explored and the possibility for enzyme recycling was in-
vestigated. The activity of the enzyme was determined for an experiment using 
a 12 h runtime and the cascade runs were modelled using first principle engi-
neering models. 

2. Materials and methods

2.1. Materials

Commercial sunflower oil produced by Vandermoortele BV, Belgium was used 
as the substrate. 1-Butanol (99%) and Rhizomucor miehei lipase in solution 
(≥ 20,000 Unit.g-1) were obtained from Sigma-Aldrich. n-Hexane (analytical 
reagent) was obtained from Lab-Scan. Chloroform-d (99.8 atom % D) was ob-
tained from Sigma-Aldrich.

2.2. Methods

2.2.1. Enzymatic biodiesel production in the continuous stirred tank reactor

Experiments were performed in a glass reactor (300 mL) surrounded by a heat-
ing jacket connected to a temperature controlled water bath and equipped with 
a stirring device containing two turbines (Figure 3.4). For all experiments, a 
stirring speed of 800 rpm and a temperature of 40°C were used. The two liquid 
inlet streams (water and organic phase) were fed to the reactor using peristaltic 
pumps (Verderlab, Verder UK Ltd.). The level in the reactor was maintained at 
200 mL total liquid volume by continuous removal of reactor content using a 
peristaltic pump (Verderlab, Verder UK Ltd.). 

Three different residence times were applied (30, 60, and 90 min). The ex-
periments were initiated by an initial batch reaction involving filling the reactor 
with hexane (150 mL) containing 40 gr.L-1 sunflower oil and 15 gr.L-1 1-butanol 
(molar ratio oil to 1-butanol of 4.5) and an aqueous phase (50 mL) containing 
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the enzyme (20 to 250 gr.L-1). The reactor was heated to 40°C under stirring 
and the reaction was allowed to proceed for a time equal to the pre-determined 
residence time. The continuous experiment was started by starting the feed and 
outlet pumps. For the experiment at a residence time of 60 min, the feed rates of 
the feed pumps were set at 2.5 mL.min-1 for the organic phase and 0.83 mL.min-1 
for the aqueous phase (Table 3.1). The exit feed pump was set at 3.33 mL.min-1 
to maintain a constant liquid volume in the reactor (200 mL). The feed rate was 
adjusted for experiments at other residence times. The runtime of each experi-
ment was at least equal to three times the residence time. An overview of the ex-
perimental conditions is given in Table 3.1. Samples were taken from the outlet 
stream during the experiment every 15 minutes within the first hour and every 
30 minutes afterward. The phases were separated using a separation funnel. The 
hexane and 1-butanol in the organic phase were removed using a rotary evapo-
rator (60°C, 300 mbar), and the remained product was analysed using 1H- NMR.

Figure 3.3. Scheme of the concept of biodiesel synthesis in a cascade of a continuous stirred-tank 
reactor and a CCCS device with catalyst recycle.

Figure 3.4. Schematic representation of 
the continuous stirred tank reactor.
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2.2.2. Enzymatic biodiesel production in a cascade of a continuous stirred tank reactor 
and a CCCS

Experiments were done in a cascade of two reactors consisting of a con-
tinuous stirred tank reactor as described above (Figure 3.4) and a subsequent 
CCCS device (Figure 3.2). The CCCS used in this study is a CINC V02 (350 mL 
geometric volume) equipped with a heating/cooling jacket connected to a tem-
perature-controlled waterbath and a high-mix bottom plate. The two liquid inlet 
streams (water and organic phase) were fed to the continuous stirred tank re-
actor using peristaltic pumps (Verderlab, Verder UK Ltd.), while a peristaltic 
pump (Verderlab, Verder UK Ltd.) was used to remove the liquids from the 
stirred tank vessel. A schematic representation of the experimental set-up is 
given in Figure 3.5. 

In the first stage of experimentation, optimisation of the weir size, of partic-
ular relevance to obtain a good separation of the organic and aqueous phase in 
the outlet of the CCCS, was performed. For this purpose, experiments using 
three different weir sizes (23.5, 26.04, and 27.94 mm) were carried out. A rep-
resentative feed stream consisting of a representative reaction product obtained 
from experiments carried out in the stirred tank reactor (vide supra was fed 
into the CCCS device at a flow rate of 3.3 mL/min. The CCCS temperature was 
maintained at 40°C and stirring speed was set at 1800 rpm. The output of each 
liquid phase was collected and the amount was measured using a volumetric 
cylinder. The separation performance for a particular weir was determined by 
measuring the amounts of the two phases in each of the outlet streams.

The cascade experiments were performed by initially filling the stirred tank 
reactor with hexane (225 mL) containing 40 gr.L-1 sunflower oil and 15 gr.L-1 
1-butanol (oil to 1-butanol molar ratio of 4.5) and an aqueous phase (75 mL) 
containing 150 gr.L-1 enzyme and stirred at 800 rpm and 40°C for 1 h. After 1 h, 
100 mL of this biphasic mixture was transferred to the CCCS. The actual experi-
ment was then started by switching on the feed pumps to the stirred tank reactor 
and the intermediate feed pump to the CCCS. The runtime for each experiment 
was 8 h (τCSTR = 60 min; τCCCS = 69 min). The volumetric flow rates of the pumps 
were as follows: organic input: 2.5 mL.min-1; aqueous input: 0.8 mL.min-1; con-
tinuous reactor output/CCCS input: 3.3 mL.min-1. The heavy and light phase 
outlets of the CCCS were collected and measured using a volumetric cylinder. 
The quality of the phase separation in the separation part of the CCCS device 
was determined visually and quantitatively by placing the outlet streams in vol-
umetric cylinder for 1 h and then measuring the volumes of both liquid phases. 

Samples of the mixed phase from the stirred tank reactor (Figure 3.5, sam-
pling point 1) and the organic outlet phase of the CCCS (Figure 3.5, sampling 
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point 2) were taken every hour and analysed using 1H-NMR after removal of 
the solvents. An overview of experimental conditions is given in Table 3.1. 

2.2.3. Experiments in the cascade of a continuous stirred tank reactor and a CCCS 
with enzyme recycle. 

 Enzyme recycle in the continuous stirred tank– CCCS set up was done using 
the set-up and conditions mentioned above. The system was run with fresh en-
zyme in aqueous phase for three hours before using aqueous phase collected 
from CCCS heavy phase output as input of stirred tank reactor (Figure 3.6). 

Table 3.1. Experimental conditions for the experiments in the continuous stirred tank reactor and a 
cascade with a stirred tank reactor and a CCCS

Variable Value Range 
Stirred tank reactor
T (°C) 40 -
Stirring speed (rpm) 800
τ (min) in stirred tank reactor experiments - 30 – 90
τ (min) for cascade experiments 60 -
Organic feed rate (mLmin-1)a 2.5 -

Oil feed rate (mLmin-1) 0.109 -
1-butanol feed rate (mL.min-1) 0.046 -

Aqueous feed rate (mL.min-1)a 0.83 -
Enzyme feed rate (mL.min-1) 0.104 -
Enzyme concentration (gr.L-1) - 20 – 250

Liquid volume in reactor (mL) 200 -
CCCS device
T (°C) 40 -
Stirring speed (rpm) 1800 -
Weir size (mm) 27.94 -
Liquid feed (mL.min-1) 3.33 -
τ (min) 69 -

a for experiments with a residence time of 60 min in the stirred tank reactor 

Figure 3.5. Schematic representation of the cascade with a stirred tank and CCCS in series.
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Samples of mixed phase from stirred tank reactor (Figure 3.6, sampling point 1) 
and organic phase from CCCS (Figure 3.6, sampling point 2) were drawn every 
hour and analysed using 1H-NMR after solvent removal. A sample of the aque-
ous phase was taken from sampling point 3 (Figure 3.6) every two hours and 
analysed for enzyme activity and protein, glycerol, and 1-butanol content. An 
overview of experimental conditions for the recycle experiments is given in 
Table 3.2. 

Table 3.2. Experimental conditions for the experiments in a continuous stirred tank reactor and a 
cascade with a stirred tank reactor and a CCCS including enzyme recycle

Variable Value
Stirred tank reactor (CSTR
T (°C) 40
Stirring speed (rpm) 800
ΤCSTR (min) 60
Organic feed rate (mL.min-1) 2.5

Oil feed rate (mL.min-1) 0.109
1-butanol feed rate (mL.min-1) 0.046

Aqueous feed rate (mL.min-1) 0.83
Enzyme feed rate (mL.min-1) 0.104
Enzyme concentration (gr.L1) 150

Liquid volume in the reactor (mL) 200
CCCS device
T (°C) 40
Stirring speed (rpm) 1800
Weir size (mm) 27.94 
Liquid feed rate (mL.min-1) 3.33
ΤCCCS (min) 69

 

Figure 3.6. Schematic representation of the continuous cascade consisting of a stirred tank reactor 
and CCCS device
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2.3 Analytical methods

The FABE yield was determined using 1H-NMR. Samples of 1 mL were taken 
from the CSTR and CCCS outlet streams. Absolute acetic acid (0.1 mL) was 
added to the samples from the CSTR outlet to inactive the enzyme, and subse-
quently the organic and aqueous layers were separated. The samples from the 
CCCS outlet were already phase separated and were analysed as such. Hexane 
and 1-butanol were removed from the organic layer of all CSTR and CCCS sam-
ples using a rotary evaporator (60°C, 300 mbar). 50 μL of the hexane-and-1-bu-
tanol-free sample was mixed with 700 μL CDCl3 in an NMR tube. The mixture 
was analysed using a 300 MHz NMR (Varian Inc.). The FABE yield was deter-
mined by comparing the intensity of quartet signal of CH2 group of the ester 
end group (δ 4.1 ppm) with respect to signal intensity of the methyl end group 
of fatty acids (δ 0.89 ppm) [25]. 

Lipase activity was determined using a method described by Kwon and 
Rhee [28], while the protein concentration was determined gravimetrically 
using the TCA precipitation method. For this purpose, 1000 μL of the sample 
was added to a 250 μL TCA solution (from a stock solution consisting of 5 g 
TCA diluted with 3.5 mL distilled water) and incubated for 10 minutes at 4°C. 
The mixture centrifuged at 14000 rpm for 5 minute, and then the supernatant 
separated for glycerol and 1-butanol concentration determination. The residue 
(proteins) was washed and centrifuged using cold acetone twice, and then dried 
at 60°C and weighted.

The glycerol and 1-butanol concentration in the recycled aqueous enzyme 
solution were determined using HPLC. Before injection, the sample was diluted 
100 times using distilled water. The solution was injected into an HPLC (HP 
1200 series) equipped with Biorad organic column (Aminex HPX-87H, 60°C) 
and UV and RI detector (HP 1260). The samples were run for 80 minutes with 
sulphuric acid (5 mM, 0.05 mL.min-1) as the eluent. Glycerol and 1-butanol 
concentration were determined by comparing peak intensities with a calibration 
curve made by using pure compounds. 

2.4 Definitions

The residence time in the continuously stirred tank reactor was defined as the 
total liquid volume in the reactor (
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3. Results and discussion

3.1. Enzymatic biodiesel production in the continuous stirred tank reactor

Exploratory biphasic experiments with sunflower oil as a representative example 
of a pure plant oil and 1-butanol as the alcohol were done in a continuously 
stirred tank reactor (CSTR) to determine the optimum residence time and en-
zyme concentration. The experiments were performed at 40°C with an organic 
to aqueous volume ratio of 3 and an oil to 1-butanol molar ratio of 4.5. These 
values were taken from optimized batch experiments performed earlier in our 
group [27]. An overview of experimental conditions is given in Table 3.1. All 
experiments were carried out in duplicate to gain insights in the reproducibility 
of the reaction. The reactions were started up in a batch mode and at t = 0 the 
pumps were started. The FABE yield versus the runtime for two typical experi-
ments at different residence times using an enzyme concentration of 20 gr.Laq-1 
enzyme is given in Figure 7. At the lower residence time (30 minutes) an aver-
age of FABE yield of 12%-mol was obtained. Improved yields (22%-mol) were 
obtained by increasing the residence time to 60 min. The slight decrease in yield 
over time when using the 60 minutes residence time is likely related to the rel-
atively short runtime, and as such the steady state may not have been reached 
already. This is confirmed by performing experiments at prolonged runtimes 
(up to 8 h, see the next section). Experiments in the CSTR were performed in 
duplicate and the FABE yield at a certain time is the average of a duplicate or 
triplicate. The results as given in Figure 3.7 show that the reproducibility of the 
reactions is good. These preliminary experiments clearly show that the enzyme 
is capable of catalysing the transesterification of pure plant oil with 1-butanol in 
a biphasic system, though optimisation of process conditions will be required to 
improve the yields.

To further enhance the FABE yield, a number of experiments with higher en-
zyme concentrations and longer residence times were performed at otherwise 
similar conditions (Table 3.1) and the results are shown in Figure 3.8. The FABE 
yield is a clear function of the enzyme concentration (Figure 3.8) and a clear op-
timum at about 150 g.Laq-1 is visible when using a residence time of 60 minutes. 
This maximum is most likely related to the available interfacial area in relation 
to the amount of enzyme. The enzymatic reaction is known to be an interfacial 
reaction, with the enzyme residing in the water phase and the oil substrate in 
the organic phase (Figure 3.1). When considering the volumetric phase ratio 
used in the experiment (Vorg/Vaq = 3), the biphasic system is best described as 
a reverse micellar system [29], with the enzyme contained in an aqueous drop-
let. At enzyme concentration of about 150 g.Laq-1, the interface surface is likely 
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fully covered by enzyme and a further increase does not lead to higher reaction 
rates [10]. The actual reduction in the activity of the enzyme using a 250 g.Laq-1 
enzyme concentration may be caused by enzyme agglomeration as well as a 
higher extent of enzyme inactivation by 1-butanol due to a lower effective water 
content in the reverse micelle [30]. 

The highest average FABE yield within the experimental window was 
about 65.5%-mol, obtained when using a residence time of 60 min. Further 

Figure 3.7. FABE yield versus time produced in a continuously stirred tank reactor using a residence 
times 30 minutes () and 60 minutes () with an enzyme concentration of 20 gr.Laq-1. Experiments 
were done in duplicate; lines are for illustrative purpose only.

Figure 3.8. Average product yield versus enzyme concentration at different residence times for reac-
tions in the CSTR: () 30 minutes; () 60 minutes; () 90 minutes.
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optimisation studies e.g. by prolonging residence times and the use of other 
phase ratio’s, was not performed as a FABE yield of 65.5%-mol was considered 
optimal with respect to subsequent experimentation in a cascade of a stirred 
tank reactor and a CCCS device. 

The volumetric production rate of the experiment using 150 g.Laq-1 of enzyme 
calculated using Eq. 3.4 was 0.25 kg FABE.m-3.min-1 when using a 90 min resi-
dence time, and 0.38 kg.m-3.min-1 when using a residence time of 60 min. These 
volumetric production rates are slightly lower than those reported by Price et al. 
for a Thermomyces lanuginosus lipase (CalleraTM Trans L) in a fed batch reactor 
(0.47 kg.m-3.min-1) [17].

3.2 CSTR modelling

The experimental data obtained in the CSTR reactor (Figure 3.8) were modelled 
using the mass balances in combination with the known enzyme kinetics for 
sunflower oil transesterification with 1-butanol using the homogeneous lipase 
(Rhizomucor miehei) in an aqueous-organic biphasic system (Ping Pong Bi Bi 
mechanism with non-competitive inhibition by 1-butanol and a term for irre-
versible enzyme deactivation during reaction) [27].

3.2.1 Model development

The continuous stirred tank experiments were operated in two stages. In a first 
stage the reactor was operated in batch mode during a time batchtt ≤≤0 . After 
this initial batch stage the operation in actual continuous mode started by 
switching on the organic and aqueous feed pumps and outlet pump. 

The enzyme in the system is confined to the aqueous phase and is subject to 
deactivation according to first order kinetics [27].
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The equa�ons 3.5 and 3.6 can be solved for the concentra�on of ac�ve enzyme  

 

]exp[:0 ,
0
,, tkCCtt enziactenzactenzbatch                    (3.8) 

 

aqenzi

aq

batch
aqenzi

in
actenz

aq

batch
aqenzibatchenziactenzactenzbatch

k

tt
k

C

tt
ktkCCtt

,

,

,

,,
0
,,

1

])1(exp[1

])1(exp[:

               (3.9) 

 

 (3.5)

where actenzC ,  denotes the active enzyme concentration in the aqueous phase. 
During the initial operation of the reactor in batch mode the amount of active 
enzyme decreases according to 

 (3.6)
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In the second stage, where the reactor is operated in the continuous stirred 
tank mode, the amount of active enzyme varies in time due to the addition of 
active enzyme with the inflowing aqueous stream, 
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. Thus the amount of active enzyme in the continuous stirred 
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The build-up of the product, acyl butyl ester, in the organic phase of the reactor 
can be described by the differential equations 
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where again the two stages of batch and continuous operation of the reactor have to be taken into 

account. Previously we established the production rate of acyl butyl ester by the enzymatic 

transesterification of triglycerides with n-butanol in an aqueous-organic two-phase system based on 

the Ping Pong mechanism as [27]. 
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where orgSC ,  denotes the acyl concentration in the organic phase and orgAC ,  the butanol 

concentration also in the organic phase.  

 Similarly, we can write the balance for the amounts of acyl, S  in the reactor  
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The number of moles of butanol in the reactor, AN , is given by  
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and its variation by  
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where again the two stages of batch and continuous operation of the reactor 
have to be taken into account. Previously we established the production rate 
of acyl butyl ester by the enzymatic transesterification of triglycerides with n- 
butanol in an aqueous-organic two-phase system based on the Ping Pong mech-
anism as [27].
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where the amount of acyl is written in terms of its concentration in the organic phase, orgSC , , and 

the amount of butanol as its total number of moles in the reactor, AN , because butanol is present in 

both the organic and aqueous phases.  

 For the conditions used here it is reasonable to assume that the concentrations of butanol in 

the aqueous and organic phases are always at equilibrium, see Supplementary material for a 

justification of this assumption. Then the concentration of butanol in the organic phase, orgAC , , is 

related to AN  via )//(, orgaqAorgA VPVNC ��  and (Eq. 3.14) can be rewritten explicitly in terms of 

orgAC ,   
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where aqorgV VVR /�  denotes the volume ratio of the organic and aqueous phases.  

 

The observable is the yield of FABE which was defined as:  
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3.2.2 Model results 
The parameters used for the modelling activities are provided in Table 3.3. 
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where again the two stages of batch and continuous operation of the reactor have to be taken into 

account. Previously we established the production rate of acyl butyl ester by the enzymatic 

transesterification of triglycerides with n-butanol in an aqueous-organic two-phase system based on 

the Ping Pong mechanism as [27]. 
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where orgSC ,  denotes the acyl concentration in the organic phase and orgAC ,  the butanol 

concentration also in the organic phase.  
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The number of moles of butanol in the reactor, AN , is given by  

 

aqAaqorgAorgA CVCVN ,, ��                    (3.13) 

 

and its variation by  
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3.2.2 Model results 
The parameters used for the modelling activities are provided in Table 3.3. 

 

 

Table 3.3. Parameters of modelling activities

Parameters Value
Experimental conditions

Vorg 0.15 L

Vaq 0.05 L

CC,org[g/L] 40 grLorg-1

Kinetic parameters

kenz 0.794 × 10-3 

ki,enz 0.007 

Km,S 0.335 mol.Lorg-1

KI,A 0.0715 mol.Lorg-1

Physical properties

P 0.6 

MA = Mbutanol 74.1 gr.mol-1

MS = Moil 885 gr.mol-1
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 The modelled concentration profiles of the substrates and the products as well as the 

enzyme concentration versus the time for an experiment in the CSTR with a residence time of 60 min 

and an inlet enzyme concentration of 20 gr.L-1 is given in Figure 3.9. Clearly, the non-stationary 

behaviour at the start-up of the reactor in batch mode is visible. Of interest is the modelled steady 

state concentration of the enzyme, which is about 16.5 gr.L-1, due to enzyme deactivation; this value 

is lower than the inlet enzyme concentration  (20 gr.L-1).  

 

Figure 3.9. Concentrations calculated with τ = 60 min and �����  = 20 gr.L-1 

81 
 

Table 3.3. Parameters of modelling activities 

Parameters Value 

Experimental conditions 

����� 0.15 L 

��� 0.05 L 

������������
�  40 grLorg

-1 

Kinetic parameters 

����  0.794 x 10-3  
��� ����

���� ���
 � 	

���
 

������ 0.007 
	
�
 

��� 0.335 mol.Lorg
-1 

���� 0.0715 mol.Lorg
-1 

Physical properties 
P 

0.6 
����� �����

���� ����
 � �

������
�����

������� ��� 

�� � ���������  74.1 gr.mol-1 

�� � �����  885 gr.mol-1 

 

 The modelled concentration profiles of the substrates and the products as well as the 

enzyme concentration versus the time for an experiment in the CSTR with a residence time of 60 min 

and an inlet enzyme concentration of 20 gr.L-1 is given in Figure 3.9. Clearly, the non-stationary 

behaviour at the start-up of the reactor in batch mode is visible. Of interest is the modelled steady 

state concentration of the enzyme, which is about 16.5 gr.L-1, due to enzyme deactivation; this value 

is lower than the inlet enzyme concentration  (20 gr.L-1).  

 

Figure 3.9. Concentrations calculated with τ = 60 min and �����  = 20 gr.L-1 

81 
 

Table 3.3. Parameters of modelling activities 

Parameters Value 

Experimental conditions 

����� 0.15 L 

��� 0.05 L 

������������
�  40 grLorg

-1 

Kinetic parameters 

����  0.794 x 10-3  
��� ����

���� ���
 � 	

���
 

������ 0.007 
	
�
 

��� 0.335 mol.Lorg
-1 

���� 0.0715 mol.Lorg
-1 

Physical properties 
P 

0.6 
����� �����

���� ����
 � �

������
�����

������� ��� 

�� � ���������  74.1 gr.mol-1 

�� � �����  885 gr.mol-1 

 

 The modelled concentration profiles of the substrates and the products as well as the 

enzyme concentration versus the time for an experiment in the CSTR with a residence time of 60 min 

and an inlet enzyme concentration of 20 gr.L-1 is given in Figure 3.9. Clearly, the non-stationary 

behaviour at the start-up of the reactor in batch mode is visible. Of interest is the modelled steady 

state concentration of the enzyme, which is about 16.5 gr.L-1, due to enzyme deactivation; this value 

is lower than the inlet enzyme concentration  (20 gr.L-1).  

 

Figure 3.9. Concentrations calculated with τ = 60 min and �����  = 20 gr.L-1 

⁰



Chapter 3
3. Results and discussion

79

concentration of the enzyme, which is about 16.5 gr.L-1, due to enzyme deacti-
vation; this value is lower than the inlet enzyme concentration (20 gr.L-1). 

The modelled FABE yields in the steady state versus the enzyme concentra-
tion for various experiments at different residence times are given in Figure 3.10. 

The model lines predict that the FABE is a function of the enzyme concen-
tration, with higher concentrations leading to higher FABE yields. In addition, 
it also clearly shows that, as expected, the residence time is of importance and 
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Figure 3.10. Modelling results parameters given in Table 3.3. Symbols: experimental data.



Chapter 3
Continuous fatty acid butyl ester synthesis using a Rhizomucor miehei lipase

80

highest FABE yields are attained at the highest residence times, However, the 
effect of changing the residence times from 60 to 90 min is by far less than when 
going from 30 to 60 min, particularly when considering intermediate enzyme 
concentrations (50-150 gr.L-1).

The experimental data points are also given in Figure 3.10. Clearly, the fit be-
tween model and experiments at low enzyme concentrations is reasonably good 
whereas the deviation between experiment and model is considerable at the 
highest enzyme concentration. In addition, the model predicts a steady increase 
in the FABE yield versus enzyme concentration whereas the experimental point 
at higher enzyme concentrations (τ of 60 min) shows a reduction. The latter 
may be explained by considering that the kinetic model has only been derived 
for enzyme concentrations below 200 gr.L-1. 

Possible explanations for the deviation between the model and experimental 
data points are related to the actual enzyme concentration in the CSTR reac-
tor. It is well possible that the shear forces in this device are higher than for 
the set-up used to determine the enzyme kinetics and these are known to af-
fect the deactivation rate of the enzyme. In addition, the formation of a small 
amount of a third layer between the glycerol and ester layer was observed ex-
perimentally which may be enriched in enzymes due to agglomeration [31,32]. 
Both effects will lead to an effective reduction of the enzyme concentration in 
the CSTR, leading to reduced FABE yields. To gain some insights in the im-
portance of these effects, the effect of higher levels of enzyme deactivation and 
effective removal of the enzyme to a third phase were modelled using the fol-
lowing equations: 
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The experimental point with an enzyme concentration of 250 gr.L-1 is ne-
glected in the optimization. However the number of data points proved to be 
insufficient to obtain reliable values for the parameters Fn (n = 1,2). The result 
for a manual optimization is given in Figure 3.11. As such, it seems that the 
experimental data can be modelled using a 3 time higher value for the kinetic 
constant of enzyme deactivation and by halving the amount of enzyme due to 
the formation of a third layer with inactive enzyme. 
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3.3. Enzymatic biodiesel production using a cascade of a continuously 
stirred tank reactor and a CCCS

3.3.1. Phase separation optimization in the CCCS

Before performing actual enzymatic reactions in the CCCS device, the phase 
separation performance for the organic and aqueous phase outlets was inves-
tigated. This is a critical performance indicator, as it is essential to have good 
separation between the two outlet liquid streams. Phase separation optimisation 
experiments were carried out using a representative reaction product of exper-
iments carried out in the stirred tank reactor containing glycerides, fatty acids, 
butyl ester and 1-butanol in hexane (organic phase), and enzyme, glycerol and 
1-butanol in water (aqueous phase). The inlet flow rate of the CCCS feed was 
set at 3.3 mL.min-1. Separation performance is a strong function of the size of 
certain rings in the top of the CCCS device (weir size). When using a weir size 
of 23.49 mm; as suggested by the supplier based on amongst others density dif-
ferences between the two phases to be separated, separation performance was 
not on par. A small amount of aqueous phase was present in light phase output, 
while significant amount of the organic phase were found in the heavy phase 
output (Table 3.4). Optimisation of the weir size revealed that good separation 
performance was obtained with a size of 27.94 mm, though quantitative separa-
tion is not possible, possibly due to the presence of the enzyme at the interface, 
affecting surface related properties (e.g. surface tension).
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Figure 3.11. Results for manual optimization of kinetic constants (dashed lines). Symbols: experi-
mental data, solid lines: modelling results.
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Table 3.4. Separation performance of the CCCS for various weir sizes.

Weir size
(mm)

Light phase output Heavy phase output
Organic phase 
(%-vol)

Aqueous phase 
(%-vol)

Organic phase 
(%-vol)

Aqueous phase 
(%-vol)

23.49 93.9 ± 0.6 6.1 ± 0.6 27.1 ± 4.0 72.9 ± 4.0

26.03 93.9 ± 0.2 6.1 ± 0.2 24.3 ± 4.3 75.7 ± 4.3

27.94 98.3 ± 1.4 1.7 ± 1.4 7.1 ± 4.2 92.9 ± 4.2

3.3.2 Experimental studies in a cascade of a stirred tank reactor and a CCCS device in 
series

Initial experiments in the continuously stirred tank reactor gave a FABE yield 
of 65.5%-mol when using 150 gr.Laq-1 of enzyme and 60 min residence time. To 
further enhance the conversion and to separate the two outlet streams, a CCCS 
device was positioned in series after the stirred tank reactor. A schematic repre-
sentation of the continuous set-up is given in Figure 3.6, relevant process param-
eters are given in Table 3.1. An experiment was started by performing a batch 
type experiment in the stirred tank reactor. After a predetermined time, part of 
the content of the stirred tank reactor was transferred to the CCCS device. At 
this time, the feed pumps to the stirred tank reactor and the CCCS were started 
and this was actually the start of an experiment. As such, these experiments 
were carried out in a once-through mode without enzyme recycle. Operational 
issues were not encountered for the 8 h runs. Samples were taken periodically 
from the outlet of the stirred tank reactor and the outlet of the CCCS device (or-
ganic phase) and analysed. The average FABE yield versus runtime for several 
8 h runs at both sampling points is given in Figure 3.12. 

The FABE yield in the outlet of the stirred tank reactor varies between 63.4 
and 77.9%-mol. Of interest is to see that the FABE yield in the outlet of the cas-
cade is on average higher than 90%-mol and values of 93.9%-mol were observed. 
These findings indicate that, besides allowing for an efficient separation of the 
outlet streams, the CCCS also acts as a reactor and an on average 16.5%-mol 
FABE yield is obtained in the device (Figure 3.12). As such, we have shown the 
proof of principle for the continuous synthesis of FABE in a cascade of a stirred 
tank reactor and a CCCS device with integrated liquid-liquid separation to give 
FABE in yields up to 90%-mol.

The volumetric production rate of FABE in the cascade was calculated using 
Eq. 3.4 and found to be 0.23 kg.m-3.min-1. This value is lower than that of the 
CSTR alone (0.38 kg.m-3.min-1), which is due to the by far higher total liquid 
volume of the two reactors in the cascade experiment (460 mL) compared to 
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that of the CSTR alone (200 mL). The volumetric production rate is much lower 
than the one reported by Kraai et al. for a base catalysed biodiesel synthesis re-
action [24], which was 61 kg.m-3.min-1 using a standalone CCCS device. These 
differences are due to the by far lower intrinsic reaction rates of enzymes com-
pared to base catalysts for biodiesel synthesis [33]. 

3.3. Effect of enzyme recycle on product yield

Recycle of the homogeneous enzyme is of high importance to reduce the cost 
of enzymatic biodiesel production [20]. The concept using a biphasic liquid-liq-
uid systems with the enzyme having a preference for the water phase allows in 
theory for efficient enzyme recycle (Figure 3.3). The effect of enzyme recycle 
was experimentally investigated by reintroducing the aqueous phase outlet of 
the CCCS device back to the continuously stirred tank reactor. The experiment 
was started by performing a reaction for 3 h in the cascade at similar condi-
tions as the cascade experiment discussed above (Table 3.2). During this pe-
riod, the aqueous stream from the CCCS outlet containing the enzyme was 
collected. Subsequently, this enzyme containing recycle stream was reintro-
duced into the stirred tank reactor and the feeding of fresh enzyme was ceased 
(Figure 3.6). After enzyme recycle was started, the experiment was run for an-
other 9 h. Samples to determine the product yield were taken from CSTR out-
let/CCCS inlet (sampling point 1, Figure 3.6) and from the CCCS light phase 

Figure 3.12. FABE yield for a cascade experiment using a continuous stirred tank reactor coupled 
with the CCCS: () outlet of stirred tank reactor () yield of CCCS output.
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outlet (sampling point 2, Figure 3.6), while samples for enzyme activity analy-
sis were taken from the aqueous phase inlet stream of CSTR (sampling point 3, 
Figure 3.6). The results are given in Figure 3.13. It can be seen that the product 
yield in the exit of the cascade decreased steadily during the recycle experiments.

To gain insight in this reduction in activity over the runtime of the experi-
ments, the enzyme activity and the protein content of the feed inlet stream to 
the stirred tank reactor were measured and the results are given in Figure 3.14. 
It is clear that the protein content is reduced when starting the recycle stream 
(t = 3 h) to about 80% of the original value and then remains constant (except 
for the drop between 10 and 12 h runtime). The explanation for this reduction 
is accumulation of enzyme in an (visually observed) interphase layer between 
the aqueous and organic phase in the enzyme recycle collection vessel. The for-
mation of such interphase layers enriched in enzymes has been reported for bi-
phasic liquid-liquid systems in the literature [31,32].

The lipase activity of the remaining enzyme in the recycle stream was also 
determined and also a reduction in activity was observed when starting enzyme 
recycle (Figure 3.14). The activity was about constant between runtime 4 and 
8 h, but reduced sharply afterwards. The initial drop in activity is partly due 
to enzyme loss in the interphase layer but, given the higher reduction in activ-
ity compared to protein content (Figure 3.14), other factors play a role as well. 
Possibilities are both inhibition of the enzyme by 1-butanol and irreversible en-
zyme deactivation. Indeed, both factors were observed in batch studies when 
using this particular biphasic enzyme system and both were quantified using 
kinetic modelling [27].

Figure 3.13. Effect of enzyme reuse on product yield of continuous reactor output () and contin-
uous reactor coupled with CCCS output (). Enzyme reuse started at the fourth hour (dash line).
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To determine the extent of 1-butanol inhibition, the amount of 1-butanol 
in the recycle stream was measured experimentally and the results are given 
in Figure 3.15. After a run time of 3 h, the amount of 1-butanol in the recycle 
stream increased due to the start of the recycle stream. This increase is caused 
by the fact that 1-butanol i) is fed in excess to the oil to the cascade and as 
such is not quantitatively converted and ii) has a certain solubility in the aque-
ous stream. As such, 1-butanol inhibition of the enzyme plays a role and will 
lead to a reduction in the FABE during the recycle experiments. In addition, 
the glycerol formed during reaction has a high affinity for water than for the 
organic product phase and as such accumulates in the aqueous recycle stream 
(Figure  3.15). The presence of substantial amounts of glycerol may also affect 
the distribution of 1-butanol between the aqueous and organic product stream. 
A higher affinity of 1-butanol in the aqueous phase is expected at higher glyc-
erol concentrations, which will lead to higher levels of enzyme inhibition by 
1-butanol.

The trends in Figures 3.13 and 3.14, i.e. a reduction in FABE yield may be due 
to i) accumulation of enzyme in a separate layer in the enzyme recycle vessel, 
ii) 1-butanol inhibition and iii) possibly also some irreversible enzyme deacti-
vation (as observed in batch studies). The residual enzyme activity as given in 
Figure 3.14 was modelled and the results are given in the next paragraph.

Figure 3.14. Residual protein content () and lipase activity () during enzyme reusability experi-
ment. Enzyme reuse started at the fourth hour (dash line).
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3.4 Modelling of the enzyme activity for the cascade experiment with 
enzyme recycle

A model was developed for the concentration of active enzyme in the system for 
the experiment where the effects of enzyme recycling on the product yield were 
studied. The enzyme is again assumed to deactivate according to first order ki-
netics as shown in Eq. 3.5. These experiments are characterized by 4 consecutive 
stages concerning the way the reactors are operated. 

In the first stage the stirred tank reactor (STR) is filled with the two-
phase reaction mixture, and operated in batch mode over the time interval of 

batchtt ≤≤0 . The amount of active enzyme decreases according the first order 
rate law: 
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 and its exit flow is input to the 
CCCS. This way the CCCS is gradually filling-up while operating in a semi-batch 
mode over the time interval of fillbatch ttt ≤≤ . The concentrations follow from 

Figure 3.15. Glycerol () and 1-butanol () accumulation in aqueous phase during enzyme recycle 
experiments. Enzyme reuse started at the fourth hour (dash line).
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In the third stage, both the STR and CCCS are completely filled and operated 
in a continuous mode. The exit of the STR is input to the CCCS, and the aque-
ous exit of the CCCS is accumulated in a storage vessel (SV). The amounts of 
active enzyme in the STR, CCCS and the SV follow from 
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where the volume of the aqueous phase in the SV increases over time according 
to 
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)()( ,,,, switchstraqstrenzistrsvaqv
str

straq ttVCkCC
dt

dC
V �����                (3.24) 

)()( ,,,, switchccsaqccsenziccsstraqv
ccs

ccsaq ttVCkCC
dt

dC
V �����                (3.25) 

)()(,, switchsvccsaqv
sv

svaq ttCC
dt

dC
V ����                  (3.26) 

 

 The resulting equations (3.18 – 3.26) describe the various stages of operation of the 

experiment with enzyme recycling. The equations were solved to obtain calculated values of the 

residual enzyme activity at sampling point 3 (see Figure 3.6) at the entrance of the STR. For the time 

interval switchtt ��0  this value is associated with the make-up enzyme concentration in the feed 

stream from the stock solution of enzyme, while for the time switchtt �  the value is associated with 

the concentration of active enzyme in the SV.  

 Figure 3.16 shows a comparison of the modelling results and the measured data points, 

where the calculated line for switchtt �  was obtained with a manually optimized correction factor of 

0.55 for the deactivation rate constant enzik ,  as obtained from our previous work [27]. A reasonably 

good fit is obtained this way, especially when taking into account the complexity of the recirculation 

system, including a stirred reactor, a centrifugal reactor and a storage vessel, over a period of 12 

hours.  
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The resulting equations (3.19 – 3.27) describe the various stages of oper-
ation of the experiment with enzyme recycling. The equations were solved to 
obtain calculated values of the residual enzyme activity at sampling point 3 (see 
Figure 3.6) at the entrance of the STR. For the time interval switchtt ≤≤0  this 
value is associated with the make-up enzyme concentration in the feed stream 
from the stock solution of enzyme, while for the time switchtt >  the value is 
associated with the concentration of active enzyme in the SV. 

Figure 3.16 shows a comparison of the modelling results and the measured data 
points, where the calculated line for switchtt >  was obtained with a manually opti-
mized correction factor of 0.55 for the deactivation rate constant enzik ,  as obtained 
from our previous work [27]. A reasonably good fit is obtained this way, especially 
when taking into account the complexity of the recirculation system, including a 
stirred reactor, a centrifugal reactor and a storage vessel, over a period of 12 hours. 

4. Conclusions

In this study, we have shown the proof of concept for the continuous production 
of butyl ester biodiesel from sunflower oil and 1-butanol using a free lipase in 
an aqueous-organic biphasic in a single CSTR and CCCS as well as a cascade 
of a CSTR and CCCS reactor. The experimental data obtained in the CSTR re-
actor were successfully modelled using the mass balances in combination with 
the known enzyme kinetics for sunflower oil transesterification with 1-butanol 
using the homogeneous lipase (Rhizomucor miehei) in an aqueous-organic bi-
phasic system (Ping Pong Bi Bi mechanism with non-competitive inhibition 
by 1-butanol and a term for irreversible enzyme deactivation during reaction). 
Optimisation studies in the cascade lead to steady state FABE yields of up to 
92%-mol for a runtime of 8 h. Operational issues were not observed for these 
continuous once-through experiments. Volumetric production rates were close 
to those reported for biodiesel synthesis in fed batch and continuous set-ups 
using a free enzyme (Thermomyces lanuginosus lipase). Enzyme recycling was 
investigated by reintroduction of the aqueous phase containing the enzyme in 
the feed of the cascade. FABE yield was shown to decrease over the runtime, 
likely due to enzyme loss by the formation of an interfacial layer combined 
with enzyme inhibition by 1-butanol and irreversible enzyme deactivation. 
The enzyme activity versus runtime was measured and successfully modelled. 
Measures to improve the concept and to allow for a more efficient recycle strat-
egy involve the use of a separation unit in the recycle stream to remove butanol 
and glycerol (bleed) and as such reduce enzyme inhibition by 1-butanol. These 
dedicated process studies are beyond the scope of this manuscript. 
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5. Nomenclature

A, P, S  denotes the components n-butanol, ester and acyl, respectively 
C  concentration, mol.L-1 
CCCS  continuous contactor centrifugal separator
Cenz,act  concentration of active enzyme in the aqueous phase, gr.L-1 
Cenz,act  initial concentration of active enzyme in the aqueous phase in 

the batch operation stage, gr.L-1 
Cenz,act  concentration of active enzyme in the aqueous feed in the 

continuous operation stage, gr.L-1 
Km,S  Michaelis Menten constant, = 0.355 mol.L-1 
kenz  kinetic rate constant, = 0.794 × 10-3 mol.Lorg-1.gr-1.Laq.s-1 
ki,enz  deactivation constant of the enzyme, = 0.007 s-1 
P  distribution coefficient of butanol, P = (CA,org / CA,aq)eq

RV  phase volume ration, RV = Vorg / Vaq

(renz)deactivation deactivation rate of the enzyme, gr.Laq-1.s-1
STR  stirred tank reactor
SV  storage vessel
tbatch  time of the initial stage of operation in batch mode, s 
V  volume, L 
Vaq,ccs,0  amount of aqueous phase transferred, with the reaction mix-

ture, from the STR to the CCS at the time t = tbatch, L

0 2 4 6 8 10 12 14

time [h]

0

20

40

60

80

100

re
si

du
al

 e
nz

ym
e 

ac
tiv

ity
 [%

]

Figure 3.16. Residual lipase activity measured at sampling point 3 in the enzyme recycling test. Sym-
bols: measured; solid lines: calculated from Equations 3.19 – 3.27; dashed line: start of enzyme recycling.
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Greek symbols 

vφ   volumetric flow rate, L.min-1 
τ   average residence time (= vV ϕ/ ), s

Subscripts 

A, P, S  denotes the components n-butanol, ester and acyl, respectively 
aq  aqueous phase 
ccs  contactor centrifugal separator
eq  at equilibrium 
org  organic phase
str  stirred tank reactor
vs  storage vessel 
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CHAPTER 4
Process intensification of catalytic liquid-
liquid solid processes; continuous biodiesel 
production using an immobilized lipase  
in a centrifugal contactor separator 



Abstract

Biodiesel (FAME) synthesis from sunflower oil and methanol using an 
immobilized lipase, an example of a liquid-liquid solid reaction, was 
studied in batch and various continuous reactor set-ups including the 
use of a centrifugal contactor separator (CCCS). The latter is an ex-
ample of a highly intensified device, integrating liquid-liquid reactions 
and subsequent phase separations. An exploratory study in batch was 
performed to optimize enzyme and buffer concentrations. Close to 
quantitative biodiesel yields were obtained at 30°C when using 20% 
(w/w) of enzyme after a batch time of about 250 min. Subsequent con-
tinuous biodiesel synthesis was performed in a stirred tank reactor 
(CSTR) and a CCCS device. In the latter case, the immobilised enzyme 
was present in the annular, outer zone of the device. Average biodiesel 
yields in the CSTR and CCCS were similar (72%-mol respectively) 
when using a weight hourly space velocity (WHSV) of 3.3 and 3.03 h-1, 
respectively, at 30°C. Cascade experiments were performed in a CSTR 
followed by a CCCS with the immobilised enzyme present in both re-
actors. The cascade was run for 9 h without any operation issues and 
an average FAME yield of 85%-mol was obtained. The advantage of 
the use of the cascade compared to a single CSTR is an improved yield 
combined with an efficient separation of the biodiesel layer and the 
glycerol. The biodiesel yield was stable for a 9 h run time, indicating 
that enzyme deactivation during the cascade was negligible. The per-
formance of the various reactor configurations could be modelled suc-
cessfully using standard balances for continuous reactors in combina-
tion with a kinetic model derived from the batch experiments. 

Keywords: biphasic system, biocatalysis, Rhizomucor miehei lipase, 
substrate inhibition, sunflower oil transesterification, modelling

M. Ilmi, A. Kloekhorst, J.G.M. Winkelman, G.J.W. Euverink, C. Hidayat, H.J. Heeres, Process intensi-
fication of catalytic liquid-liquid solid processes; continuous biodiesel production using an immobi-
lized lipase in a centrifugal contactor separator, submitted to Chemical Engineering Journal.



Chapter 4
1. Introduction

95

1. Introduction

Biodiesel has increased in popularity the last decade and is an attractive alter-
native for diesel fuel due to its renewable character and its ability to be used in 
existing engines without substantial modifications [1,2]. The worldwide produc-
tion of biodiesel has grown from 2.4 billion litres per year in 2004 to 29.7 billion 
litres per year in 2014 [3]. Production volumes are expected to further increase 
in the future, giving biodiesel a bright future.

The main technology to produce biodiesel is the transesterification of tri-
glycerides with alcohols (in most cases methanol) catalysed by either chemo- or 
biocatalysts. Chemocatalysts like inorganic bases are commonly used due to 
their low cost and high reaction rates [4]. Biocatalysts have recently attracted 
attention as they have shown to perform better than base catalysts like i) a bet-
ter compatibility with oils and fats contaminated with free fatty acids (like used 
cooking oils), ii) soap formation is avoided, iii) a less complicated biodiesel 
work-up, and iv) a lower energy input [1,4].

The most critical issue for the application of enzymes in biodiesel production 
is the cost of the catalysts. A way to reduce cost is repeated usage/recycle of 
the enzyme [1,5]. One of the possibilities is the immobilization of the enzymes 
in a solid matrix, which allows for enzyme recovery and reuse using a simple 
filtration method in batch [6], or the use of packed-bed or slurry reactors when 
using a continuous process configuration.

Current commercial biodiesel processes are still typically performed in batch 
or fed-batch reactors. However, there is an incentive to use continuous produc-
tion configurations as they allow for better product consistency and reduced 
downtimes [1,7–9]. Possible reactors for biodiesel production using immobil-
ised catalysts are stirred tank and packed bed reactors. [7,8,10–12]. Easy of op-
eration and less complications regarding product-catalyst separation favour the 
use of packed-bed reactors [12–14].

Biodiesel synthesis is an example of a biphasic liquid-liquid reaction. At the 
start of the reaction, the oil/fat and methanol are not fully miscible and form 
a liquid-liquid system. At the end of the reaction, biodiesel and glycerol again 
form two separate liquid phases. During reaction, intense mixing is required be-
tween the two phases to eliminate possible mass transfer limitations that will re-
duce the overall rate of the reactions. In addition, the product layers need to be 
separated after reaction by using a settler. Recently, we have shown that biodiesel 
synthesis may be carried out very efficiently in a continuous mode when using 
a continuous centrifugal contactor separator (CCCS). It is a device that inte-
grates both intense mixing of two immiscible liquids and subsequent separation 
(Figure 4.1) [15,16]. The device basically consists of a hollow rotor positioned in 
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a larger vessel. The two immiscible liquid phases are introduced in the annular 
zone between the outside of the rotor and the inside of the outer housing. Here, 
an efficient and fast mixing between the two phases occurs, which is suitable 
for a two-phase liquid-liquid catalytic reaction. The mixture is then transferred 
inside the centrifuge through a hole in the bottom of the rotor, where the two 
phases are separated by centrifugal forces whilst moving upwards, after which 
they leave the device through separate exits making use of an ingenious weir 
system [17]. As such, the device is an interesting example of process-intensifica-
tion, acting both as a mixer-settler for biphasic liquid-liquid systems. 

Recently, we have reported [17,18] the successful application of such a CCCS 
device for biphasic liquid-liquid reactions including the transesterification of sun-
flower oil with methanol using an alkaline catalyst and the esterification of oleic 
acid with 1-butanol using a liquid lipase formulation as the catalyst. In subsequent 
studies, the use was expanded to ethyl ester synthesis from Jatropha oil [19], and 
synthesis and refining of methyl esters from sunflower oil using a cascade of two 
CCCS devices [20]. However, enzymatic transesterifications in a CCCS device 
using immobilised enzymes have not been reported to date. This will require 
modifications of the device to allow the containment of solids in the CCCS device. 

In this study we have explored the use of the CCCS device for L-L-S reac-
tions by investigation FAME synthesis from sunflower oil and methanol using 
an immobilized enzyme. In the first part of this study, exploratory experiments 
with the immobilised enzyme in batch were performed to optimize process con-
ditions (among others catalyst and water content, temperature). The batch ex-
periments were modelled to obtain relevant kinetic parameters for the enzyme 
to be used for subsequent reactor modelling. Furthermore, experiments were 
performed in continuous reactors, viz. a CSTR and a CCCS device and the re-
sults were modelled. Finally, the use of a cascade of a CSTR and CCCS device 
was investigated to simultaneously obtain higher biodiesel yields and to separate 
the biodiesel-glycerol layer.

2. Materials and methods

2.1. Materials

Commercial sunflower oil was obtained from Vandermoortele BV, Belgium. 
Chloroform-d1 (99.8 atom % D), methanol (99%), and buffer compounds 
(Na₂HPO₄.2H₂O, 99% and NaH₂PO₄.7H₂O, 98%) were obtained from Sigma-
Aldrich. The phosphate buffer (50 mM, pH 6) was prepared by adding 6.80 g of 
Na₂HPO₄.2H₂O and 1.72 g of NaH₂PO₄.7H₂O to 1 L of water. TransZyme A, an 
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immobilized enzyme, was kindly supplied by Transbiodiesel, Ltd., Israel. It is a 
modified, methanol-resistant lipase, immobilized on hard shell beads, known to 
maintain its activity for over 300 cycles [21].

2.2. Methods

2.2.1. Exploratory experiments in a batch reactor 

A set of experiments was conducted to determine the effect of immobilized en-
zyme concentrations on the FAME yield in a batch reactor. Experiments were 
performed in a glass reactor (300 mL) surrounded by a heating jacket connected 
to a temperature controlled water bath and equipped with an overhead stirrer 
(Figure 4.2). For all experiments, a stirring speed of 800 rpm and a temperature 

Figure 4.1. Schematic repre-
sentation of the continuous 
centrifugal contactor sep-
arator (CCCS) used in this 
study. Reproduced from [18].

Figure 4.2. Schematic repre-
sentation of the batch reactor.
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of 30°C were used. The reactor was filled with sunflower oil (83 gr), immobi-
lized enzyme (5, 10, and 20 gr), and an aqueous phosphate buffer (5 g, pH 6). 
The mixture was stirred for 10 min and subsequently, the reaction was started 
by adding the methanol (17 gr) to the mixture. Each experiment was run for 
6 h and samples were taken at predetermined time intervals. The samples were 
allowed to settle for 1 h, the organic top layer was separated from the bottom 
aqueous layer and the top layer was analysed.

Another set of experiments were conducted to study the effect of the buf-
fer and water intake on catalyst performance. Experiments were performed in 
a glass reactor (50 mL) placed in a water bath on a temperature controlled hot-
plate and stirred using a magnetic stirring bar. For all experiments, a stirring 
speed of 400 rpm and a temperature of 30°C were used. The reactor was loaded 
with sunflower oil (4.15 gr) and methanol (0.85 gr). The effect of the amount of 
aqueous phosphate buffer solution of pH 6.0 (0.25, 0.5, 0.75, and 1 gr) and dis-
tilled water (0.25 and 0.5 gr) was investigated. The immobilized lipase (1 gr) was 
used to catalyse the reaction. Each experiment was run for 90 minutes. After 
reaction, a sample was taken from the top liquid layer for analysis.

2.2.2. Biodiesel synthesis using immobilized enzyme in continuous reactor 
configurations

Experiments were carried out in three reactor configurations: i) a continuously 
stirred tank reactor (CSTR), ii) a continuous centrifugal contactor separator 
(CCCS), and iii) a cascade of a CSTR and a CCCS. An overview of experimental 
conditions is presented in Table 4.1. The weight hourly space velocity (WHSV) 
was set at 3.3 h-1 for the CSTR and 3.03 h-1 for the CCCS.

2.2.2.1 Experiments in a stirred tank reactor

Continuous experiments were performed in a glass reactor (300 mL) surrounded 
by a heating jacket connected to a temperature controlled water bath and 
equipped with an overhead stirrer (Figure 4.3). For all experiments, a stirring 
speed of 800 rpm and a temperature of 30°C were used. The reactor was filled 
with of substrate (150 gr oil, 30 gr methanol, total 222 mL) and buffer solution 
(20 gr). Subsequently 40 gr of the immobilized lipase was added and the suspen-
sion was stirred for 90 min prior to the start of the reaction in the continuous 
mode. After this initial batch phase, the plant oil feed pump (1.8 mL.min-1) and 
the aqueous buffer/methanol feed (60 wt% methanol) pump with a flow rate of 
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0.6 mL.min-1 were started. Peristaltic pumps (Verderlab, Verder UK Ltd.) were 
used to feed the reactants to the reactor. The level in the reactor was maintained 
at a constant liquid volume by continuous removal of reactor content using a 
peristaltic pump (Verderlab, Verder UK Ltd.) in the outlet. The reactor outlet 
tube positioned in the reactor was covered by a metal sieve (Figure 4.3) to keep 
the immobilized enzyme in the reactor. The runtime was set at 270 minutes and 
a WHSV of 3.3 h-1 was applied. Samples were taken periodically from the top 
layer of the outlet stream and analysed for FAME content. 

Table 4.1. Conditions for the experiments in batch, CSTR, CCCS, and a cascade with a CSTR and a 
CCCS

Value

Batch

T (°C) 30

Stirring speed (rpm) 800

Oil intake 83

Methanol-intake (gr) 17

Buffer intake pH =6 (gr) 5

Enzyme intake (gr) 5-20

CSTR

T (°C) 30

Stirring speed (rpm) 800

Oil feed rate (mL.min-1) 1.8

Combined methanol-buffer feed rate (mL.min-1) 0.6

Amount of methanol in methanol/-buffer feed (wt%) 60

Enzyme intake (gr) 40

Liquid volume in reactor (mL) 222

WHSV (based on total feed flow rate), h-1 3.3

CCCS

T (°C) 30

Stirring speed (rpm) 1800

Input rate in CCCS alone set up experiment
Oil feed rate (mL.min-1) 
Combined methanol- buffer feed rate (mL.min-1)

1.8
0.6

Input rate in cascade experiment (mL.min-1) 2.4

Amount of methanol in methanol/buffer feed (wt%) 60

Enzyme intake (gr) 44

Liquid volume in reactor (mL) 250

WHSV (based on total feed flow rate), h-1 3.03
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2.2.2.2 Experiments in a continuous CCCS device

Experiments were performed in a CCCS reactor (CINC V02, 350 mL geo-
metric volume) equipped with a heating/cooling jacket connected to a tem-
perature-controlled water-bath and a high-mix bottom plate. A filter (0.5 mm 
mesh size) was placed in the hole in the centrifuge to prevent the immobilized 
enzyme entering the separation zone (Figure 4.1). Every experiment was per-
formed with a weir size of 24.13 mm, a stirring speed of 1800 rpm, and a reac-
tion temperature of 30°C. The CCCS device was initially filled with a mixture 
of substrate and buffer (150 gr oil, 30 gr methanol, 20 gr buffer solution, pH 6) 
and 44 gr of the immobilized lipase. The reactor content was stirred for 90 min 
in a batch mode. Subsequently, sunflower oil feeding was started through the 
light phase inlet with a flow rate of 1.8 mL.min-1, while a mixture of methanol 
and buffer (60 wt% methanol) was fed through the heavy phase inlet with a flow 
rate of 0.6 mL.min-1. Both streams were fed using a peristaltic pump (Verderlab, 
Verder UK Ltd.). The runtime was 360 minutes and a WHSV of 3.03 h-1 was 
applied. Samples were taken periodically from the light phase (biodiesel) outlet 
and analysed.

2.2.2.3 Experiments in a continuous cascade consisting of a CSTR followed by a CCCS 
device

In the final stage of experimentation, the enzymatic biodiesel synthesis using 
the immobilized lipase was performed in a cascade of two reactors consisting 
of a CSTR (Figure 4.3) followed by a CCCS device (Figure 4.1). A schematic 

Figure 4.3. Schematic repre-
sentation of the continuous 
stirred tank reactor (CSTR).
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representation of the experimental set-up including relevant process data is 
given in Figure 4.4. Both reactors were filled each with 222 mL of produced 
FAME from previous experiments and stirred for 15 minutes. An amount of 
40 and 44 gr of immobilised enzyme were added to the CSTR and CCCS, re-
spectively. Reaction was started by turning on all pumps simultaneously and 
the reaction was kept running for nine hours. Samples from two sampling 
points (Figure 4.4) were taken every hour and analysed for FAME content. 
Experimental details are given in Table 4.1.

2.3 Analytical methods

The FAME yield was determined using 1H-NMR (300 MHz NMR, Varian Inc.). 
For this purpose, 50 μL of the biodiesel layer was mixed with CDCl3 (700 μL) 
and measured. 

2.4 Definitions

Throughout this manuscript, the substrate is defined as the sum of the amounts 
or flow rates of sunflower oil and methanol. The enzyme loading for the batch 
experiments is given in wt% on substrate intake.  

The Weight Hourly Space Velocity (WHSV) is defined as the mass flow rate 
to the reactor (combined for oil and methanol-buffer solution) per hour per 
unit weight of catalyst in the reactor (Eq 4.1).
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 The residence time in the CSTR is defined as the liquid volume of the reactor (��������) 

divided by the total volumetric flow rate entering the reactor (��������), see equation 4.2 for details. 
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The residence time in the CCCS is defined similarly. Here, the actual ��������  was determined 

experimentally by measuring the liquid volume left in the CCCS after reaction. For this purpose, the 

inlet and outlets valves were closed and the liquid was drained from a valve in the bottom of the 

CCCS, collected and measured using a volumetric cylinder. 

 The FAME yield, Y , expressed as %-mol, was determined by 1H-NMR (vide infra) and is 
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Figure 4.4. Schematic representation of the cascade consisting of a CSTR and CCCS.
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3.1. Biodiesel synthesis using the immobilized enzyme in a 

batch set-up 
 Exploratory experiments to study the effect of the immobilized enzyme concentration on 

the FAME yield were performed in a batch reactor at 30°C using 83 gr of sunflower oil, 17 gr of 

methanol and 5 gr of an aqueous phosphate buffer of pH 6. As such, the reactions were carried out 

in the presence of a small amount of an aqueous phase, which is known to be beneficial for the 

activity of the lipase [22]. Three enzyme concentrations were used (5, 10, and 20% w/w) and the 

results are given in Figure 4.5. At least duplicate experiments were performed and the results are 

the average of the experiments. The difference between the FAME yields for the various 

experiments was limited (< 5% at most), indicative for good reproducibility of the reactions. 
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Figure 4.5. FAME produc-
tion using 5% (), 10% (▲), 
and 20% () of immobilized 
lipase in a batch reactor. Er-
ror bars represent deviation 
from triplicate data. Condi-
tions are given in Table 1.
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were obtained when using 20 wt% of enzyme after about 250 min. The activity 
of the enzyme was compared with other transesterifications catalysed by immo-
bilized enzymes in batch set-ups (Table 4.2). Comparison though is cumber-
some as enzyme intakes and batch times differ considerably. However, it is clear 
that activity of TransZyme A is good and FAME yields > 95% are attainable with 
this enzyme.

Table 4.2. Representative examples of batch studies on biodiesel synthesis using immobilized en-
zymes

Enzyme type Substrates Reaction condition Yield (%) Ref.

T. lanuginosus lipase Canola oil
Methanol

Enzyme loading: 0.02% w/w oil
Reaction time: 24 h

90 [23]

T. lanuginosus lipase Sunflower oil
Methanol

Enzyme loading: 1% w/w oil
Reaction time: 24 h

97 [24]

Lipozyme TL IM combined 
with Novozyme 435

Rapeseed oil
Methanol

Enzyme loading:
Lipozyme: 3% w/w oil
Novozyme 1% w/w oil

Reaction time: 12 h

95 [25]

P. cepacia lipase Jatropha oil
Ethanol

Enzyme loading: 10% w/w oil
Reaction time: 8 h

98 [26]

C. rugosa lipase Soybean oil
Methanol 

Enzyme loading: 60% w/w oil
Reaction time: 60 h

87 [27]

Lipozyme TL IM Palm oil
Oleyl alcohol

Enzyme loading: 24.7% w/w oil
Reaction time: 3 h

79.5 [28]

TransZyme A Sunflower oil
Methanol

Enzyme loading: 23% w/w oil
Reaction time: 5 h

>95 This 
study

3.2 Kinetic modelling for batch experiments

The experiments with biodiesel synthesis with immobilized enzyme in the batch 
set-up were performed with 5, 10 and 20 gr of enzyme. The initial amounts 
of sunflower oil, methanol and aqueous phosphate buffer were the same in all 
experiments, see Table 1. Initially, the kinetics was modelled using a typical 
Michealis Menten kinetic expression as given in Eq. 4.11.
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Table 4.2. Representative examples of batch studies on biodiesel synthesis using immobilized 

enzymes 

Enzyme type Substrates Reaction condition Yield (%) Ref. 

T. lanuginosus lipase Canola oil 
Methanol 

Enzyme loading: 0.02% w/w oil 
Reaction time: 24 h 

90 [23] 

T. lanuginosus lipase Sunflower oil 
Methanol 

Enzyme loading: 1% w/w oil 
Reaction time: 24 h 

97 [24] 

Lipozyme TL IM combined 

with Novozyme 435 
Rapeseed oil 
Methanol 

Enzyme loading: 
   Lipozyme: 3% w/w oil 
   Novozyme 1% w/w oil 
Reaction time: 12 h 

95 [25] 

P. cepacia lipase Jatropha oil 
Ethanol 

Enzyme loading: 10% w/w oil 
Reaction time: 8 h 

98 [26] 

C. rugosa lipase Soybean oil 
Methanol  

Enzyme loading: 60% w/w oil 
Reaction time: 60 h 

87 [27] 

Lipozyme TL IM Palm oil 
Oleyl alcohol 

Enzyme loading: 24.7% w/w oil 
Reaction time: 3 h 

79.5 [28] 

TransZyme A Sunflower oil 
Methanol 

Enzyme loading: 23% w/w oil 
Reaction time: 5 h 

>95 This 

study 
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where enzw  denotes the mass concentration of enzyme (kg.m-3) and ][Acyl  de-
notes the concentration (mol.m-3) of acyl groups in the solution that are not 
converted to FAME yet. The value for kr was (30 ± 3) × 10-6 m3.kgenz-1.s-1 at 
30°C for the experiments with 5% and 10% enzyme. With the run using a higher 
amount of enzyme (20%) a significantly higher value of the rate constant was 
obtained. A possible cause is the difference in enzyme to water ratio for the 
three reactions, which is known to have an important effect on enzyme kinetics 
(vide infra). In the reactor modelling section, a value of 30.10-6 kg enzyme-1 s-1 
is used, which is the value obtained with 5% and 10% enzyme. 

3.3. Effect of buffer and water concentration on biodiesel yield in a batch 
set-up

It is well known that the amount of water on pure plant oil intake is an im-
portant process variable for biodiesel synthesis using immobilized enzymes. 
It is speculated that water is needed to sustain the enzyme activity in organic 
media [22], though an excess of it leads to reduced reaction rates. An overview 
of available data on optimum amounts of water required to obtain highest bio-
diesel yield is given in Table 4.3. A study by Shah et al. [26] showed that highest 
product yield (98% w/w, 8 h batch time) for the ethanolysis of Jatropha oil using 
an immobilized Pseudomonas cepacia lipase was obtained in the presence of 5% 
(w/w) water. Lu et al. [29] performed the methanolysis reactions of triglycerides 
with an immobilized Candida lipase in the presence of various amounts of 
water. In this particular case, 20% (w/w on triglyceride) of water was shown to 
give the best results (approx. 80% yield after 12 h). Babaki et al. [30] reported 

Figure 4.6. Experimental 
and modelling results for 
FAME synthesis using 5% 
(), 10% (▲), and 20% () 
immobilized enzyme in a 
batch reactor. 
Symbols: measured; lines: cal- 
culated according to Eq. 4.12. 
Conditions are given in Ta-
ble 4.1.
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that higher amounts of water (30%) are required to give highest yields (approx. 
90% after 50 h) for canola oil methanolysis using an immobilized Thermomyces 
 lanuginosus lipase. Thus, it can be concluded that the optimum amount of water 
is, amongst others, a function of the type of immobilized enzyme. 

Table 4.3. Optimum water concentrations for biodiesel synthesis using various types of immobilized 
enzymes 

Lipase type Optimum water concentration 
(% w/w oil) Ref

Pseudomonas cepacia 5 [26]
Candida sp. 99–125 10 – 20 [29,31]
Thermomyces lanuginosus 20 – 30 [30]
TransZyme A 12 This study

In addition, it has also been shown that the use of a buffer is advantageous. 
The optimum pH for immobilized enzymes depends on the immobilization pro-
cedure and the support [32,33]. Several studies showed that the optimum pH 
for the free enzyme and the immobilized enzyme differs considerable. Shaw et 
al. [34] reported that the optimum pH for Candida rugosa lipase shifts from 7.5 
for the free enzyme to 8.5 after immobilizing the enzyme on PVC, Sepharose, 
chitin, and agarose. A shift to higher pH values was also observed for C. rugosa 
lipase (from 8 to 8.5) [32] after immobilization on chitin. However, also shifts to 
lower pH values have been reported, for instance from 7 to 6.5 after immobiliz-
ing the free enzyme on celite [35]. In this study, a pH value of 6 was used. 

The effect of buffer concentration on the biodiesel yield using the immobi-
lized lipase was investigated by performing batch experiments at 30°C. In the 
set-up, an amount of 5 g of substrate (4.15 gr sunflower oil and 0.85 gr meth-
anol) was used; see experimental section for further details regarding intakes. 
Separate experiments were performed for water only (0.25 and 0.5 gr) and an 
aqueous phosphate buffer with a pH of 6 (0.25, 0.5, 0.75, and 1 gr). All experi-
ments were done in duplicate and the results are given in Figure 4.7. 

A strong effect of the aqueous phosphate buffer concentration, on the biodiesel 
yield was observed. At low concentrations, the yield increases with concentration, 
reaches a maximum and then is lowered again when working at higher buffer 
concentrations. Highest yields of 70% were obtained at a buffer concentration 
of 10 wt% on substrate (oil plus methanol). This optimum buffer content is in 
the range of optimum water contents reported in the literature for other immo-
bilized enzymes (Table 4.3). The observed maximum in Figure 4.6 is likely the 
results of two competing processes. At low water concentrations, the addition of 
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a small amount of water to the oil phase will lead to an increase in activity due 
to a larger coverage of the immobilized enzyme with water molecules, which is 
beneficial for the enzyme activity [22,36]. On the other hand, the use of excessive 
water has a negative influence on the biodiesel yield, among others due to the 
formation of larger amounts of FFA’s [22]. A large excess of water is also expected 
to be adsorbed by the enzyme support and result in more than full coverage of 
the enzyme, preventing organic substrate to access the enzyme [36]. 

The data given in Figure 4.7 also clearly indicate that the use of a buffer leads 
to improved biodiesel yields compared to water alone, in agreement with lit-
erature data (vide supra). This is particularly evident for water concentrations 
of 10 wt% on substrate. As such, the subsequent experiments in the continuous 
set-ups were performed using a buffer solution. 

3.4. Biodiesel synthesis using immobilized enzyme in a continuous CSTR 
and CCCS reactor

3.4.1. Experiments in the CSTR

The experiments in the CSTR (Figure 4.3) were carried out at 30°C, a stirring 
speed of 800 rpm and a WHSV of 3.3 h-1, see Table 4.1 for additional details. An 
experiment was started in a batch mode for 1.5 h to reduce the time to reach 
steady state operation in the set-up. The runtime was set at t = 0 h when the 
feed pumps were started. The results for two duplicate experiments are provided 
in Figure 4.8.

The average FAME yield at steady state conditions versus the run time is 
about constant and is on average 73%-mol with a standard deviation of 5% 

Figure 4.7. Effect of the 
phosphate buffer (pH 6) () 
and water (▲) concentra-
tions on FAME yield in a 
batch reactor. Error bars rep-
resent deviation from dupli-
cate data, lines for illustrative 
purpose only.
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(Figure 4.8). It is evident that excessive catalyst deactivation does not occur 
during the runtime of the reaction in the CSTR. 

The kinetic rate equation obtained from the batch experiments was used to 
model the experiments with the continuous CSTR. The component balance for 
FAME in the CSTR reads 
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From Eq. 4.14 the yield of FAME with the CSTR was calculated as 81%, see Figure 4.8. In the 

calculation, the rate constant as obtained from the batch experiments was corrected for the water 

content. Here, the water content was approximately 10%, while the batch kinetic experiments were 

performed with 5% water. According to the results with varying amounts of water the rate increases 

with 65% as the amount of water increases from 5% to 10%, see Figure 4.8. Consequently, in the 

calculations here, the rate constant was increased with 65% to compensate for the difference in 

water content. 
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 Another set of continuous experiments was performed in a continuous centrifugal contactor 

separator (CCCS) reactor. The experiments were carried out using a phosphate buffer of pH 6 at 30 

°C, a stirring speed of 1800 rpm and a WHSV of 3.03 h-1 (Table 4.1). The immobilized catalyst was 

added to the annular, outer zone of the device (Figure 4.1). A perforated plate was placed in the 

hole in the centrifuge to prevent the immobilized enzyme from entering the separation zone. An 

experiment was started by filling the CCCS device with a reaction mixture obtained by combining a 

number of reaction products from batch experiments. This procedure was followed to reduce the 

time to reach steady state in the device. The experiment was performed in duplicate, see Figure 4.9 

for details. 

 The CCCS device was operated for a runtime of 400 min without operational issues. In 

addition, phase separation at the exit was excellent and visually the biodiesel produced showed only 

a slight haze without the formation of a separate water phase upon standing. The FAME yield 

increased with the runtime for the first 180 min and then levels off to a more or less constant value 

for the remaining runtime. The initial increase is likely due to the start-up procedure. The average 

FAME yield in the steady state phase was 72 %-mol, which is very close for that in the CSTR. The 

standard deviation for the average steady state yield is about 6%. 

 The FAME yield versus runtime does not show a clear decrease (actually shows a slight 

increasing trend), indicating that enzyme stability is good. As such, the enzyme matrix is able to 

withstand shear stresses in the annular zone of the CCCS device, a known deactivation pathway for 

immobilized enzymes [37,38]. 
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From Eq. 4.14 the yield of FAME with the CSTR was calculated as 81%, see 
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proximately 10%, while the batch kinetic experiments were performed with 5% 
water. According to the results with varying amounts of water the rate increases 
with 65% as the amount of water increases from 5% to 10%, see Figure  4.8. 
Consequently, in the calculations here, the rate constant was increased with 65% 
to compensate for the difference in water content.

3.4.2. Experiments in the CCCS

Another set of continuous experiments was performed in a continuous centrifu-
gal contactor separator (CCCS) reactor. The experiments were carried out using 
a phosphate buffer of pH 6 at 30°C, a stirring speed of 1800 rpm and a WHSV 

Figure 4.8. FAME yield ver-
sus runtime in a CSTR using 
the immobilized enzyme. 
Experimental conditions are 
given in Table 4.1. Error bars 
represent deviation from du-
plicate experiments. Dotted 
line: calculated according to 
Eq. 4.14. 
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of 3.03 h-1 (Table 4.1). The immobilized catalyst was added to the annular, outer 
zone of the device (Figure 4.1). A perforated plate was placed in the hole in 
the centrifuge to prevent the immobilized enzyme from entering the separation 
zone. An experiment was started by filling the CCCS device with a reaction 
mixture obtained by combining a number of reaction products from batch ex-
periments. This procedure was followed to reduce the time to reach steady state 
in the device. The experiment was performed in duplicate, see Figure 4.9 for 
details.

The CCCS device was operated for a runtime of 400 min without operational 
issues. In addition, phase separation at the exit was excellent and visually the 
biodiesel produced showed only a slight haze without the formation of a sep-
arate water phase upon standing. The FAME yield increased with the runtime 
for the first 180 min and then levels off to a more or less constant value for the 
remaining runtime. The initial increase is likely due to the start-up procedure. 
The average FAME yield in the steady state phase was 72%-mol, which is very 
close for that in the CSTR. The standard deviation for the average steady state 
yield is about 6%.

The FAME yield versus runtime does not show a clear decrease (actu-
ally shows a slight increasing trend), indicating that enzyme stability is good. 
As such, the enzyme matrix is able to withstand shear stresses in the annu-
lar zone of the CCCS device, a known deactivation pathway for immobilized 
enzymes [37,38].

The kinetic model obtained from the batch experiments, was also used to 
model the experiments of the CCCS. A similar approach as for the CSTR (vide 
supra) for the continuously operated CCCS reactor results in the following 
equations for the FAME component balance and the FAME yield 

Figure 4.9. FAME yield ver-
sus runtime in a CCCS using 
the immobilized enzyme. 
Experimental conditions are 
given in Table 4.1. Error bars 
represent deviation from du-
plicate data. Dotted line: cal-
culated according to Eq. 4.16.
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Figure 4.9. FAME yield versus runtime in a CCCS using the immobilized enzyme. Experimental 

conditions are given in Table 4.1. Error bars represent deviation from duplicate data. Dotted line: 

calculated according to Eq. 4.16. 
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Again the reaction rate constant rk  as obtained from the batch experiments was corrected for the 

amount of aqueous buffer present in the reaction mixture before application in the calculation. Now 

a FAME yield of 89% is obtained, see Figure 4.9. In this case the calculated FAME yield is 

consequently higher than the experimental points. The reason for this discrepancy is not completely 

clear, but part of the explanation may be that the CCCS somehow has not reached a steady state 

within the timeframe shown in Figure 9, as witnessed by the increasing values of the yield vs. time.  

3.4.3. Process metrices for the continuous experiments  
 To compare our experiments with other studies, the volumetric biodiesel production rate for 

both continuous reactor configurations was determined using Eq. 4.4. The volumetric production 
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Again the reaction rate constant rk  as obtained from the batch experiments was 
corrected for the amount of aqueous buffer present in the reaction mixture be-
fore application in the calculation. Now a FAME yield of 89% is obtained, see 
Figure 4.9. In this case the calculated FAME yield is consequently higher than 
the experimental points. The reason for this discrepancy is not completely clear, 
but part of the explanation may be that the CCCS somehow has not reached a 
steady state within the timeframe shown in Figure 4.9, as witnessed by the in-
creasing values of the yield vs. time. 

3.4.3. Process metrices for the continuous experiments 

To compare our experiments with other studies, the volumetric biodiesel pro-
duction rate for both continuous reactor configurations was determined using 
Eq. 4.4. The volumetric production rate of CSTR was 0.55 kg.m-3.min-1, com-
pared to 0.46 kg.m-3.min-1 for the CCCS. This difference is due to the slightly 
higher liquid volume in the CCCS (265 mL compared to 222 mL for the CSTR). 

In previous work from our group [39], we reported on the continuous 
transesterification of sunflower oil with butanol using 150 g.Laq-1 of a liquid 
Rhizomucor miehei lipase formulation in a CSTR. A volumetric production 
rate of 0.25 kg product.m-3.min-1 was obtained when using a 90 min residence 
time, and 0.38 kg.m-3.min-1 for a residence time of 60 min. As such, the im-
mobilised enzyme shows higher volumetric production rates than for a typical 
free enzyme, with the additional advantage that the development of (expensive) 
catalyst recycling strategies is not required. The volumetric production rates re-
ported here in the CCCS for the immobilised enzyme are by far lower than for 
the methanolysis of sunflower oil using conventional base catalysts. For instance, 
we reported [18] volumetric production rates of up to 61 kg.m-3.min-1 when 
using NaOH as the catalyst. However, these differences are in line with the far 
higher reactivity of base catalysts compared to enzymes. 
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3.5. Biodiesel synthesis using immobilized enzyme in a cascade of a CSTR 
and a CCCS reactor

Biodiesel syntheses using the immobilized lipase in the CSTR and CCCS sep-
arately showed average FAME yields in the steady state of about 72%-mol 
(Figure  4.8 and Figure 4.9). To further enhance the biodiesel yield, a cascade 
of a CSTR and CCCS in series was explored. A number of experiments were 
performed using this configuration with conditions as given in Table 4.3 and 
Figure  4.4. Samples were taken periodically from the CSTR outlet (sampling 
point 1) and from the outlet biodiesel phase of the CCCS (sampling point 2). 
The cascade was run for a total of 9 h. 

As with the separate CCCS experiments, visual observations showed that the 
separation of both liquid outlet phases of the CCCS was good, indicative for 
good performance of the separation part of the CCCS device. Analyses show that 
steady state is reached in both reactors after about 3 h (Figure 4.10). The time to 
reach steady state in the CSTR is by far longer than found for individual CSTR 
experiments (Figure 4.8), likely due to the application of different start-up pro-
cedures (see experimental section). The average FAME yield in the cascade was 
85.7%-mol, and the highest value was 91%, observed at the end of the runtime. 
As such, the addition of the CCCS to a CSTR leads to an improved yield as well 
allows for the efficient separation of the biodiesel and glycerol layer after reaction. 

The experimental data for the cascade were also modelled using the batch ki-
netic expression as input (Eq 4.12). The FAME yield of the CSTR is again given 
by Eqs 4.13 – 4.14, resulting in a FAME yield of 81 % for the CSTR. The FAME 
balance for the CCCS has to be extended compared to Eq. 4.15 with a contribu-
tion for the FAME yield that is already achieved in the CSTR: 

Figure 4.10. FAME yield ver-
sus runtime in a cascade of 
a CSTR () and CCCS (▲) 
using an immobilized lipase. 
Experimental conditions are 
given in Table 4.1.  Error bars 
represent deviation from du-
plicate data. 
Symbols: measured data; 
solid lines to guide the eye; 
dotted lines: calculated results 
from Eqs (4.14) (lower line) 
and (18) (upper line). 
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For the cascade a FAME yield of 93% is obtained. The modelling results are compared to the 

measured data in Figure 4.10. Especially after prolonged operation of the system, i.e. at higher time 

values, the agreement between calculated and experimental yield values is remarkably good.  
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For the cascade a FAME yield of 93% is obtained. The modelling results are 
compared to the measured data in Figure 4.10. Especially after prolonged oper-
ation of the system, i.e. at higher time values, the agreement between calculated 
and experimental yield values is remarkably good. 

The volumetric production rate of the cascade system was calculated based on 
Eq. 4.4 and using the average FAME yield in the steady state (3 to 9 h runtime). 
The volumetric production rate was 0.30 kg.m-3.min-1, which is higher than 
found in our previous study on biodiesel production using a liquid lipase formu-
lation (Rhizomucor miehei) in a similar cascade set-up (0.23 kg.m-3.min-1) [39]. 

4. Conclusions

We have shown the proof of concept for the use of an immobilized enzyme for 
biodiesel synthesis in a cascade consisting of a CSTR and a CCCS device in se-
ries. Under optimized conditions, the average FAME yield at steady state con-
ditions was 86%-mol. It was shown that the activity of immobilized enzyme is 
stable during a runtime of 9 h, indicating that deactivation of the immobilized 
enzyme by shear stresses in the reactor does not play a major role. The FAME 
yields were modelled using a kinetic expression obtained from batch experi-
ments and the mass balances for the two reactors and agreement between ex-
periments and model was satisfactorily. The volumetric production rate in the 
cascade was higher than for biodiesel synthesis using a free Rhizomucor miehei 
lipase in a similar cascade of reactors; though lower than for conventional bio-
diesel synthesis using alkaline catalysts. To the best of our knowledge, this is the 
first example of an L-L-S reaction carried out in the CCCS device and as such is 
an absolute novelty of this paper. It opens new avenues for the use of the CCCS 
devices for various challenging chemical transformations, for instance for liq-
uid-liquid processes using heterogeneous catalysts in combinations with a gas 
phase substrate. These studies are in progress and will be reported in due course. 

116 
 

 

Figure 4.10. FAME yield versus runtime in a cascade of a CSTR (�) and CCCS (�) using an 

immobilized lipase. Experimental conditions are given in Table 4.1. Error bars represent deviation 

from duplicate data. Symbols: measured data; solid lines to guide the eye; dotted lines: calculated 

results from Eqs (4.14) (lower line) and (18) (upper line).  

 

 The experimental data for the cascade were also modelled using the batch kinetic expression 

as input (Eq 4.12). The FAME yield of the CSTR is again given by Eqs 4.13 – 4.14, resulting in a FAME 

yield of 81 % for the CSTR. The FAME balance for the CCCS has to be extended compared to Eq. 4.15 

with a contribution for the FAME yield that is already achieved in the CSTR:  
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For the cascade a FAME yield of 93% is obtained. The modelling results are compared to the 

measured data in Figure 4.10. Especially after prolonged operation of the system, i.e. at higher time 

values, the agreement between calculated and experimental yield values is remarkably good.  
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5. Nomenclature

[Acyl]  concentration of acyl groups, mol.m-3 
CCCS  continuous contactor centrifugal separator
CSTR  continuous stirred tank reactor
[FAME]  concentration of FAME, mol.m-3 
kr  reaction rate constant in the enzyme kinetic rate equation, 

m3.kg-1.s-1
MW  molecular weight, kg.mol-1 
renz  rate of the enzyme catalyxed reaction ,mol.m-3.s-1 
V  volume, m3 
wenz  mass concentration of enzyme, kg.m-3 
Y  FAME yield, %-mol

Greek symbols 

ρ   density, kg.m-3 
τ   average residence time (= vV ϕ/ ), s  

vφ   volumetric flow rate m3.s-1 

Subscripts 

aq  aqueous phase 
cccs  continuous contactor centrifugal separator
cstr  continuous stirred tank reactor
enz  enzyme
FAME  fatty acid methyl ester
liq  liquid
MeOH  methanol
oil  sunflower oil
tot  total
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Abstract

Jatropha curcas L. is a tropical plant that grows well on poor soils in 
arid regions and produces oil-rich seeds. The oil from these seeds is 
non-edible and can be used for the production of biodiesel. In addi-
tion, the press-cake waste that is left after oil extraction contains ap-
proximately 40% of protein. The use of Jatropha press-cake as substrate 
for fungal growth and the production of lipase by Aspergillus niger 65I6 
isolated from Indonesia and Rhizomucor miehei CBS 260.62 was inves-
tigated. Hydrolysis of the press-cake using 2.5% sodium hydroxide for 
45 minutes was found to be the best pre-treatment method indicated 
by a high lipase activity. The alkaline hydrolysis increased the amount 
of reducing sugars and soluble protein to 133.3% and 40% of the initial 
amount, respectively. 5.7% of the protein fraction was hydrolysed by 
the alkaline pretreatment. The alkaline hydrolysed Jatropha press-cake 
was used as a growth substrate for A. niger 65I6 and R. miehei CBS 
360.62. Both fungi grew well on the hydrolysed press cake. The addi-
tion of glucose or maltodextrin gave a substantial increase in fungal 
biomass but inhibited the lipase production, very likely due to catabo-
lite repression by the sugars. 

Keywords: Aspergillus niger, biomass, Jatropha press-cake, lipase, 
Rhizomucor miehei

M. Ilmi, C. Hidayat, P. Hastuti, H.J. Heeres, and M.J.E.C. van der Maarel, utilisation of Jatropha 
press cake as substrate in biomass and lipase production from Aspergillus niger 65I6 and Rhizomucor 
miehei CBS 360.62, Biocatal. Agric. Biotechnol. 9 (2017) 103–107.
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1. Introduction

Enzyme-catalysed biodiesel production from plant oil is considered to have 
several advantages over the chemical-catalysed conversion: the requirement of 
low reaction energy, the relatively easy removal of glycerol, and the complete 
conversion of the free fatty acids present in plant oils into alkyl esters [1,2]. The 
use of enzymes also has several drawbacks, one of them being that enzymes 
are more costly compared to chemical catalysts [2]. The high enzyme costs are 
mainly caused by the production costs of the enzymes, of which about one fifth 
comes from the costs of substrates such as meat peptone and yeast extract to 
grow the enzyme production host [3].

Jatropha curcas L. is a tropical plant that is used for several purposes. 
Traditionally, Jatropha is used as hedges and contributes in controlling erosion; 
also the biomass of the plant (wood leaves, and fruits) is used as firewood in rural 
areas. Jatropha produces non-edible oil which is an excellent feedstock for the pro-
duction of biodiesel; the oil can also be used in producing soap, cosmetics, and in 
the dye industries [4]. Jatropha is being promoted widely and large scale produc-
tion is found mainly in South America, Africa, India, and Southeast Asia [5]. In 
Indonesia, J. curcas plantation has been promoted by the national government and 
reached 256,545 hectare in 2012, producing 513,082 tons seed per year [6,7]. Up 
to 50% of the plant oil is pressed from the oil-containing seeds of J. curcas, leaving 
a press-cake (JPC) as waste. This press cake contains a relatively high amount of 
protein, being approximately 60% of the cake’s weight. This JPC is therefore an 
interesting product to be used as fertilizer, biogas feedstock or animal feed [8–10].

As JPC is abundantly available and due to its high protein content and pro-
tein composition, it is a potentially cheap substrate for enzyme production by 
submerged (SF) or solid-state fermentation (SSF). Several studies have been 
conducted to exploit JPC as a growth substrate using SSF for growing fungi 
or bacteria and the production of various enzymes. Mahanta and co-workers 
(2008) produced protease and lipase with Pseudomonas aeruginosa PseA in a 
SSF mode with JPC as substrate. Another example is the production of endo-β-
1,4- glucanase and β-glucosidase (cellulose hydrolysis) by Thermoascus auranti-
acus growing on JPC using SSF [11]. Xylanase and cellulose could also be pro-
duced by Aspergillus niger FGSCA733 grown on JPC [12].

The use of cheap agro-industrial waste as substrate in SSF is gaining more 
and more attention, but SF is still being used mostly as the easiest method in in-
dustrial bioprocessing due to its up and downstream process simplicity [13,14]. 
Several investigations have been done into SF using agro waste such as corn 
stover, bagasse, and husk [15,16]; de-seeded sunflower head [17]; residual pant 
biomass from industrial processing of Artemisia annua [18]; and wheat straw 
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and barn [19,20] as a carbon source. JPC was found to be a suitable substrate 
in proteases production by the bacterium Bacillus tequilensis P15 using SF [21]. 
However, the use of (pretreated) JPC as substrate in SF to grow fungi and pro-
duce lipase has not been reported, so far. 

The production of fungal lipases has been extensively studied. The best 
known lipase is the one from Rhizomucor miehei. It is produced commercially 
by overproduction in Aspergillus oryzae and sold in both liquid and immobi-
lized form [22]. Some other fungi that are well known lipase producer are A. 
niger, Candida rugosa, C. antartica, and Thermomyces lanuginosus [23,24] 

In this research we explored the suitability of alkaline pretreated JPC as 
substrate for the production of lipase in SF of A. niger 65I6 and R. miehei 
CBS 360.62. The A. niger strain was isolated from Indonesian soil samples and 
screened for its lipase producing capability. This strain showed promising po-
tency in producing lipase using the SSF approach [25].

2. Materials and Methods

2.1. Materials

Jatropha seeds were obtained from local farmers in Surakarta, Indonesia. 
Aspergillus niger 65I6 was obtained from the Faculty of Agricultural Technology, 
Universitas Gadjah Mada, Indonesia. Rhizomucor miehei CBS 360.62 was ob-
tained from CBS-KNAW culture collection, Utrecht, The Netherlands. All 
fungus cultures were kept on Potato Dextrose Agar (Oxoid, Hampshire, UK). 
Maltodextrin was kindly donated by AVEBE (Veendam, The Netherlands). All 
other chemicals were purchased commercially.

2.2. Methods

2.2.1. JPC preparation 

De-hulled Jatropha seed was first grinded using a commercial blender and 
then heated at 80°C for three hours. The oil was extracted by pressing the 
grinded/heated seeds at approximately 200 kg.cm-2 for 15 minutes, followed 
by an extraction using hexane in a glass column. De-oiled press-cake (JPC; 
Jatropha press cake) was dried at room temperature and then stored at 4°C. The 
carbohydrate, protein, and lipid composition of the cake was deduced from an 
elemental C, H and N analysis [26].
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2.2.2. Sodium hydroxide hydrolysis of JPC

JPC was subjected to a sodium hydroxide hydrolysis following the protocol of 
Apiwatanapiwat et al. [27] with minor modifications. Briefly, fifty grams of JPC 
was suspended in 180 mL water, heated to 80°C for 30 minutes, and then cooled 
down to 50°C. Then 120 mL of 6.25% sodium hydroxide was added to this mix-
ture to reach a final sodium hydroxide concentration of 2.5%. The mixture was 
heated at 50°C for 15 to 90 minutes. Finally the hydrolysed mixture was neu-
tralized to pH 7 using 4 M hydrochloric acid prior to drying. The protein con-
tent and degree of hydrolysis of the mixture were determined by the method 
of Lowry [28] and by the trinitrobenzenesulfonic acid (TNBS) reaction [29] 
respectively.

2.2.3. Lipase production using hydrolysed JPC 

The composition of the medium to grow the fungi and produce lipase was mod-
ified from a previous study [30]. 50 mL medium containing 3% (w/v) hydro-
lysed JPC, 0.05% (w/v) mgSO4, 0.05% (w/v) KCl, 0.2% (w/v) K2HPO4, 1% (v/v) 
olive oil, and 1% (w/v) glucose was placed in 250 mL baffled Erlenmeyer flasks 
(Corning Inc., New York); these flasks were inoculated with a spore suspension 
containing approximately 1 × 105 spores.mL-1 from five days old sporulating 
cultures of A. niger or R. miehei grown on Potato Dextrose Agar. The flasks were 
incubated at 30°C and 100 rpm shaking. After five days, the entire content of 
the flasks was filtrated using Miracloth filter. The liquid filtrate was kept at 4°C 
for lipase activity assay. All experiments were done in duplicate. The solids re-
tained on the Miracloth filter (Merck Millipore, Massachusetts) were dried and 
the N-acetyl glucosamine content, as a measure of the amount of fungal bio-
mass, was determined using the method described previously [31]. 

2.2.7. Assaying for lipase activity

Lipase activity of the liquid filtrate was determined by incubating 100 μL fil-
trate with 1 mL isooctane containing 0.25 M oleic acid and 0.25 M ethanol for 
20 min at 30°C. The amount of oleic acid at 0 min and after 20 min was de-
termined using the cupric-acetate pyridine colorimetric assay [32]. One unit of 
activity (U) is defined as the amount of oleic acid (µmoL.mL-1) converted to 
product per minute.
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3. Results and Discussion

3.1. Composition of JPC

Protein was the highest constituent in de-oiled JPC (44.92%), followed by car-
bohydrate (22.28%) (Table 5.1). The protein content was lower compared to 
the average protein content reported in kernel cake of Jatropha seed (58.13%), 
while carbohydrate content was close to the reported average (21.71%) [33]. The 
carbohydrate composition from this sample was not analysed, but according 
to Staubmann et al. [34] the amount of sugars, starch, and cellulose commonly 
found in JPC is 9.36, 0.68, and 8.37 %, respectively.

Table 5.1. Chemical composition of de-oiled Jatropha press-cake on dry weight basis. Standard devi-
ation based on duplicate measurements of each sample.

Component Content (%, w/w)

Protein 44.9 ± 0.37

Carbohydrate 22.3 ± 0.94

Water content 13.7 ± 0.02

Ash 6.1 ± 0.19

3.2. Effect of hydrolysis time on the amount of reducing sugars, soluble 
protein, and the degree of hydrolysis of the protein fraction

The colour of the hydrolysed JPC became darker with increased hydrolysis 
time (Figure 5.1.), very likely as a consequence of Maillard reactions [35]. The 
amount of reducing sugars increased linearly to 66.7 – 78.9% while the amount 
of soluble protein increased from 8.6 – 70.9% (Figure 5.2). Hydrolysis also re-
sulted in an increase of the amount of reducing sugars going from 3 to 20.5% 
(Figure 5.2).

The suitability of agricultural waste as substrate for fermentation has been 
studied extensively; almost all of these studies focused on solid state fermenta-
tion (SSF) [36]. SSF can be defined as cultivation of microorganisms using dry 
or moist solid substrate such as wheat straw as carbon and energy source [37]. 
Although SSF is an attractive method it is known to give difficulties on a large 
scale. The sharp increase of the temperature of the ferment as a result of the 
microbial growth is a major problem in large volume SSF, especially in the pro-
duction of temperature sensitive substances such as enzymes; the lack of a free 
aqueous phase in the SSF process makes it difficult to remove the heat. Another 
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problem is water loss due to evaporation; replenishing the evaporated water will 
increases water activity and thus raise the risk of an unwanted microbial con-
tamination. Submerged fermentation (SmF) does not have these problems and 
could be a more preferred method [14]. One factor affecting substrates suitabil-
ity in SmF is the accessibility of the substrate to the microorganisms. In this 
study, JPC was pretreated by alkaline hydrolysis to increase the accessibility by 
reducing the degree of polymerisation (DP) of the protein chains. Sodium hy-
droxide gave the highest degree of protein hydrolysis (19.9%) when compared to 
enzyme and acid treatment after 90 minutes of incubation [27]. Applying simi-
lar conditions, a degree of protein hydrolysis of 20.5% was found in this study, a 
value very close to the one found by Apiwatanapiwat et al. [27]. However, only 
2.9% increase of soluble protein per gram sample was detected in our study after 
90 minutes compared to 52.7% protein increase found by Apiwatanapiwat et 
al. [27]. The low increase indicates that the hydrolysis method we used is not 
optimal to solubilize insoluble protein present in the press cake, resulting in a 
large amount of valuable insoluble protein left intact and thus having a negative 
impact on the efficiency of the hydrolysis process. Optimization of the alkaline 
hydrolysis method needs to be done to overcome this problem.

In order to quickly screen which of the six hydrolysates gave the highest li-
pase production, Aspergillus niger was grown on each of them and the amount 
of lipase produced after five days of growth was determined. The amount of li-
pase produced increased up to 45 minutes of hydrolysis; more than 45 min of 
hydrolysis did not give a higher amount of lipase (Figure 5.3). 

The increased intensity of the brown colour of the hydrolysates suggests an 
increase concentration of melanoidins as a result of the Maillard reaction, a 

Figure 5.1. Visual appearances of hydrolysed JPC. Numbers indicate hydrolysis time in minutes.
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typical reaction taking place between reducing sugars and amino/acids proteins 
at elevated temperatures [35]. Melanoidins are carbohydrate-induced protein 
oligomers with a high molecular weight [38]. The oligomerisation decreased the 
soluble protein content in the hydrolysates, making less soluble protein available 
to the fungus to grow and thus resulting in lower amounts of total lipase per 
culture. Melanoidins, although containing protein, are not accessible to fungi to 
be used as substrate for growth.

Figure 5.2. Effect of hydrolysis time on 
the reducing sugars content and soluble 
protein content (A), and degree of hy-
drolysis (B). Standard deviation based on 
duplicate measurements of each sample.

Figure 5.3. Total amount of 
lipase produced by A. niger 
growing on 3% alkine treated 
Jatropha press cake. Standard 
deviation based on duplicate 
measurements of each sam-
ple.
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3.3. Effect of glucose and maltodextrin on fungal biomass and lipase 
production

The addition of glucose to the growth medium gave a significant increase on 
the amount of biomass of both A. niger and R. miehei compared to when both 
fungi were grown on JPC alone. Only A. niger grew well on hydrolysed JPC 
and maltodextrin; R. miehei did not grow better when maltodextrin was added 
(Figure 5.4). The amount of lipase produced by A. niger and R. miehei was not 
higher when glucose or maltodextrin were added (Table 5.2). On JPC alone A. 
niger produced 0.03 U of lipase per µg biomass while R. miehei produced almost 
ten times more (0.31 U.µg-1 biomass). Although more biomass was produced 
by both fungi when glucose or maltodextrin was present, the amount of lipase 
was significantly lower; A. niger produced 0.01 U.µg-1 biomass and R. miehei 
0.03 U.µg-1 on glucose while on maltodextrin this was 0.005 U.µg-1 for A. niger 
and 0.026 U.µg-1 for R. miehei. Very likely catabolite repression by glucose and 
maltodextrin shuts down lipase production by both fungi.

Carbon catabolite repression in Aspergilli is well known. The protein CREA 
plays an important role in mediating the repression; it acts as a repressor protein 
binding to specific short sequence of the promoter of target systems and pre-
vents transcription of these target genes [39]. The gene encoding CREA protein, 

Figure 5.4. Growth profile of A. ni-
ger (A) and R. miehei (B) grown on 
alkaline hydrolysed JPC alone (), 
alkaline hydrolysed JPC with glucose 
(), and alkaline hydrolysed JPC with 
maltodextrin (▲). Standard devia-
tion based on duplicate samples.
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creA, has been found widely in Aspergilli including Aspergillus nidulans, A. tub-
ingensis, and A. niger [39]. 

Even though the carbon catabolite repression mechanism in R. miehei has not 
been completely described, some studies showed that the present of glucose inhib-
its lipase production [40,41]. Also in the related fungus Rhizopus delemar carbon 
catabloite repression of lipase by glucose was found [42]. Another study found 
that in Fusarium oxyporum glucose repressed the expression of lipase even in the 
presence of olive oil [43]. The authors suggested that the inhibition takes place at 
the transcriptional level. Very likely a similar mechanism takes place in A. niger 
and R. miehei when glucose or maltodextrin are present in the growth medium. 

The results also suggest that A. niger is able to convert maltodextrin into 
glucose probably by the enzyme glucoamylase. It is well known that A. niger 
produces glucoamylases explaining the growth on maltodextrins [44,45] 
(Table 5.2.). In the genome of R. miehei a range of genes encoding enzymes in-
volved in starch and hence maltodextrin degradation is present, explaining its 
growth on maltodextrins in this study [46]. 

Table 5.2. Activity of lipase and biomass produced from A. niger and R. miehei grown for five days 
on alkaline-hydrolysed JPC, alkaline-hydrolysed JPC with glucose, and alkaline-hydrolysed JPC with 
maltodextrin. Standard deviation based on duplicate samples.

JPC without glucose JPC with glucose JPC with maltodextrin

A. niger
Lipase (U.mL-1) 5.53 ± 0.9 7.4 ± 0.62 2.5 ± 0.26
Biomass (µg.mL-1) 175.99 ± 1.16 511.4 ± 51.14 517.1 ± 54.9
Lipase/biomass (U.µg-1) 0.03 ± 0.005 0.015 ± 0.0002 0.005 ± 0.00001

R. miehei
Lipase (U.mL-1) 14.57 ± 0.99 10.47 ± 0.85 1.7 ± 0.21
Biomass (µg.mL-1) 49.86 ± 12.42 337.5 ± 9.74 65.7 ± 3.6
Lipase/biomass (U.µg-1) 0.31 ± 0.06 0.03 ± 0.002 0.026 ± 0.002

4. Conclusions 

Alkaline-hydrolysed Jatropha press cake is suitable as a nitrogen source for grow-
ing filamentous fungi and the production of lipase. The hydrolysis should be 
performed under strict conditions for a maximum of 45 min to maximize solu-
ble protein amount and minimize undesirable Maillard products. The addition 
of glucose and maltodextrin as a carbon source stimulates the amount of fungal 
biomass formed but decreases the amount of lipase produced as a consequence 
of catabolite repression; further research to optimize lipase production using 
various carbon source is needed to overcome catabolite repression and maxi-
mize the amount of fungal biomass as well as the amount of lipase produced.
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Summary

Fossil fuels are currently used for 81% of the global energy production. The 
availability of fossil fuels, however, is a major concern and studies from 2014 
predict that the global oil reserve will be depleted in about 50 years. Moreover, 
combustion of fossil fuels is associated with CO2 emissions which are expected 
to have major impacts on the global climate. To overcome these issues, alter-
native energy carriers have been explored extensively. In this respect, plant oils 
have received high attention and have shown to be excellent feeds for biodiesel 
production.

Biodiesel production involves the transesterification reaction of a plant oil 
with an alcohol (typically methanol) in the presence of a suitable catalyst to 
produce methylesters (FAME) and glycerol as by-product. Chemical catalysts 
like strong bases are commercially used for the process. Recently, biocatalysts 
in the form of lipases have been introduced for biodiesel synthesis and shown 
to have major advantages over chemical catalysts. Examples are efficient reuse, 
the possibility to use feeds with high free fatty acid (FFA) contents, and process 
simplifications due to a simpler product work-up. The main focus of this the-
sis was on the production of biodiesel using both free and immobilised lipases 
in highly process intensified equipment. Regarding the latter, the emphasis was 
on the use of a continuous centrifugal contactor separator (CCCS) device. In 
a CCCS, intense mixing of two immiscible liquids and subsequent separation 
are intensified and combined in a single device. It basically consists of a hollow 
rotor positioned in a larger vessel. The two immiscible liquid phases are intro-
duced in the annular zone between the outside of the rotor and the inside of the 
outer housing. Here, an efficient and fast mixing between the two phases occurs, 
which is advantageous for a two-phase liquid-liquid catalytic reaction. The mix-
ture is then transferred inside the centrifuge through a hole in the bottom of the 
rotor, where the two phases are separated by centrifugal forces whilst moving 
upwards, after which they leave the device through separate exits making use 
of an ingenious weir system. As such, the device is an interesting example of 
process-intensification, acting both as a mixer-settler for biphasic liquid-liquid 
systems. 

The kinetics of sunflower oil transesterification with 1-butanol using a homo-
geneous lipase (Rhizomucor miehei) in an aqueous-organic biphasic system were 
studied in a stirred batch reactor set-up and the results are described in detail in 
Chapter 2. An initial screening study was performed to optimize relevant pro-
cess conditions (enzyme concentration, stirring speed, 1-butanol to oil ratio). A 
kinetic model was developed based on concentration time profiles. Important 
reaction parameters were the oil concentration in n-hexane, the enzyme 
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concentration, the 1-butanol to oil molar ratio; the organic to aqueous solvent 
volume ratio, the temperature, the pH and the agitation rate. The experimental 
data were modelled using a Ping Pong Bi Bi mechanism with non-competitive 
inhibition by 1-butanol and a term for irreversible enzyme deactivation during 
reaction. Agreement between model and experiments was good (R2 = 0.99, av-
erage error 4.2%).

An experimental study on the use of highly process intensified equipment for 
fatty acid butyl esters is described in Chapter 3. The reactions were carried out 
using sunflower oil with 1-butanol using a homogenous Rhizomucor miehei li-
pase in a biphasic oil (triglyceride, 1-butanol, hexane)/water (with enzyme) sys-
tem in a continuous set-up consisting of a cascade of a stirred tank reactor and 
a Contactor Centrifugal Separator (CCCS) device. Initially, the effect of process 
conditions (enzyme concentration, residence times) in the stirred tank reactor 
operated in a continuous mode was established and fatty acid butyl esters in 
a (non-optimized) yield of 60% was obtained (150 gr.Laq-1 enzyme, 90 minutes 
residence time, 800 rpm stirring speed, 40°C, organic to aqueous phase ratio 
of 3:1). The experimental data obtained in the CSTR reactor were successfully 
modelled using the mass balances in combination with the known enzyme ki-
netics for sunflower oil transesterification with 1-butanol using the homoge-
neous lipase (Rhizomucor miehei) in an aqueous-organic biphasic system (Ping 
Pong Bi Bi mechanism with non-competitive inhibition by 1-butanol and a term 
for irreversible enzyme deactivation during reaction). A significant increase in 
the yield up to 93% was obtained by placing a CCCS device after the first stirred 
tank reactor with the additional advantage that both liquid phases are separated 
efficiently in the CCCS. The cascade was run for eight hours in a once through 
mode without operational problems. Volumetric production rates were close to 
those reported for biodiesel synthesis in fed batch and continuous set-ups using 
a free enzyme (Thermomyces lanuginosus lipase). Enzyme recycling was investi-
gated by reintroduction of the aqueous phase containing the enzyme in the feed 
of the cascade. FABE yield was shown to decrease over the runtime, likely due 
to enzyme loss by the formation of an interfacial layer combined with enzyme 
inhibition by 1-butanol and irreversible enzyme deactivation. The enzyme activ-
ity versus runtime was measured and successfully modelled. 

Experimental studies on the use of an immobilized lipase as a biocatalyst in-
stead of a homogeneous lipase in batch and various continuous reactor set-ups 
including the use of a centrifugal contactor separator (CCCS) are described in 
Chapter 4. An exploratory study in batch was performed to optimize enzyme 
and buffer concentrations. Close to quantitative biodiesel yields were obtained 
at 30°C when using 20% (w/w) of enzyme after a batch time of about 250 min. 
Subsequent continuous biodiesel synthesis was performed in a stirred tank 
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reactor (CSTR) and a CCCS device. In the latter case, the immobilised enzyme 
was present in the annular, outer zone of the device. Average biodiesel yields in 
the CSTR and CCCS were similar (72%-mol) when using a weight hourly space 
velocity (WHSV) of 3.3 and 3.03 h-1, respectively, at 30°C. Cascade experiments 
were performed in a CSTR followed by a CCCS with the immobilised enzyme 
present in both reactors. The cascade was run for 9 h without any operation is-
sues and an average FAME yield of 85%-mol was obtained. The advantage of the 
use of the cascade compared to a single CSTR is an improved yield combined 
with an efficient separation of the biodiesel layer and the glycerol. The biodiesel 
yield was stable for a 9 h run time, indicating that enzyme deactivation during 
the cascade was negligible. The performance of the various reactor configura-
tions was modelled successfully using mass balances in combination with a ki-
netic model derived from batch experiments. 

Plant oil production inevitably leads to the formation of seed-cakes. These 
contain high amount of proteins and carbohydrates. To date, seed-cakes 
are used as feed, fertilizer, or as substrate for biogas production. The use of 
Jatropha press-cake as substrate for fungal growth and the production of lipase 
by Aspergillus niger 65I6 isolated from Indonesia and Rhizomucor miehei CBS 
260.62 was investigated and the results are given in Chapter 5. Hydrolysis of the 
seed-cake using 2.5% sodium hydroxide for 45 minutes was found to be the best 
pre-treatment method as indicated by a high lipase activity. The alkaline hydro-
lysis step increased the amount of reducing sugars and soluble protein to 133.3% 
and 40% of the initial amount, respectively. 5.7% of the protein fraction was 
hydrolysed by the alkaline pretreatment. The alkaline hydrolysed Jatropha press-
cake was used as a growth substrate for A. niger 65I6 and R. miehei CBS 360.62.. 
Both fungi grew well and produced significant amounts of lipases. The activ-
ity of the lipase from A. niger was ten times lower (0.03 U.µg-1) compared to 
the lipase activity from R. miehei (0.31 U.µg-1). When glucose was added to the 
medium, lipase produced from A. niger and R. miehei decreased significantly, 
0.015 U.µg-1 and 0.03 U.µg-1 respectively, indicating glucose repression on lipase 
production of both fungi. 
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Samenvatting

Fossiele brandstoffen worden momenteel gebruikt voor meer dan 80% van de 
wereldwijde energieproductie. De beschikbaarheid van fossiele bronnen zal in 
de nabije toekomst een groot probleem worden en studies uit 2014 voorspellen 
dat de wereldwijde oliereserves uitgeput zijn over ongeveer 50 jaar. Daarnaast is 
de CO2 uitstoot een van de belangrijkste veroorzakers van klimaat veranderin-
gen. Daarom wordt er momenteel uitgebreid onderzoek gedaan naar het vinden 
van alternatieve energiebronnen. Biomassa is een van de alternatieven.

Plantaardige oliën krijgen momenteel veel aandacht. Het zijn namelijk prima 
voedingen voor de productie van biodiesel. De productie van biodiesel omvat 
de omestering van de plantolie met een alcohol (meestal methanol) in de aan-
wezigheid van een geschikte katalysator om methylesters te produceren, hier-
bij wordt glycerol gevormd als bijproduct. Voor dit proces worden momenteel 
sterke basen als katalysator gebruikt. Onlangs zijn biokatalysatoren in de vorm 
van lipases geïntroduceerd voor biodiesel synthese. Deze hebben een aantal 
voordelen ten opzichte van chemische katalysatoren. Voorbeelden zijn beter 
hergebruik, de mogelijkheid om plant oliën met een hoog vrije vetzuur gehalte 
te gebruiken en een minder complexe product opwerking. Het onderzoek bes-
chreven in dit proefschrift had als belangrijkste doel om biodiesel te produc-
eren met zowel vrije als geïmmobiliseerde lipasen in een sterk geïntensiveerd 
proces. Hiervoor is met name het gebruik van een continue centrifugale con-
tactor scheider (CCCS) apparaat bestudeerd. In een CCCS wordt het mengen 
en scheiden van twee niet mengbare vloeistoffen geïntensiveerd en gecombi-
neerd in één apparaat. Een CCCS bestaat uit een holle rotor gepositioneerd in 
een groter vat. De twee niet mengbare vloeistoffasen worden geïntroduceerd 
in de annulaire zone tussen de rotor en de buitenbehuizing. Hier vindt een 
efficiënte menging tussen de twee fasen plaats, wat voordelig is voor (reacti-
eve) vloeistof-vloeistof systemen. Het mengsel wordt vervolgens via een gaatje 
in de bodem binnen in de holle rotor gebracht, waar de twee vloeistof fasen 
gescheiden worden door centrifugale krachten. Het apparaat is een interessant 
voorbeeld van proces intensificatie, aangezien het zowel als menger en scheider 
voor tweefase vloeistof-vloeistof systemen fungeert. 

De kinetiek van de omestering van zonnebloem olie met 1-butanol gekataly-
seerd door een homogene lipase (Rhizomucor miehei) in een water-organisch 
tweefasen system is bestudeerd in een geroerde batch reactoropstelling en de 
resultaten hiervan worden in detail beschreven in Hoofdstuk 2. In de eerste fase 
is een initiële screening uitgevoerd om het effect van relevante procescondities 
in kaart te brengen (enzymconcentratie, roersnelheid, verhouding van 1-buta-
nol en olie). Na aanvullende experimenten is een kinetisch model ontwikkeld 
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op basis van de concentratie versus tijd profielen. De experimentele data zijn 
gemodelleerd door middel van een Ping Pong Bi Bi mechanisme met niet-com-
petitieve inhibitie van 1-butanol inclusief een term voor irreversibele enzym 
deactivering tijdens de reactie. De overeenkomst tussen het model en de experi-
mentele data was goed (R2 = 0.99, gemiddelde fout van 4.2%)

In Hoofdstuk 3 wordt een experimentele studie beschreven naar de synthese 
van vetzure butylesters met behulp van een lipase in continue reactoren waar-
onder de CCCS. Hiertoe is reactie van zonnebloemolie en 1-butanol met een 
homogene Rhizomucor Miehei lipase gebruikt als modelreactie. De reacties zijn 
uitgevoerd in een tweefasen systeem bestaande uit een olie fase (triglyceride, 
1-butanol, hexaan) en een water fase. In de eerste fase van het onderzoek is de 
invloed van procescondities (enzym concentratie, verblijftijden) in een continue 
geroerde tank reactor bepaalt en werd 60% (niet-geoptimaliseerde) opbrengst 
van vetzure butylester verkregen (150 gr.Laq-1 enzym, 90 minuten verblijftijd, 
800 rpm roersnelheid, 40°C, volume verhouding organisch tot water fase van 
3:1). De experimentele data verkregen in de CSTR reactor zijn gemodelleerd met 
massabalansen voor het systeem in combinatie met de bekende enzymkinetiek 
voor de reactie (Hoofdstuk 2). Een significatie stijging van de product opbrengst 
tot wel 93% is verkregen door een CCCS apparaat te plaatsen na de geroerde 
tank reactor. Dit heeft als bijkomend voordeel dat de beide vloeistoffasen na re-
actie efficiënt geschieden worden en een aparte scheider niet meer nodig is. De 
cascade werd acht uur lang getest zonder operationele problemen. De volume-
trische productie snelheden zijn in dezelfde orde van grootte als gerapporteerd 
voor biodiesel synthese in batch en continue opstellingen met een vrije enzym 
(Thermomyces lanuginosus lipase). Enzym hergebruik werd onderzocht door de 
enzym bevattende water fase opnieuw te recyclen. De FABE opbrengst daalde 
bij langere runtijden, waarschijnlijk als gevolg van verlies van enzym door de 
vorming van een grenslaag, gecombineerd met enzym inhibitie door 1-butanol 
en irreversibele enzym deactivering. De enzym activiteit ten opzichte van de 
runtijd is bepaald en met succes gemodelleerd. 

Het gebruik van een geïmmobiliseerde lipase als biokatalysator in plaats van 
een homogene lipase voor biodiesel synthese in zowel batch als verschillende 
continue reactoropstellingen inclusief het gebruik van een centrifugale contac-
tor scheider (CCCS) wordt beschreven in Hoofdstuk 4. In fase 1 is een verken-
nende studie uitgevoerd in batch om de optimale enzym en buffer concentraties 
te bepalen. Vrijwel kwantitatieve biodiesel opbrengsten werden verkregen bij 
30°C met gebruik van 20% (w/w) enzym en een batch tijd van ongeveer 250 min. 
Vervolgens is de reactie uitgevoerd in een geroerde tank reactor (CSTR) en een 
CCCS. In het laatste geval was het geïmmobiliseerde enzym aanwezig in de an-
nulaire zone van het apparaat. De gemiddelde biodiesel opbrengsten in de CSTR 
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en CCCS waren vergelijkbaar (72%-mol) bij WHSV waarden van 3.3 (CSTR) 
en 3.03 per uur (CCCS, 30°C). Daarna zijn cascade experimenten uitgevoerd in 
een CSTR gevolgd door een CCCS met het geïmmobiliseerde enzym aanwezig 
in beide reactoren. De cascade werd 9 uur lang geopereerd zonder problemen 
en gaf een gemiddelde FAME opbrengst van 85%-mol. Het voordeel van het 
gebruik van de cascade ten opzichte van een CSTR is een verbeterde opbrengst 
gecombineerd met een efficiënte scheiding van de biodiesel en glycerol fase na 
reactie. De biodiesel opbrengst was vrijwel constant gedurende 9 uur, waaruit 
blijkt dat enzym deactivering in de cascade verwaarloosbaar was. De prestaties 
van de verschillende reactorconfiguraties zijn met succes gemodelleerd met 
massabalansen in combinatie met een kinetisch model bepaald uit de batch 
experimenten.

Plantolie productie uit zaden leidt onvermijdelijk tot de vorming van een 
perskoek. Deze bevatten grote hoeveelheden eiwitten en koolhydraten. Perskoek 
wordt gebruikt als veevoer, meststof of als substraat voor de productie van bio-
gas. Het gebruik van Jatropha perskoek als substraat voor schimmelgroei en 
de productie van lipases door Aspergillus niger 65I6 geïsoleerd uit Indonesië 
en Rhizomucor miehei CBS 260.62 is onderzocht en de resultaten worden ge-
geven in Hoofdstuk 5. Hydrolyse van de perskoek met 2.5% natriumhydroxide 
gedurende 45 minuten bleek de beste voorbehandelingsmethode te zijn en leidt 
tot de hoogste lipase activiteit. De alkalische hydrolyse stap vergroot de hoeveel-
heid reducerende suikers en oplosbare eiwitten tot 133.3% en 40% van de initiële 
hoeveelheid, respectievelijk. 5.7% van de eiwitfractie wordt gehydrolyseerd door 
de alkalische voorbehandeling. De alkalisch gehydrolyseerde Jatropha perskoek 
is gebruikt als kweeksubstraat voor A. niger 65I6 en R. miehei CBS 360.62. Beide 
schimmels groeiden goed en produceerden significante hoeveelheden lipasen. 
De activiteit van de lipase van A. niger was tien maal lager (0.03 U.µg-1) dan de 
lipase activiteit van R. miehei (0.31 U.µg-1). Wanneer glucose werd toegevoegd 
aan het medium nam de lipase productie van A. niger en R. miehei significant af, 
0.015 U.µg-1 en 0.03 U.µg-1 respectievelijk, wat duidt op glucose repressie op de 
lipase productie van beide schimmels.
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